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Preface

The Countries of the Gulf Cooperation Council (GCC) are situated within
an arid to semi-arid zones and are in general devoid of reliable surface
water. Water requirements in these countries are met by groundwater (91%),
desalinated water (7.5%), and treated wastewater (1.8%). In the past four
decades, the GCC countries have experienced high population growth rates,
along with expanded urbanization, increased economic activities, expansion
of irrigated farming, and improvement of standards of living. The fast pace
of development has resulted in a substantial increase in freshwater demands,
which are met mainly by non-renewable groundwater abstraction. This
heavy dependence on groundwater resources, particularly for agricultural
development, has lead to their over-drafting beyond their natural renewal
capacity, causing their depletion-and quality deterioration, which has reduced
their readiness as a source for direct use.

Despite the efforts made by the GCC countries in the provision of alternative
water supplies, represented by the expensive desalinated water for the
municipal and industrial sectors and the treated wastewater for the
agricultural sector, there is a clear imbalance between water available
resources and demands. A problem expected to continue in the future, as
water is becoming the major constraint on agricultural, urban, and industrial
sustainable development. These pressing conditions call for proper planning
and management of the GCC countries’ limited groundwater resources, a
great challenge that faces their water authorities. Thus the theme of the
present conference “Water in the Gulf, Challenges of the 21* Century”
was chosen to emphasize this critical situation into the next century.

As at the previous WSTA conferences (Dubai, 1992; Bahrain, 1994; and
Oman, 1997), the overall goals of the conference are to encourage scientific
studies and research in the different fields of water resources, to create a
forum of open discussion, and to exchange experiences among the Arabian
Gulf States that the WSTA engendered throughout the three previous
conferences.

The objectives of the convening conference are: 1) Identify priority issues
and challenges facing the GCC countries to achieve sustainable water
resources development in the 21st century; 2) Assess the current status of
natural and alternative water resources in relation to present and future
water demands in the GCC countries; 3) Review methods for conservation
and efficient utilization of water in the various consuming sectors; 4) Review



measures for water resources protection and maintaining water quality for
various water uses; 5) Review local experiences for management, operation
and maintenance of water projects in the GCC countries; 6) Review latest
technologies and research in the assessment, development and management
of water resources;

The Fourth Gulf Water Conference is organized by the Water Science and
Technology Association (WSTA) in cooperation with the Ministry of Water
and Electricity of the State of Bahrain, the Secretariat General of the
Cooperation Council (GCC) for the Arab States of the Gulf, the Arabian
Gulf University, and the Bahrain Center for Studies and Research. The
Conference is co-organized and sponsored by the Arab Organization for
Agricultural Development (AOAD), the International Atomic Energy
Agency (IAEA), the International Hydrology Program (IHP), the UN
Development Program (UNDP), the UN Economic & Social Commission
for Western Asia (UNESCWA), the UN Environmental Program (UNEP/
ROWA), the UNESCO Cairo office, the World Health Organization (WHO/
EMRO), the European Desalination Society (EDS), and the International
Desalination Association (IDA).

This conference proceedings contains 85 papers assembled into three
volumes, one volume in Arabic (18 papers) and the other two in English
(67 papers). The conference papers were selected by the Conference
Scientific Committee from over 105 abstracts received from the call of
papers. Many of these were modified to meet the standards of the Scientific
Committee review. Eight papers are invited from the supporting
organizations and renowned regional experts to give scientific presentations
in respective technical sessions, and were supported by the WSTA,
UNESCO (Cairo Office), and UNEP/ROWA. Conference sessions will be
held on eight topics: Water Resources Planning and Management,
Groundwater Resources, Desalinated Water, Wastewater Treatment,
Surface Water, Agriculture Water & wastewater Reuse in Agriculture,
Municipal Water Supply, and Drinking Water.

The scientific committee wishes to express its deep appreciation to the
Governments of the GCC Countries and the GCC Secretariat General, and
the sponsoring regional centers and organizations who kindly supported
and endorsed this conference by providing keynote speakers.

Organization of these conferences requires considerable time and effort.
As in the previous WSTA conferences, individuals from various sectors



(industry, government and academia) have come forth and given generously
their time. Special thanks are due to the members of the Organizing
Committee, Scientific Committee, Information Committee, and Scientific
Papers Coordinators and Reviewers.

Finally, we wish to acknowledge the immeasurable contributions made by
the authors and their research associates who were not only willing to
rework and modify their abstracts and manuscripts, but also had to meet an
extremely tight time schedule. Without their efforts this document would
not have been possible.

The Scientific Committee sincerely hopes that this conference will achieve
its objectives and is both enjoyable and rewarding for you.

Dr. Waleed K Al-Zubari

Chairman, Conference Scientific Committee
Director, Desert and Arid Zones Sciences Program
School of Graduate Studies

Arabian Gulf University, Bahrain
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NEW POWER AND WATER CO-GENERATION CONCEPT
WITH APPLICATION OF REVERSE OSMOSIS (RO)
DESALINATION

T. Altmann
Salzgitter Anlagenbau GmbH (Preussag)

ABSTRACT

This article is the result of work carried out by Salzgitter Anlagenbau GmbH
with the ultimate objective of defining the most suitable technique from an
energy point of view for reliably producing desalinated water of the required
specification with the lowest possible prime energy consumption. It describes
how Salzgitter Anlagenbau GmbH has approached and achieved this
objective. Furthermore, a new concept for a power/RO co-generation design
is introduced. The merits of various desalting technologies will not be
covered.

INTRODUCTION

Most large desalination plants are installed in dual-purpose power and water
stations in order to make the best use of energy from fuel. Moreover, sea
water intakes can be constructed to serve both facilities. In the past RO
has been used mainly for single-purpose plants, while multi-stage-flash
distillation (MSF) has traditionally been the technology most widely used
for large dual-purpose plants, although multi-effect distillation (MED) has
increased its market share. All of these distillation systems essentially work
the same way, i.e. they use steam from a boiler to vaporize and then condense
sea water. However, the evaporation and condensation phase changes
required by the distillation processes consume more energy than the liquid
separation at ambient temperature occurring in the reverse osmosis process.
Energy remains a major factor in the operation of sea water desalting
facilities and can be considered as the main single cost item of the total
operating expenses excluding amortisation. Due to the increase in energy
costs during the last years the reverse osmosis process is now emerging as
the most energy- and cost-efficient desalting system as its specific prime
energy consumption is significantly lower. Even greater energy efficiency
is realised when RO system designs use energy recovery devices on the
high pressure brine reject streams. However, there is still a potential for further
considerable increases of specific water production in dual purpose plants.
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SALZGITTER POWER/RO CO-GENERATION CONCEPT

Since the energy consumed in a power/RO co-generation plant for desalting
sea water is process heat and electricity, there is an opportunity to make
simultaneous use of the electricity and heat produced in all electricity
generation facilities.

For this purpose RO provides a unique advantage to integrated power and
water cogeneration plants since RO is the only commercial desalination
process available on an industrial scale which can make use of both
electricity and process heat as the main drive power for desalting sea water.
This is achieved by driving the RO feed pumps either by electric motors or
by condensing steam turbines. Presently, the most efficient way to cover
the steam demand for desalination is through steam produced by a heat
recovery steam generator at the exhaust of a combustion turbine power
generation cycle.

The generated electrical power is used to operate electrically driven RO
units (ROE), part of it being available for export to the grid. The exhaust
heat from the combustion turbine is used to provide steam to steam-turbine
driven RO units (ROS), and part of the steam could be used to generate
additional electrical power in a steam-turbine generator, if required. Since
the ratio of ROE and ROS units may vary according to the assignment of
electricity and steam, this arrangement provides maximum flexibility to meet
power and water demand.

When water demand is at a maximum, both ROE and ROS units operate at
maximum. When the water demand decreases, the output from the ROE
units is reduced and more power is exported to the electric grid. The ROS
units continue to operate at their rated capacity. The maximum utilization
of fuel energy can be achieved when the plant is designed for a 3:1 ratio of
electrically and steam-turbine driven'RO units. This plant configuration
enables a total plant energy efficiency of more than 85%, resulting in overall
water production per unit of prime energy being much higher than with
integrated power/MSF plants.

However, contrary to existing power/MSF cogeneration plants where 8-10
megawatt of electrical power needs to be exported for each one million
gallon of desalted water produced, there is no need for power export if the
new RO process is applied since all the generated power and process heat
can be used in the co-generation plant for the desalination process.
Furthermore, in case of a shut-down of a power generation unit electricity
from the grid can be used to secure continued water production.
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PROCESS OUTLINE (POWER/STEAM CYCLE)

Fuel is supplied to the co-generation plant and conditioned to the
requirements of the selected combustion turbine. Power is generated by
the generator which is driven by a gas turbine (1). The burned fuel gas
from the turbine enters the heat recovery and steam generator (HRSG)
(2), where condensate is turned into superheated steam and the fume gas
leaves the HRSG (2) through a stack. Fluctuations in steam demand are
compensated through supplementary firing.

Superheated steam is supplied to the life steam turbine (4). The exergy of
the steam is converted into mechanical energy which is used to drive the
RO feed pump (5) and consequently to elevate the pressure of the pre-
treated sea water to the appropriate RO membrane (7) operating pressure.
An impulse turbine (6) is mounted in line with the RO feed pump (5) in
order to recover a considerable amount of the pumping energy. The steam
exits the life steam turbine (4) at vacuum conditions and is condensed in
the vacuum condenser (8) using pre-treated sea water. The condensate
from condenser (8) is transferred to the deaerator. In the deaerator non-
condensibles are stripped out to the atmosphere and the condensate is
pumped to the heat recovery steam generator (2) by the boiler feed water

pump (9).

Alternatively to a vacuum-condenser the exhaust steam out of the life steam
turbine (3) can be used as energy source for operating a MED plant. This
combination is called a “hybrid plant”, with the MED units providing a
supplementary source of lower TDS water for mixing with higher TDS

~water from the RO plant to yield a potable water product with a TDS of
less than 450 ppm. Part of the MED distillate can also be used as boiler
feed water supply. This concept can result in a lower cost RO system
because its design can be less stringent regarding the TDS content of the
RO product water.

It is obvious that there is some potential for the application of the “hybrid”
system in the Gulf region where extensive preheating of already warm sea
water is not desired and the high salinity of the sea water requires a high
membrane area to yield potabale water at high water temperatures.

No separate sea water intake and outfall system is needed for the MED
plant since the cooling water for the MED is used as feed-water for the
RO plant and the pre-heated brine from the RO plant is used as feed water
for the MED plant.
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ADVANTAGES OF THE POWER/RO CO-GENERATION
CONCEPT

Benefits in comparison to existing power/MSF plants:

. The RO process has the lowest sensitivity to energy cost since RO
has the lowest prime energy consumption and the lowest portion of
energy on total water costs. These savings become substantial as
fuel costs increase.

. Since some of the major consumers of electrical power in the RO
plant, i.e. the RO feed pump drives, have been replaced by steam-
turbines, the specific electrical power consumption is less than the
specific power consumption of MSF/MED plants because less feed
water and brine needs to be pumped to and from the RO plant due to
the much higher conversion ratio.

. The capitial cost of steam-driven RO units remains lower than
comparable MSF/MED units due to considerable savings in the RO plant.

. The feed-to-product ratio of the RO plant is less than 2.5 : 1 whereas
in distillation plants the ratio varies between 7-12 : 1 since a major
part of the feed water is used as cooling water. Consequently, the
required sea water intake and brine outfall structure for an RO plant
is much smaller than for MSF/MED plants.

. The performance ratio') of a steam-driven RO unit is approx. 50
(MSF/MED: 7-12). Such RO units produce 2-3 times as much water
as MSF/MED plants using the same amount of steam energy.

. The power/RO plant allows a better match of power and water demand,
eliminating the traditional MSF ratio of 8-10 MWe of export power for
1 MGD of product water since all the generated power and process
heat can be used in the RO plant for the desalination process.

. Power from the grid can be imported to secure continuation of part of
the water production in case of shutting down a power generation unit.

. The power/RO co-generation plant offers additional flexibility of
operation by its increased ability to “follow” daily and seasonal power
and water demands and higher efficiency operation can be obtained
throughout the year.

Y Performance ratio = kg product water / kg life-steam
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The off-line time interval is shorter for RO than for distillation plants
and load changes can also be made quicker by simply taking sections
out of service without interrupting continous plant production. Start-
ups and shut-downs of RO units can be accomplished in less than 30
minutes. The changes in steam flow required for the turbines can
easily be controlled by means of supplementary firing.

The construction of the power plant is less influenced by the design
of the RO plant since the steam is taken from the heat recovery
boiler and not extracted from the steam turbine in the power cycle.
Electrically driven RO units are only connected by means of power
transmission.

Part of the water can be produced by steam-driven RO units at a
joint location with the power plant and part of the water can be
produced at an independent location close to the point-of-use to
minimize water pipeline needs. Electrical power transmission provides
an inexpensive and flexible means to connect the power generation
and water desalination technologies.

Preheated cooling water from the power plant can be used as feed
water for the RO plant causing enhanced membrane performance.

Product water post-treatment is simpler and less costly for the RO
process sinice the RO product water is typically provided at ambient
temperature, hence the product water does not need to be cooled.
Furthermore, the RO product water usually contains a salt level which
meets the WHO requirements for drinking water. Additional
resalination, e.g. blending, of product water, a common practice with
MED/MSF product water, is therefore not required to the same extent.
Non-renewable ground-water resources are preserved.
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Improvement of the standard RO process design:

RO feed water is used to condense the exhaust steam out of the
turbines from the RO units by increasing the feed water temperature
which depends on the ratio of ROE and ROS units in use. Preheating
the feed water results in enhanced RO membrane performance. The
productivity (flux) increases about 2-3 % for every degree Centigrade
of temperature rise. The upper limit is set by the membrane tolerance
at about 40-45°C. Increasing the productivity of the membranes will
result in a reduction of membrane area needed to desalinate a given
flow rate of feed water. This in turn will reduce the size, cost and
pumping requirements of the overall RO facility.

As an innovative energy-saving feature, speed-controlled steam
turbines allow matching the pump discharge pressure to the required
membrane pressure to avoid throttle losses in the feed control valve
during operation at high temperatures where the feed pressure has
to be reduced.

In RO plants where steam-driven RO units are installed the RO feed
pump can also be used for the membrane cleaning and flushing
procedure. By operating the RO feed pumps at lower speed, the
required flow and pressure can be adjusted to the specified cleaning
and flushing requirements.

APPLICATION OF THE NEW POWER/RO CO-GENERATION
TECHNOLOGY

Design of large integrated power and water co-generation plants

Conversion of existing fueled power stations to power/RO
cogeneration plants

Utilization of excess steam in existing dual purpose power/MSF plants
to enhance water production

Replacement of aged MSF plants in existing dual purpose plants

Design of power and water co-generation plants for smaller
consumers where large power plants are not economically justified
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CONCLUSION

During the last years many reverse osmosis sea water desalination plants
have been built worldwide. Plant sizes and cost effectiveness have increased
each year and the technology has advanced rapidly. RO membranes are
available now which can produce drinking water of satisfactory quality in a
single stage, even from high salinity Gulf sea water. Developments in
pretreatment and the use of energy recovery turbines have improved
reliability and energy efficiency. Large capacity plants have proven reliable
and continue to be installed. The RO technology has reached the point
where the life-cylce cost are competitive with traditional MSF plants for
single and dual purpose plants of any size.

The introduction of this new power/RO co-generation concept has positioned
the RO process as the optimum technology for power and water co-
generation plant installations since the RO process is the only desalination
process which can make use of both electricity and process heat as the
main drive power for the desalination of sea water. Consequently, using
RO, large quantities of desalted water can be provided to regions where no
further electrical power is needed.

For some applications RO/MED hybrid systems may offer further benefits
if their respective technological strenghts are properly utilized in the hybrid
plant.

A subtle but valuable advantage of the RO process is that the power-to-
water-ratio is not fixed and therefore the power plant and the desalination
plant can be sized and optimized independently by the end-user for the
right balance of water need and electricity demand to achieve the maximum
economical benefit.

An economic analysis done by Salzgitter Anlagenbau GmbH has shown
that the product water cost from the power/RO cogeneration plant can be
reduced by 15-20% as compared to power/MSF plants due to much better
utilization of the specific fuel energy.
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DEFINITIONS

Co-generation - “Co-generation” is an energy production process involving
the simultaneous generation of thermal (e.g., process steam) and electrical
energy by using a single primary heat source. It can be employed whenever
there is a need for the two energy forms and whenever on-site electric
power generation is justified or when thermal energy users are in close
proximity to an electrical power generation facility.

Hybrid - The term “hybrid” refers to a combined distillation and RO plant,
such combination being the “water portion” of a dual purpose power and
water plant.

Reverse Osmosis (RO) - A pressure greater than the osmotic pressure
of the feed water is applied to one side of a semi-permeable membrane,
producing a flow of desalinated water through the membrane.

Multi-Stage Flash Distillation (MSF) - A thermal desalination process

in which a brine stream flows through the bottom of several chambers
(stages). The pressure in each chamber is maintained at a lower level than
the saturation vapour pressure of the water and a portion of it “flashes”
into steam and is then condensed.

Multi-Effect Distillation (MED) - A thermal desalination process in which
evaporation takes place as a thin film of feed water passes over a heat
transfer surface (outside of horizontal tubes - HTE or inside of vertical
tubes - VTE). Vapour formed in the last effect is recompressed thermally
(TVC) or mechanically (MVC).
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ABSTRACT

Since the early days of commissioning of phase No. II co-generation (Gas
Turbine — Boilers — MSF Distillers) plant at Sitra Power and Water Station
in 1984, the plant has experienced a series of recurrent failures seriously
affecting the plant reliability. These failures and consequent shutdown at
times, affected the plant availability especially during the peak load
demands.

Recurrent problems occurred mainly in the areas of primary gas streams
of gas reducing station; burner management system & control system of
auxiliary boiler; economiser inlet header of heat recovery boiler and sea
water pipes and structures of distiller.

KEYWORDS: Co-generation plant, Gas Turbine, Auxiliary & Stand
alone boilers, Multi Stage Flash (MSF) Distiller,
Problem identification, Failure analysis, Plant
Reliability and availability.
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INTRODUCTION

Unit-5 consisting of a 25 MW Gas Turbine with a Waste Heat Recovery
Boiler, an Auxiliary Boiler and a 5 MGPD capacity MSF unit was
commissioned in 1984,

Unit-5 is a self-contained plant with its separate gas supply system, sea
water intake, outfall culvert and other auxiliary systems.

It initially experienced several trips and failures due to design deficiencies
and component defects. Plant layout diagram shown in Figure No.1.

During years of experience in operation and maintenance of this plant, the
system deficiencies were identified and effective maintenance techniques
were applied. As a result of these efforts, improvement has been achieved
not only in increased plant reliability but also in process control and plant
operation.

Reliability improvement program requires management support and an
appropriate organizational structure. The key strategies for improving
reliability and overcoming system deficiencies are the systematic and
careful analysis of whatever failure occur and failure avoidance via
predictive modeling or system life cycle management or both.

This paper discusses failure analysis strategy and the maintenance
solutions that were adopted at the plant to prevent recurrence of failures.

PHASE II BLOCK DIAGRAM

FEED WATER
——

1.4 Bar
130°C

STEAM PRESSURE
REDUCING STATION

L. P. STEAM

P SO
FEED WATER

Fig. No. 1: Plant Layout Diagram
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FAILURE ANALYSIS STRATEGY

To be effective, analysis must be based on a strategy that includes definite
procedures, objectives and tools. Ideally, the analyses should be conducted
by on interdisciplinary team whose members possess experience directly
related to various aspects of the system being studied. The team studies
the failures so that it can formulate courses of action to prevent recurrences.
To do this, it must not only understand how the system was intended to
function but also establish what combination of factors caused it go wrong.

No two failures are exactly alike. This is mostly because virtually all
failures, particularly major ones, have multiple causes. Several conditions
or events converge to precipitate the incident, sometimes suddenly. The
table No.1 below suggests the range of causes commonly associated with
major failures.

Table No.l causes of major failures

Category Cause

- Defective communications.

- Role confusion

- Improper attitude.

Human Factor - Perceptual flaws.

- Misplaced priorities.

- Ignorance and uncertainty.

- Conceptual misunderstanding.

- Unforeseen conditions.

- Unexpected deterioration or response.
Environment - Inadequate control or service conditions.
- Use demands exceed system limitations.
- Environmental in-compatibility.

- Malfunction

- Improper repair.

Things (Equipment) - Design deficiency.

- Inadequate maintenance.

- Technical fault or defect.

- Wrong or substandard material.
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Steps of Failure Investigation

The steps to follow are not always carried out exactly in the sequence
shown below, because there are many unavoidable interactive loops in the
procedure.

¢ Broadly characterize the problem.

*  Document the observations.

» Identify, collect and preserve evidence.

* Examine evidence.

* Reconstruct what may have happened.

* Determine why it happened.

¢ Formulate conclusion and recommendations.

* Report the results.

PHASE NO. II PLANT-PROBLEMS AND SOLUTIONS
GAS REDUCING STATION

The gas reducing station (figure 2) consisting of two full 100% capacity
reduction streams, provides the required flow of clean dry gas at suitable
pressure and temperature conditions to ensure safe, efficient and reliable
operation of the gas turbine generator unit and Auxiliary Boiler. The system
designed by Metano Impianti, Italy, and uses pressure regulators
manufactured by Pietro Fiorentini. The system is designed for an inlet gas
pressure of 70-35 bar (g) and temperature of 0°C - 50°C. Pressure reduction
1s done in two stages. The primary pressure reduction regulator reduces
the gas pressure from 70 to 14 bar (g) supply to the gas turbine through
fine filters, and one tee off line is taken to secondary streams for further
reduction from 14 bar (g) to 4 bar(g) for supply to the Auxiliary Boiler by
means of secondary regulator.

Each of primary and secondary streams is of 100% capacity.

The first reduction streams operate in service-standby mode. In the original
scheme, the streams were designed to change over by means of pressure
switch actuated block valves at both high and low pre-set pressures.

The streams also incorporate monitor regulators, which provide the back-
up control in the event of failure of the working regulator. Two full flow
safety relief valves are also provided at the 14 bar header for protection of
the connected plant and equipment. :
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Fig. No. 2: Gas Reducing Station Schematic

NATURE OF FAILURE

The natural gas system had many failures since the commissioning in 1984.
In most cases a regulator breakdown of the operating primary stream lead
to chain of events causing complete shutoff of gas supply to both Gas
Turbine and Auxiliary Boiler.

Factors leading to these situations were identified and the deficiencies were
categories as under: -

1. Design defect (system / equipment).

2. Component failure.

3. Maintainability.

4. Human factor.

The gas system was divided into the following sub-systems for easy
identification and analysis of various failures.

1. Primary streams.

11. Common vent system.

II. Design deficiencies.

Mode of failure depended on the operating conditions of the plant. Our
study therefore took into consideration the following operating conditions
for which the plant was designed to operate.

e Both Gas Turbine & Auxiliary Boiler in operation.

e Only Gas Turbine in operation.

e Only Auxiliary Boiler in operation.
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I. PRIMARY STREAM FAILURES
Reliability of Regulators

Problem: Failures of internal parts such as valve seat stem, distributor
and guide ring due to design deficiencies and poor quality of
materials. Refer to Photo nos 1 & 2

Solution: Regulators were replaced with ones having stems of larger
diameter. Half-yearly inspection and replacement of valve seat
and guide ring and repair of the distributor.

Photo No. 1: Regulator Photo No. 2: Damaged Regzilator
Broken Stem Distributor

RESPONSE TO LOAD CHANGES ¢

Problem: Regulator does not respond quickly to large drops in load
e.g. trip of Auxiliary Boiler or Gas Turbine causing pressure
surge in the downstream header. This leads to automatic
change over of stream in the event of pressure shooting
over 16.5 bar.

Solution: Accelerators have been provided for fast takeover by the
monitor and to prevent gas pressure reach high alarm level.

The pilot operated relief valve setting has been reduced to
15.7 bar from original 17 bar to limit the pressure surge.

Problem: Multiple failures of working stream controls cause an
increase of header pressure to the trip value (19.0 bar g)
which causes the trip of gas station and loss of gas supply
to gas turbine and auxiliary boiler.
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Solution: Readjustment of one of the relief valves pressure to 18-bar
(g) to limit the header pressure below the trip value.

OPERATION PROCEDURES

Lack of detailed written procedures of the “as built” plant from the
manufacturer relating to gas stream isolation, trial change-over and on-
line testing of regulators has from time to time lead to plant operational
mistakes.

Simplified procedures were written for testing & routine changeover of
streams to check the integrity of regulators.

SYSTEM DESIGN DEFICIENCIES

Problem: Low capacity of the 14.0 bar header does not sustain the
required gas pressure during a low pressure changeover
operation of the streams, resulting in gas turbine trip on
low gas pressure.

Solution: Change of operation mode to allow both downstream block
valves to remain open for parallel operation of the two
regulators in service / stand-by mode. Control pressure
settings of working and monitor of the regulators were
therefore modified to enable standby regulator to take over
quickly in case of the service regulator failed close.

Problem: Oversized regulator operates at 10% opening for the full
plant load requirement causing frequent failures of rubber
seat due to excess stress.

Solution: Half-yearly inspection and replacement of the valve seat
as required.

II. COMMON VENT LINE ARRANGMENT.

Problem: During the relief valve operation or manual venting. (for
regulator testing and adjustment) of 14 bar header, a back
pressure is built up in the common vent header. This gas
under pressure enters the block valve actuator via solenoid
valve exhaust port and causes the block valve of the healthy
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stream to close. It also disables the function of the relief
valves of the secondary stream. See Photo No. 3.

Photo No. 3:
Gas Reducing Station
Common Vent Line
Arragement

Solution:
All primary streams regulators, secondary streams regulators, associated
solenoid valves & control components vent lines have been separated by

individual lines from the common vent header.

It has been proposed to have separate vent line for relief valves of high
pressure and low pressure systems to prevent back pressure interference.

III. OTHER DESIGN DIFFICIENCIES

Problem: Secondary stream hunting due to 14.0 bar line pressure
fluctuation. C
Solution: Pilot regulator, which receives control gas from 14.0 bar

line, is provided with a pre-regulator.
Problem: Bad quality push button switches causing unreliability.

Solution: All the local bush buttons switches have been replaced by
quality ALLEN BRADLEY push button switches.

Problem: Due to compact design of the stream pipe-work, primary

stream regulators monitoring section is not accessible for
removal and inspection in situ.
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Solution: Presently the defective regulator is removed with the help
of a crane for repair & maintenance in the workshop. A
support structure is required to be installed to use chain
pulley block for regulator removal and fixing.

Problem: Damage of primary stream reduction regulator seats as a
result of operation of the safety valves.

Solution: A 2- inch bypass line for the primary stream may be
considered to facilitate testing of safety valves at the time
of commissioning.

AUXILIARY BOILER

The Auxiliary Boiler provides steam required by the desalination plant in
addition to steam supplied by the Heat Recovery Boiler or the total steam
demand during gas turbine and / or heat recovery shutdown. This Boiler
works generally in parallel with the Heat Recovery Boiler.

The Auxiliary Boiler consists of, Steam and water drums, Furnace,
Superheater, Economizer, Desuperheater, Forced draft fan, Firing
Equipment, Burners management system (BMS).

The Auxiliary Boiler is equipped with three dual fuel burners, designed
for operation with natural gas or combination of gas and diesel. The
combustion is maintained in safe condition and supervised by the “Burners
Management System” (B.M.S)

In case of unsafe conditions B.M.S. ensures the prompt intervention of the
safety devices to terminate dangerous operation.

FAILURES & DEFICIENCIES

e Tripping of the boiler as a result of disturbance caused by distiller
trip.

e Tripping of the boilér when one of the three operating burners shuts
off. ‘

¢ Inadequate diagnostic system for trips & interlocks.
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PROBLEMS AND SOLUTIONS
DRUM LEVEL SHRINK

When the distiller trips, there is a rapid increase in steam header pressure
due to inadequate design of venting facility. The resulting increase of the
drum pressure causes the drum level to shrink tripping the boiler on very
low water level.

SOLUTION

A system modification is being considered to install a pilot operated relief
valve on the steam header in addition to the existing vent control valve. It
may be also required to provide interlock to switch the Auxiliary Boiler to
minimum firing when the distiller trips.

TRIP ON HIGH GAS PRESSURE

When one of the three operating burners trips on any fault, burner gas
pressure rises at the burner inlet causing the boiler to trip on very high
pressure (700mbar).

Solution:

On manufacturer recommendation, the very high gas pressure trip switch
setting has been increased to (1200mbar), and the pressure limiter system
combustion control has been set to (500 mbar) instead of the original 650
mbar.

DIAGNOSTIC SYSTEM

In the event of the boiler trip, failure analysis can not be quickly and
accurately done with existing chart recorders and conventional alarm

system.

Solution: A data acquisition & logging system is being installed to
records sequence of events leading to burner / boiler trips.
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HEAT RECOVERY BOILER

The boiler is a waste heat recovery boiler manufactured by Macchi Milan,
Italy, which uses exhaust gases of the gas turbine at the temperature 535°C.

The boiler is designed to work under forced circulation-at feed inlet
temperature 150°C @ 22 bar (g) to produce 80 Ton/hr. high pressure steam
at 215°C @ 14 bar (g).

The heating surfaces of this boiler are located inside the duct. The exhaust
gases enters the boiler from bottom passing across the superheater,
evaporator and economizer and leaves through the stack.

The boiler consists of the following major elements.
e Boiler drum. '

¢ Single stage finned tubes economizer.

e Double stage finned tubes evaporator.

e Superheater.

o Inlet & Outlet headers.

The inlet and outlet headers housed in individual steel boxes are designed
in such a way that they remain outside the hot gas path and separated from
the hot path by thermal refractory. The headers are insulated with Rockwell
insulation covered by steel plate.

NATURE OF FAILURE

The economizer tubes are connected to the feed inlet header through “S”
shaped welded bends (total number of 18 tubes) Refer Photo Nos. 3 & 4.
Recurrent failures were experienced in the following areas: -

e Cracks at the “S” shaped bend welded joints to the header.
e Cracks at the “S” shaped bend welded joints to the tubes.

e Cracks at the header body itself at various locations.
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Photo No.4: Heat Recovery Boiler Eco. Feed inlet header

Photo No. 5: Heat Recovery Boiler Eco. Feed inlet header Cracks

FAILURE ANALYSIS

® The header support plate was found deformed leaving a gap of 4mm at
the middle support guide causing uneven expansion of the header as
well as the connected tubes, which lead to subsequent cracks.

® The 2mm clearance at the bottom as well as side gaps of the header
expansion guide support, were found packed with hard scales of sulphur
deposit preventing free expansion of the header and creating cracks at
various areas of the header itself.

e Flue gas sulphur deposits and scales formation around the tubes fins
specially at the area of the coil support beams near the U bends,
prevented the free expansion of the coil, which lead to crack at the
weaker portion of the “S” bend weld joints.

512



e Due to failure of the refractory at the welded joints of the tube “S”
bends the sulphur deposit from the escaping flue gas caused pitting
corrosion at the weld joints which ultimately lead to cracks.

CORRECTIVE MEASURES

e The header basement support plate was reinforced at thé middle portion
by welding a steel plate and the excess gap of 2mm at guide support
was filled with a shim steel plate

e The header expansion guide supports were cleaned to maintain
expansion clearances. Annual PPM was introduced to remove the scales
during unit outage.

¢ Introduction of Non Destructive Testing (Magnaflux and Dye Penetrate
Testing) for the header and welding joints during unit outage to detect
any developing defects.

e Deposits accumulated between the coil support beam and the tube fins
that were preventing the free expansion of the tubes were cleaned.
Annual PPM was introduced to avoid scale accumulation.

e In order to avoid cracking of the refractory across the tubes, the “S”
bends were provided with aluminum sleeves to allow relative
expansion.

e However, in order to avoid catastrophic failure of the damaged header
and as part of quality assurance and system reliability program the header
along with the “S” bends was replaced with a new one. All the above
preventive measures are being taken to prolong life of the new header.

DISTILLER PHASE NO. I1

The desalination unit is multistage flash process (MSF) with cross-flow
brine recirculation. The evaporator consists of 16 stages, 13 in the heat
recovery section and 3 in the heat reject section, arranged in one block
including the dearator.

The flash chambers are constructed of carbon steel. The three top
temperature stages are protected against corrosion by copper nickel
cladding, and the remaining chambers are coated with special epoxy
coating.
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The main distiller shell is fabricated from 20.0mm carbon steel plates except
first two recovery stages, where the external thickness is 40.0mm.

NATURE OF THE PROBLEM

On the top of the distiller roof there are twenty-two (22) equi-spaced I
beams longitudinally located across the width of the distiller. The structural
importance of these beams is external stiffening of the stage roof top plate
section, which in turn provide support for the tube bundles. The same beams
also carry external pipe work and walkway gallery.

The I beams at the top of heat recovery stages were found in the advanced
stage of corrosion to the extent that with the exception of part of the outer
beams, total separation had occurred between the web and the lower flange.
This was discovered during the 1994 outage cycle.

Also the distiller experienced several failures due to internal corrosion of
pipes of sea water supply, brine and blowdown systems.

PROBLEM ANALYSIS

e Preliminary inspection, shows that the roof sections provided a
catchment for rainwater which seeped through the insulation and stayed
over the roof plate and supporting structures for long duration. Due to
the lower temperature in the reject stages, this water with high chloride
salts corroded these steel structures. These structural sections, subjected
to downward force due to vacuum were found deformed especially at
the central sections, see Photo Nos.6 & 7.

¢ The seawater and brine water pipes of wrong material quality were
corroding and causing frequent leaks and pipes failures.

Photo No.6: Distiller Roof
I Beams Corrosion
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Photo No.7: Distiller Roof
Excessive
Corroded Area

CORRECTIVE MEASURES

e Extensively damaged I beams were replaced during 1995 unit outage
to avoid roof collapse.

e Removals of lagging material from the rooftop to prevent avoid water
accumulation and limit the corrosion. '

e Ultrasonic thickness measurement of roof plates for assessing the
corrosion rate.

e Replacement of all affected I beams above the heat reject stages during
1998 unit outage.

e Sand blasting of all roof I beams, plates and painting with anticorrosive
structural paint during 1998 unit outage.

e Future provision of drain lines from vacuum system to avoid water
accumulation on the roof.

o Feasibility study to install sloped roof cladding to drain rainwater.
¢ Introduction of annual PPM to inspect the integrity of the structure.

o The existing sea and brine water carbon steel pipe lines which are less
than ND 300 were replaced with S.S pipes and the pipes greater than
ND 300 were internally cladded with 2MM S.S plates. The work was
carried out in stages over a period of five years and completed in 1998.
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LESSONS LEARNT FROM OUR EXPERIENCE

a) Before finalizing selection of critical equipment, other users should be
consulted about the equipment performance & reliability.

b) Designing the system with adequate workspace should ensure equipment
maintainability.

¢) Detailed operation and maintenance service manuals of “as built” system
will help in achieving reliable operation and quality maintenance.

d) Data acquisition system and sequence of events recorder should be
provided for better understanding of plant problems.

e) Visual inspection and NDT of boiler headers should be carried out during
annual outages to detect any sign of failure at an early stage.

f) The roof plates of the distiller evaporator should be kept dry. A proper
drain system for the rainwater and other leaks to prevent seepage of
water through the insulation cladding should be incorporated in the
structural design.

g) Random inspection of sections of insulated steel structure should be
annually done. Any damage of the protection painting will require more
extensive inspection to plan for proper repair.

QUALITY IMPROVEMENT PROGRAM

One of the objectives of the management at Sitra Station to achieve zero
defects has necessitated development and implementation of quality
improvement programs that are designed to improve quality of maintenance
and operation activities and to eliminate plant design deficiencies. The
essential elements of such program are establishing management teams,
analyzing equipment /system failures, tracing failures to their basic or root
causes, eliminating the root causes of failure and continuing the program
in an ongoing manner. These programs are briefly described below.

Quality circle has made major contributions towards quality improvement.
It consists of shop floor workers who offer ideas and concepts for solutions

of problems.

Reliability Committee consisting of trained and experienced engineers
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meet on a regular basis to analyze equipment /system failures, trace the
failures to their basic or root causes and recommend actions to eliminate
the root causes of failures.

Maintenance performance indicators, being used to measure the
effectiveness of maintenance functions, are the numbers of reported defects
over a period of time and the number of preventive maintenance jobs carried
out over the same period. Other indicatores are forced outage rate,
availability and reliability figures.

Corrosion is a major source of plant /equipment degradation. The system
at present is being developed for monitoring and control of corrosion of
structures and critical equipment.

Hidden defects can lead to catastrophic failures. During plant annual
outages the inspection & NDT are carried out. The results of inspection
with recommendation are submitted for short and long-term actions.

Condition based maintenance is now well introduced and essentially
applied to rotating machines.

Auditing System requires that procedures, equipment/system manuals and
failure records be reviewed at regular intervals to determine if failure to
achieve a goal needs strict enforcement of existing procedures.

CONCLUSIONS

1. Application of quality control system for project stages of design,
selection of material, installation, commissioning and continuous
operation will lead to plant reliable performance.

2. Early application of the techniques of hazard analysis, failure mode
and effect analysis, fault tree analysis is an effective tool to reduce
equipment failure.

3. Development of an inspection procedure for plant integral parts to detect
hidden deterioration and faults which may lead to enventual failures

and costly maintenance at a later stage.

4. Quality improvement program should be integrated within plant
management structure to fulfil reliability objectives.
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ABSTRACT

Worldwide, the multistage flash desalination (MSF) dominates the
desalination industry with a market share of more than 60%. Since inception
in the late 50°s the MSF process have gone through several developments,
which resulted in drastic cost reduction. The unit capacity has increased
from 0.5 mgd to a current conventional capacity of 6-7.2 mgd. More
recently, larger units with double the capacity (14.4 mgd) are commissioned
in UAE. Process economics show that doubling the capacity may result in
20-24% reduction in unit product cost. Simultaneously, innovative design
and optimization allowed for reduction in the specific unit volume, the
specific heat transfer area, and the thigckness of metal components. In
addition, progress has been achieved in developments of chemical additives
that prevents scale formation and allow for longer periods of operation.
Accumulated experience and better understanding of system design and
operation resulted in careful selection of various materials forming the
system, i.e., tubes, tube plates, shells, valves, demisters. As result, corrosion
and erosion rates are reduced to values that prevent system failure.
Irrespective of these developments, the MSF process faces challenges from
other competitive technologies, especially, reverse osmosis, mechanical
vapor compression, and multiple effect evaporation. These systems are
more energy efficient and have lower unit product cost. Therefore,
achievement of new developments and innovations in the MSF process
resulting in reduction in unit cost are essential to meet the market demands.
In this regard, recent literature studies and conceptual designs include use
of larger unit capacity (20-30 mgd), use of thermal vapor compression,
adoption of hybrid configurations, or use of brine mixing MSF. Other
attempts for cost reduction include use of inexpensive plastic tubing for
the condensers, reinforced plastic for the stage walls, thin demister pads,
and higher specific brine flow rate.
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INTRODUCTION

Today the world production capacity stands at 22.8x10% m3/d, with more
than 12,500 operating desalination units, Wangnick, 1998: The world
leaders in the desalination industry are the Kingdom of Saudi Arabia (KSA),
USA, United Arab Emirates, and Kuwait with market shares of 27%, 15%,
11%, and 8%, respectively. The desalination in KSA, Kuwait, and UAE,
is dominated by the multistage flash desalination (MSF) with percentages
of 66%, 96%, and 90%, respectively, of their total production capacity.

The design and operating features of the MSF process makes it capable of
withstanding the harsh conditions found in the Gulf environment. The
temperature of the Gulf water varies over a wide range from 35 to 12 °C,
between the summer and winter seasons. Also, the air temperature reaches
highs close to 50 °C during the long summer time, which extends from
April to end of October. In addition, the Gulf seawater has high salinity,
which may vary from lows of 42,000 ppm to highs that may reach 64,000
ppm. On the other the hand, the reverse osmosis process (RO) dominates
the desalination industry in the USA. This is because the RO plants operate
on low salinity water, which includes mostly brackish or river water sources.
The features of the MSF process and the accumulated technical experience
since its first installation in 1957 makes it the leading desalination process
worldwide with a total market share of 60%. The second leading process
1s the reverse osmosis (RO) with a market share of 30% and the remaining
10% is divided among the multiple effect evaporation (MEE), mechanical
vapor compression (MVC), and electro-dialysis (ED).

In 1957, the first flash desalination system was installed in Kuwait, Silver,
1980. During the same year, R. S. Silver made the first patented description
of the MSF. The Kuwait installation was a once through system with 4
flashing stages and was constructed by Westinghouse. The unit had a large
specific heat transfer area to provide a system performance ratio of 3.3.
Subsequent success of the MSF process was mainly due to development
of the system beyond the expensive form of the Westinghouse installation.
This is achieved by optimizing the system design, which dictated increase
of the number of stages to 10. Although, the optimized system had a
performance ratio of 3.3, its cost savings came from reduction in the specific
heat transfer area. Another factor that affected the production cost was the
total unit capacity, which increased gradually over the years from 0.5 mgd
to higher values of 6, 7.2, and 14.4 mgd. This increase was also associated
with decrease in the specific heat transfer area and volume of flashing
stage, Silver, 1980. Other gains were also achieved in system operation.
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Temperley, 1995, showed that earlier units could not be operated for more
than 600 hours and the heat transfer coefficient fell to less than 30% of the
design value within 480 hours of operation. Since, improvements in
antiscalent materials resulted in the increase of the plant to values close to
90%, during which time the production characteristics are close to the
design conditions. Reports for the MSF plants in the Gulf countries show
that availability varies from lows of 73% to highs of 86%. Plant shutdown
occurs for scheduled overhauls and malfunctions. Commonly overhauls
are performed during wintertime, when demand for water is lower and the
availability is close to 80%. On the other hand during the summer time
overhauls are restricted and the plant availability is around 88%.
Developments in the additive materials and use of tube materials with low
corrosion rates allowed for operation at top brine temperatures close
110 °C and use of acid cleaning for scale removal. Increase of the top
brine temperature resulted in several operating advantages, which increases
the system performance ratio, reduces the specific heat transfer area, the
amount of makeup seawater, and consequently the associated pumping
power. Evaluation of the desalination industry, Temperley, 1995, shows
that the process has come a long way since the fifties. Today, the process
has developed to a point, where life in the Gulf countries, many of the
Caribbean and Mediterranean islands, and other arid regions around the
world are fully supported by the desalination industry. Temperley, 1995,
urged the desalination community to continue the research process and to
develop comprehensive education and training programs for the
desalination staff. This last point was further addressed by El-Dessouky et
al., 1998a, in his evaluation for a comprehensive program for qualifying
manpower for the desalination industry. The program by El-Dessouky et
al., 1998a, includes elements for higher education, field and intensive
training, and research.

To evaluate the role of research on advancement of the desalination
processes, it is essential to consider achievements made by the research
institutions in the USA. Between 1960 and 1980, a total $322.3 million
dollars was spent on research or the equivalent of $1.7 billion in 1998
dollars, Hightower et al., 1994. These funds were used to realize the several
achievements, which includes patenting and use of membranes for
separation, development of the desalting membrane technology,
development of the first MSF and multiple effect evaporation units,
development and testing of construction materials, and investigation of
several innovative concepts. Between, 1981 and 1994 research funds were
reduced considerably, however, recently the US Congress authorized a
new program for water desalination research and development. The
program is funded for a six-year period beginning October 1997 with $3.7
million for fiscal year 1998.
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This paper focuses on developments in the MSF system since the 1957
Kuwait installation. The discussion gives an account for current practice
in various areas of the process. These include the process layout, production
capacity, performance ratio, chemical treatment, product cost, materials
of construction, and operating conditions. The last section is devoted to
process innovations, which looks at future outlook for further development.

CONFIGURATION

The original MSF configuration was the once through arrangement, Figure
1. In this configuration the intake seawater is deaerated and chemically
treated before flowing through the condenser tubes of the heat recovery
section. The once through configuration has several operational draw backs;
especially, lack of control on the intake seawater temperature, use of large
amounts of chemicals to treat the large flow rate of the raw seawater, and
the loss of large amount of energy in the large stream of brine reject. As a
result the once through process could not hold against the brine circulation
system and was limited to a small number of land base plants as well as
low capacity and low performance ratio marine units, Tusel et al., 1997.

The main features of the brine circulation MSF, Figure 2, include

— Division of the flashing stages into a large number of heat recovery
* stages and a smaller number of heat rejection stages (commonly three).

— The excess energy added to the system by the heat steam is rejected to
the cooling seawater in the heat rejection section.

— The remaining part is the makeup or feed seawater is mixed in the
brine pool of the last stage in the heat rejection section.

— Part of the brine stream in the last stage of the heat reject section is
circulated and flows through the condenser tubes in the heat recovery
section.

— Part of the warm cooling seawater stream is used to control the
temperature of the intake seawater, especially, during the wintertime.
This feature is essential to maintain constant production capacity and
stable operation.

— Treatment of the intake seawater stream is limited to simple screening
and filtration.

The brine recycle stream is deaerated and chemically treated by addition
of antiscalent, antifoaming, and other chemicals.
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Although the number of stages and the production capacity of the MSF
system are increased over the years, the brine circulation layout did not
experience noticeable variations. Differences come in the tube arrangement,
orifice design, demister and distillate tray configuration, water boxes
layout, and stacking of the flashing stages. The condenser tubes are arranged
in either cross or longitudinal direction to the brine flow. Neither
arrangement has a distinguishable effect on the system performance. Each
configuration requires different procedures for design, construction,
cleaning, and maintenance. Irrespective of this, the majority of the existing
MSF units have the cross tube arrangement. However, the large MSF
configurations with capacities of 14.4 mgd utilized the long tube
configuration, Al Radif, 1994.

PRODUCT UNIT COST

The product unit cost has decreased over the years as a result of
developments in various technological aspects of the process. The
breakdown of the product unit cost includes capital amortization, energy,
labor, spares, chemical, and maintenance. More than 89% of the MSF
capital, excluding the condenser and brine heater tubes, covers civil work,
foundations, intake systems, flashing stages, instrumentation, controls, and
monitoring station. The tubing cost may account for as little as 8% of the
total capital, Hornburg et al, 1995.

Table 1 shows variations in the unit production cost from available literature
data. As is shown a decreasing trend is-observed with earlier values of
$2/m3 and more recent values of $1/m3. As unit production cost is affected
by the plant factor, interest rate, the energy cost, total production capacity,
and system design. The increase in the plant factor is due to several reasons,
which include long operational experience, better understanding of
operating problems, development of more efficient chemical additives,
and careful selection of construction materials. As for the last two factors,
the new generation of chemical additives introduced in the late eighties
allowed for continuous operation for long periods up to two years. However,
during this period production may cease for reasons other than tube failure
or complete scale blockage as it used to happen in early years of MSF. For
example, units can be put in a standby mode as a result of unavailability of
heating steam, loss of vacuum, trip of power source, increase in product
conductivity, or need for on-line acid cleaning, Al-Gobaisi, 1994.

523



Distillate
Trays

Condenser Tubes
Demister \ / \

Heating
Steam

Intake Seawater

Distillate
Product

Blow-down
Feed Brine

Condensate
Steam

Figure 1: Once-Through Multi-Stage Flash Desalination Process

Cooling
Seawater
Feed Seawater
Distiliate
. Trays Condenser Tubes
Demister ' \ / \
Heating
Steam lutake

Seawater

Mgg gHg Distillate

Product

Distillate from

Feed Brine Heat
R
g(::l::ﬂ!llt ecovery Brine Recycle Bri
Brine from B: ned
Heat ow-down
Recovery

Cmcatan

Figure 2: Multi-Stage Flash Desalination Process

524



Table 1: Variation in unit production cost for the MSF process

Water Cost ($/m?3) Source

2.332 Darwish, 1989

1.86 Morin, 1993

1.854 Al-Mutaz, 1996

1.41 Sadhukhan and Misra, 1996
0.8 Bednarski and Minamide, 1997
0.55%* Wangnick et al., 1997

1.22 Leahy, 1998

* once through, 22 mgd unit capacity, conceptual design.

CAPACITY

The capacity of the MSF has increased from low values of 0.5 mgd in
1957 to current value of 6, 7.2 and 14.4 mgd, Table 2. Between 1957 and
1965, the capacity for the earlier designs of MSF varied between 0.5 and 1
mgd and the number of stages limited to 19. Subsequently, the capacity
was doubled to 2 mgd in 1968 and to 4 mgd in 1970. The current
conventional capacity of the MSF units of 6-7.2 mgd first appeared in
1985-1986. This capacity remains to dominate the MSF market, however,
units with 14.4 mgd capacity appeared in 1996 and were installed in UAE.

Today, most of the MSF units are brine circulation, have a capacity of 6-
7.2 mgd, and have 24 stages with 21 stages in the heat recovery section
and 3 in the heat rejection section, Figure 2. This design has a control loop
on the water intake to maintain its temperature within design limits during
winter operation. This is necessary to maintain stable operation of the
system and to prevent reduction of the system production capacity and
performance ratio. As is shown in Figure 2, part of the reject cooling
seawater is recycled and mixed with fresh intake seawater. Increase in the
system capacity during the past four decades was restricted by technological
limitations on manufacturing of larger size pumps and tubes of special
materials and dimensions. For example, scale up of flashing units would
require special orifice design, evaluation of the flow field pattern, release
velocity of vapor, and entrainment rates of brine droplets. Pumping units
should provide sufficient speed within the tube to maintain high heat
transfer coefficient and to prevent settling of fouling materials. The larger
vapor space in a double capacity unit may suffer from formation of dead
zones, where non-condensable gases may accumulate and may cause
increase in the unit pressure. Irrespective of this, doubling the system
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capacity has been and will always be an attractive means for cost reduction.
New and old economic studies for performance evaluation of larger unit
sizes show that doubling the capacity can lead to cost reduction of 20%,
Wangnick et al., 1997.

Table 2: Developments in MSF capacity, number of stages,
and performance ratio

Year | Number of stages | Capacity (mgd) | Performance Ratio
1957* 4 0.5 33
1960 19 1 5.7
1960 40 0.61 10
1962 40 1 10
1965 24 1 7-9
1968 24 2 7-9
1970 24 4 7-9
1978 24 5 7-9
1985 24 6 7-9
1985 24 7.2 7-9
1996 24 14.4 7-9

* Once through, + long tube.

OPERATING CONDITIONS

The main operating parameter in the MSF system is the top brine
temperature, which sets the system flashing range, the thermal performance
ratio, the specific flow rate of brine circulation, and the specific power
consumption. The top brine temperature varies over a range of 90-120 °C.
Selection of a specific value depends on the operating range of the
antiscalent additives. Operation at higher temperatures has the advantage
of decreasing the required heat transfer area as a result of higher temperature
differentials and heat transfer coefficient. Also, at higher top brine
temperatures, lower flow rates of the intake seawater and brine circulation
are used to generate the same amount of distillate product. As a result,
lower amounts of chemical additives are used and the pumping power is
reduced. The drawbacks of high temperature operation include the use of
higher pressure heating steam, which comes at a higher cost and may lower
the performance of the co-generation power plant. Also, corrosion, release
rates of non-condensable gases, and thermal expansion problems become
more evident at higher temperatures. Conventional MSF systems operate
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over a temperature range of 90-110 °C,

The shell load, which is defined as the flashing brine flow rate per unit
shell width, is an important design and operating parameter, since it affects
the residence time of the flashing brine in the flashing stages. The shell
load varies over a range of 1.5x105-1.5x106 (kg/h)/m. In large units with
long tube configuration the shell load varies between 1.16x106 to 1.26x106
(kg/h)/m, while the cross tube configuration has lower values of 0.88x106
(kg/h)/m. Increase of the shell load reduces the flashing brine residence
and as a result lower amounts of vapor are released. In other words, at low
residence times the brine does not have sufficient time to equilibrate with
the released vapor as a result of higher non-equilibrium losses. The
residence time of the flashing brine also affects the vapor release velocity,
or vapor disengagement velocity, from the brine surface. This velocity is
limited to a maximum value of 9 m/s, in order to avoid high entrainment
rates of brine droplets in the released vapor.

The vapor velocity in the space of the flashing chamber is an important
design parameter, which is used together with the flashing rate, stage
pressure, and stage width to determine the stage length. The vapor velocity
is limited to a maximum value of 4 m/s, to avoid entrainment of brine
droplets and reduction of the product quality. Also, higher vapor velocities
would result in re-entrainment of the brine droplets which accumulates in
the demister pad. In the heat rejection section, the low stage temperature
reduces the pressure and increases the specific volume. As a result, the
vapor velocity is the highest among all stages.

Other operating parameters that were evaluated during system development
include effect of the pH and the amount of dissolved gases (oxygen and
carbon dioxide), in the condensate and brine streams. The flashing process
is associated with the release of the non-condensable dissolved gases. In
the heat recovery section, improper venting would eventually lead to
accumulation of these gases, which would reduce the heat transfer
coefficient, the product condensation rate, and the net production capacity.
More importantly, the carbon dioxide gas would dissolve in the condensate
film, which in turn would lower its pH and promotes corrosion reactions.
McGregor, 1992, reported uniform corrosion rates of more than 100 um
for Cu/Ni condenser tubes. Measurements show formation of carbonic acid
and reduction of the pH of the distillate film to values below 5. This
condition is resolved by proper venting procedures, dearation of the
recycled brine, and chemical treatment for pH adjustment. Another
approach is to use the more expensive titanium and high steel alloys, which
increase in the tubing cost by more than 20%, Hornberg et al., 1995,
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The use of high brine velocities inside the condenser tubes increases the
heat transfer coefficient and reduces the fouling rate. Irrespective of this,
high velocities are associated with increase in the pressure drop, tube
erosion, and pumping power. Although the brine velocity for a clean system
can be within safe limit, which do not cause erosion, fouling and marine
growth can lead to reduction in the net flow area and subsequent increase
in the brine velocity. The condenser tubes in the heat rejection section are
prone to such conditions, since treatment of the intake seawater is limited
to simple screening and filtration. Use of alloy materials limits the brine
velocity to 4 m/s in 90/10 Cu/Ni and 5 m/s in 70/30 Cu/Ni, however,
practical limits are within 1.5-2.3 m/s. Use of the more expensive titanium
and high steel alloys would allow for increase in this limit to more than 20.
m/s, without noticeable erosion effects, Hornburg et al, 1995.

PERFORMANCE RATIO

Developments in the MSF performance ratio over the past four decades
are shown in Table 2. The early designs had performance ratios of 3.3.
This value gradually to higher values and currently it stands at an average
of 8. However, system design may result in performance ratios of 8.5 or
even 10, in actual practice the average performance commonly reported is
8 and in some instances lower values close 7 are even reported. The MSF
performance ratio is relatively low when compared to the performance
ratios of multiple effect vapor compression systems, which varies over a
range of 12-21, Ettouney et al., 1998. Also, conversion of the MSF
performance ratio into specific power consumption shows that the MSF
currently stands at a value of 20 kWh/m3, Darwish et al., 1989. This value
is 2-3 times more than the specific power consumption for reverse osmosis
or mechanical vapor compression. Irrespective of this, the redeeming
feature of the MSF system is its reliable operation, high plant factor, and
huge field experience. Moreover, increase in the system capacity by more
than 28 folds, i.e., from 0.5 mgd in 1957 to 14.4 mgd in 1996, has resulted
in continuous reduction in the unit product cost (each doubling in unit
capacity is associated with 20% savings in unit cost).
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MATERIALS OF CONSTRUCTION

A list for common construction materials for the MSF system is shown in
Table 3. Currently most of the MSF plants utilize Copper/Nickel tubes 90/
10 and 70/30 for construction of the condenser tubes in the heat recovery,
heat rejection, and brine heater. Occasionally, titanium tubes are used in
the heat rejection section. The Copper nickel tubes have 0.9 mm wall
thickness and its corrosion rates give a lifetime of 20-25 years. This result
is reported in early and more recent studies, El-Dessouky and Khalifa,
1985, and Hornburg et al., 1995. However, recent environmental
considerations dictate replacement of the copper based tubes, which are
found in a large number of plants. In this case, the copper element
contaminates the reject brine stream and causes a strong impact on the
environment, Hornburg et al., 1995. The alternate is use high alloy stainless
steel and titanium, which can withstand the harsh conditions and do not
contaminate the product or the rejected brine. Common practices calls for
use of combinations of various tubing materials to reduce the tubing cost.
For example, the more expensive 70/30 Cu/Ni is used in the brine heater,
the heat rejection section, and the first and second stage of the heat recovery
section. This is necessary to withstand the effect of non-condensable
dissolved gases, high temperature, and limited treatment of the intake
seawater. In the remaining stages of the heat recovery section cheaper
tubing materials can be used, i.e., aluminum brass. However, if acid
treatment is applicable the tubes are made of 90/10 Cu/Ni. Today, in many
installations, titanium tubes are used in the heat rejection section, to
overcome all types of operational problems and in turn to keep continuous
and steady operation. Other drawbacks for use of the copper tubes occurs
during startup of new plants, since all the product stream is must be rejected
until the copper content in the prod{lct water is reduced to safe levels, Al
Sum et al., 1994.
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Table 3: Common materials used in MSF systems

Part Material
Flash Chambers operating above 85 °C| Carbon steel fully clad with 2 mm
| SS 316 L or 90/10 Cu/Ni
Flash Chambers below 85 °C Carbon steel fully clad with 2 mm
SS 316 L or 90/10 Cu/Ni
Internals of flash chambers Stainless steel, SS 316L

(orifices, weirs, splash plates,
inter-stage walls, demister supports)

Distillate trays and tube support plates | Stainless steel, SS 316L

Heat recovery tubes, stages 1-3 Cu/Ni 70/30

Heat recovery tubes, other stages Cu/Ni 90/10

Heat rejection tubes Cu/Ni 70/30

Tube sheets Cu/Ni 90/10

Water boxes ; Carbon steel clad with Cu/Ni 90/10
Brine heater shell Carbon steel

Brine heater distillate well Cu/Ni 90/10

Brine heater tubes Cu/Ni 70/30

CHEMICAL TREATMENT

Use of chemical additives came a long way since the early years of MSF
operation, Temperley, 1995. Chemical additives are primarily used to
prevent scale formation, foaming, and corrosion. Scales include alkaline
compounds, CaCO; and Mg(OH),, and non-alkaline materials include
CaS0,, CaS0,4.1/2H,0, and CaS0O,.2H,0. For prevention of alkaline scale
two methods are used; acid dosing and antiscaling additives. Sulfuric acid
is used for acid dosing. Earlier developments of antiscalent materials
focused on development of materials that would prolong the number of
operating hours before scaling problems dictates system shutdown and
cleaning. The first commercial antiscalent was the polyphosphate, which
operates at top brine temperatures below 90 °C. This is followed by
development of Belgard EVN in 1984, which can withstand higher top
brine temperatures. Success of these materials turned the focus on
development of less expensive antiscalent material with similar or superior
performance. In 1988, a cheaper material and superior product is put in
use, which is the Belgard 2000, Shams-El Din, 1988, Finan et al, 1989.
More recently, the commercial antiscalent known as Sokolant is put in use
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with further reduction in its unit cost versus the Belgard 2000. Success of
the antiscalent materials is manifested in the data on plant shutdown causes
reported by Al-Gobaisi, 1996. In his report, more than 50% of plant
shutdown for installations before 1977 was due to scale and tube failure
related problems. This percentage drops to 0% in installations after 1990.

STAGE CONFIGURATION

MSF flashing stages includes various elements; primarily condenser tubes,
stage walls, demister, distillate trays, venting devices, brine orifice, ball
cleaning devices, and instrumentation for measuring temperature, pressure,
pH, and product conductivity. The stage walls are designed to withstand
pressures up to 3 bars. The stage should provide enough area for vapor
disengagement, with vapor velocity below 4 m/s. Also, a height 0£2.13 m
between the flashing brine surface and the demister is necessary to allow
for settling of the brine droplets. The cross section area of the stage should
provide enough area for the demister to keep the vapor velocity within the
demister below 9 m/s to avoid entrainment of brine droplets, El-Dessouky,
et al, 1999a. In addition, the stage should provide enough volume to house
the condenser tubes and to allow for proper venting of the non-condensable
gases. The stage width is determined by the brine orifice load, which is
defined as the flow rate of the brine per unit width of the stage. On the
other hand, the necessary demister area, the length of the tube bundle, and
the vapor velocity, affects the stage length. In typical MSF plant in the
Gulf area with a production capacity of 6 mgd, corrosion allowance for
the chamber walls in the first and last flash chambers is 12.7 mm and 9.3
mm for other chambers. The wall thickness is 38.1 mm and the stage
dimensions are 15.8 m wide, 3.61-3.72 m length in heat recovery, and
3.62-2.9 m length in the heat rejection. The stage height in the upper deck
is 3.9 m and in the lower deck is 4.3 m.

The brine submerged orifice or the interstage device controls the flow of
the flashing brine between stages and its residence time with the stage.
Orifice shape can be a simple rectangular opening in the wall separating
two adjacent stages. A splash plate or weir is used to increase the water
depth in front of the orifice to insure that the orifice is fully submerged.

Demisters are an essential part of flashing stages and its operational or
design problems can lead to high product salinity, contamination of the
surfaces of the condenser tube, and increase in the pressure drop, El-
Dessouky et al, 1998a. The first effect is a result of excessive entrainment
of the brine droplets by the vapor stream. As this condition arises as a
result of blockage of the demister pad, therefore, the vapor velocity
increases within the demister pad and rentrainment of the brine accumulated
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in the demister. As a result, the product stream is discarded and a plant
shut down is essential in order to clean or replace the demister pads. Increase
in pressure drop also occurs due to poor demister design or demister
blockage. This reduces the pressure of the vapor stream and consequently
the vapor temperature. As a result, the temperature of the brine stream
flowing inside the tubes does not increase to the desired levels and
eventually higher amounts of steam must be used to reach the design value
for the top brine temperature. The demister specific surface area varies
between 0.5-1.5 m?/(kg/s), while the demister vapor velocity is limited to
9 m/s and vapor release velocity is limited to 4 m/s.

MODELING

Modeling of the MSF is developed in various areas, which primarily include
design and rating models based on system material and energy balances as
well as a set of well tested correlations for the heat transfer coefficient,
thermodynamic losses, and physical properties. These models generate
design data which includes the heat transfer areas in the condenser and the
brine heater, temperature profiles, salinity profiles, and flow rates. The -
models may vary from the simple, which constitutes a set of closed form
equation, to the very detailed, which contains nonlinear equation that
require iterative and computer solution. Review of the developments in
the MSF design and rating models include the following:

— Silver, 1970, developed a simple model to express dependence of the
MSF performance ratio on the thermodynamic losses.

— El-Dessouky et al., 1985, showed the effect of the thermodynamic
losses on the system parameters that affect its final cost, i.e., the
performance ratio and the specific heat transfer area.

— Detailed mathematical models, which are based on stage to stage
calculations and require computer iterative solution, are developed by
Omar, 1983 and Khan, 1986.

— Atri-diagonal matrix solution to improve convergence of the computer
iterative procedure and to reduce computation time is developed by
Helal et al, 1986.

— Husain, 1988, showed that fitting of model results to the plant data
should take into consideration heat losses in each stage, vapor leak,
presence of non-condensable gases, and evaporation from the distillate
trays.

— Darwish, 1991, performed thermal analysis of the MSF system to arrive
at quantitative assessment of the effect of design and operating
parameters on the system performance.
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— El-Dessouky et al, 1995, developed a stage to stage model which takes
into consideration the effect of non-condensable gases, losses to the
surroundings, dependence of the thermophysical properties on stage
properties. The model includes detailed account for evaluation of the
heat transfer coefficients in the brine heater and the stage condensers.
Results are found to compare favorably against industrial data.

—~ A fixed-point iteration scheme is developed by El-Dessouky and
Bingulac, 1996, to simplify problem formulation and computer coding.

— El-Dessouky et al., 1998b presented a step by step mathematical
development for the origin of the MSF process. The development starts
at evaluation of the performance of a single stage flash unit and goes
through evaluation of the once through, brine mixing, and the
conventional MSF systems.

INNOVATIONS

Innovations in MSF address several important issues including the increase
in the performance ratio beyond a value of 8, increase of the unit production
capacity, use of new construction materials, and further development in
the chemical treatment.

El-Dessouky and Ettouney, 1999, proposed increase in the thermal
performance ratio through the use of the vapor compression technique.
This system includes entrainment part of the vapor from each stage in the
heat rejection, which is compressed in a steam jet ejector, Figure 3. This
result in reduction of the energy rejected by the system into the cooling
water stream and as a result increases the system the performance ratio.
Another form for the system can be based on mechanical vapor
compression, where the entire vapor formed in the rejection section is
compressed mechanically. Heating of the feed seawater takes place by
exchange of heat with the brine reject and product distillate streams.
Practicality of this approach remains questionable since existing
compressor technology can provide up to 10 °C increase in the temperature
of the compressed vapor. This may require the use of a multi-stage
compressor configuration, which may not be simple to operate and
expensive.

Another innovative approach that always seemed to improve the MSF
performance and reduce its product unit cost is the increase in its production
capacity. The latest increase in the unit production capacity is the jump
from 7.2 to 14.4 mgd. Irrespective of this increase in the unit capacity may
not be the ultimate answer, since it would require installation of expensive
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standby units. Also, replacement of existing unit takes long period of time.
At the present time, the majority of the MSF units are the 6-7.2 mgd units.
Replacement of these units is subject to the success of the 14.4 mgd units,
which have been commissioned in UAE in 1996.

Development of very larger scale MSF units, with capacities greater than
20 mgd, have been in focus the OSW studies in sixties to the more recent
study Wangnick et al., 1997 and Borsani et al, 1995. The OSW studies
included design of units with capacities between 50 and 250 mgd, though,
these projects never materialized commercially. Constraints for
designing large MSF plants are high capital, 1.5 to 2 billion, large operation
maintenance team, a minimum of US$ 100, and a unit capacity of 100
mgd would required a power plant of 500 MW. An important operational
problem in such large system is to maintain uniform temperatures in the
tube bundle. In addition, manufacturing and transportation of long tubes,
25-28 m, may prove difficult to overcome.

El-Dessouky et al., 1999b, proposed a novel approach for enhancement of
the performance of existing MSF systems. The proposed system eliminates
- the heat rejection section and makes use of a mixing tank for brine recycle
and feed seawater, Figure 4. This configuration can be adopted in a simple
manner in the once-through configuration. The main feature of this system
is the control of the feed seawater temperature during winter operation
and the reduction of the amount of brine reject.
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CONCLUSIONS

The MSF process has gone through a large number of developments since
its first operation in the late 50s. These developments are achieved in the
unit capacity, specific power consumption, specific unit volume, and
specific heat transfer area. As a result, drastic reduction in the unit
production cest has occurred. The accumulated field experience in design,
manufacturing, installation, operation, and maintenance made the MSF
process dominating the desalination market, especially thermal desalination
processes. Challengers of the MSF are lead by the RO, MVC, and MEE
processes. These systems are more energy efficient and have a lower unit
production cost than the MSF. Although, use of the RO is limited in most
cases to treatment of river and brackish water as well as seawaters with
lower salinity than Gulf seawater, progress in membrane development may
result in overcoming operational difficulties in the harsh conditions of the
Gulf. On the other hand, the MVC and MEE remain to have limited field
experience with a small number of operating units. In this regard, recent
market trends show that the number of new installations for either system
is increasing steadily. Maintaining the market status of the MSF necessitates
further research, innovations and field testing. Developments leading to
unit cost reduction may consider design and operation of larger units, vapor
compression, brine mixing, and redesign of the system internals.
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ABSTRACT

The “open channel” Disc Tube Module type DT can operate effectively
and economically at increased turbidity and Silt Density Index levels for
reverse osmosis. This module is applied reliably on sea water which has
been pretreated only with normal mechanical filters such as a sand filter
and a cartridge filter, usually making dosing of desinfectants as well as
acid and-antiscalant pretreatment unnecessary. More than 1,600 plants with
a permeate production in the range of 2 to 300 m®/d have been installed
since 1985 and are operating successfully to secure the water consumption
on cruise liners and merchant ships as well as in the navy and on
installations offshore.

The chemical pretreatment, necessary in conventional reverse osmosis
practice in the field, is avoided using this module type. Therefore onshore
applications are gaining importance because there is no negative impact
on the environment, that has to be expected usually because of long term
accumulation effects of the additives from conventional reverse osmosis
plants that are going back with the concentrate to the sea or the raw water
source. Due to the low pretreatment requirements of the module, it can be
operated for a wide range of further desalination and purification
applications.

Design details of the DT module and results from practical field work in
sea water desalination and treatment of brackish water are discussed.

KEYWORDS: reverse osmosis, desalination, open channel membrane
module energy recovery, pretreatment.
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INTRODUCTION

The increasing world population, the rising living standard and the
expanding industrialization are the causes of the ever increasing demand
for potable water and for water with high quality for industrial applications.
The areas affected are not only the arid world regions with their chronic
water deficiency, but also in an increasing rate the urban agglomerations
and industrial centers in which the capacity limits of natural supplies have
almost been reached.

The phrase “WATER IS LIFE” is generally used nowadays to express very
clear these problems of the lack of potable water. But this statement should
be concretized: “NO LIFE WITHOUT CLEAN WATER IN SUFFICIENT
AMOUNT?” [1], as this helps to remind mankind that nearly every type of
contamination at least can be a source for water pollution and thus a danger
for the basis of life and, that the water produced artificially has to meet
well defined quality standards.

In the near future it will not be possible anymore to satisfy the growing
water demand by conventional methods of water procurement and
processing. Therefore an increased utilization of separation techniques for
the production of potable and industrial water from polluted and saline
waters is called for [2].

By the application of separation processes based on membrane technology
in the treatment of effluents of widely varying nature the burden can be
removed and the recovered water returned to the consumer (recycling) or
used otherwise. This would result in reduced water consumption, alleviating
at the same time some of the wastewater problems with the various effects
they entail.

WATER DESALINATION

For the recovery of fresh from saline waters, which is already used to a
moderate extent, immeasurable quantities of brackish and ocean water are
available. The different separation procésses used in this application differ,
however, widely with respect to their specific power and investment
requirements. Increasingly, small or medium-sized plants are almost
exclusively being built according to the RO technology [3].

From about 20.5 million m*/d fresh water produced nowadays from saline

water of different sources about 7.5 million m*/d are generated using reverse
osmosis [3] with increasing tendency for this process.
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In Spain for example the desalting capacity for brackish water will be
increased from 205.000 m*/d in 1998 to 225.300 m?/d in the year 2002. In
the field of desalination of sea water the capacity of 215.000 m?/d in 1998
is expected to increase to 488.500 m?*/d in 2002. One of these plants is
the system which is being installed in the bay of Palma de Mallorca with
42.000 m*/d permeate production, where start up is expected in the fall of
1998 [4].

In sea water desalination beside a lowest possible pretreatment, features
like high efficiency, easy handling, low energy consumption and optimized
operation costs are expected by the potential customers, who at the same
time want to use membrane technology under rough working conditions
and as far as possible in an unattended operation mode. The DT open
channel module, using selected membranes and a special plant design, can
meet these requirements.

DISC TUBE MODULE SYSTEM
History

Based on the plate and frame module technology, in 1982 the company
ROCHEM RO-Wasserbehandlung GmbH - since 1.01.1998 PALL
ROCHEM Wassertechnik GmbH - started to produce reverse osmosis
systems for water desalination. In the initial phase, the company’s activities
were focussed on systems for the production of potable water from sea
water to be installed on ships and for the offshore industry. The standardized
PLC (programmable logic control) controlled modular systems were
designed for a fail-safe unattended operation and in order to ensure for the
end user 24 hours per day reliability and high product water quality.

Utilizing the long term experience gained in the desalination of sea water
and later in brackish water and tap water treatment a new module system
was developed — the Disc — Tube Module. The successful design of this
module was made possible by an integrated RO concept, since the developer
posesses the rare capability of being both module and systems
manufacturer.

Fundamentals
The patented DT module represents a successful concept for membrane

applications in molecular separation, desalination and purification of
liquids. It can operate effectively and economically at increased turbidity
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and Silt Density Index levels for reverse osmosis, nanofiltration and for
high pressure ultrafiltration applications.

The DT-module is a fully modular design comprising the following
components (Figure 1): "

- membrane cushion

- hydraulic carrier disc with internal O ring gasket

- end flanges with lip seals

- ‘tubular pressure vessel

- central rod with tailpiece and nut

The membrane cushions for the DT-Module are produced from flat
membranes with internal fabric fleece (for drainage of the permeate). By
contrast with other design concepts, the membrane cushion is octagonal
and has a round opening in the center which is used to drain the permeate
during operation. The outer edges of the membrane cushions are welded
by an ultrasonic method.

The hydraulic discs of the DT-Module have at their outer edge a washer
which extends equally on both sides. In the center are a ring gap formed
by ribbing through which the raw water runs during operation, a gasket
groove which takes the O ring seal between membrane cushion and
hydraulic disc, and the opening for the tension rod with the drainage gaps
for the permeate.

These hydraulic discs and membrane cushions are stacked alternately on
the tension rod to form a membrane stack. Open flow channels are formed
in this way on the raw water side between the hydraulic discs and the
membrane cushions fitted in between.The completed membrane stack is
bordered at both ends by end flanges with lip seals. The stack is compressed
by tightening the nut on the tension rod. The reaction is provided by a
joining flange, through which the permeate is drained during operation.

The preassembled stack of membrane elements is inserted into a pressure
pipe vessel. This pressure vessel not only holds the stack of membrane
elements but also acts as a hydraulic component, since a gap is formed
between the inner wall of the pipe vessel and the gaskets at the edge of the
hydraulic discs, which guides the incoming feed to the ring gap in the first
hydraulic disc of the membrane element stack.

The principle of operation of the DT-Module assembled from the
components described above is shown in Figure 1.
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Operational Details

As a result of the special design features of the DT module, there are a
number of aspects which have a favourable effect on the process and the
operation of the module:

*

The extremely short flow paths (6 cm) along the membrane, before
renewed mixing of the feed by the deflection at the outside edge of
the hydraulic disc or the ring gap, limit the concentration polarisation.

As a result of this limiting, the system is unlikely to block, keeping
the permeate flow at a high level.

The delayed formation of a secondary membrane allows longer
cleaning intervals and thereby extends the service life.

The clearly defined sealing functions, i.e. the sealing off the feed-
side high pressure area from the permeate-side low pressure area with
O rings, and the sealing of the feed-side high pressure area against
the ambient pressure by lip seals, avoid leaking problems in the high
pressure area.

The transfer of the operation pressure stress from the membrane
element stack to a commercially available 8 inch pressure pipe vessel
increases the operational reliability, simplifies the system and the
assembly procedure and also helps to reduce the cost of the module.

Since the sealing pressure of the edges of the hydraulic disc in the
compressed state is limited deliberately, the optimised emergency flow
characteristics enhance the operational reliability of the module. Even
extreme pressure differences do not result in destruction of the module,
but only in a limited local breakdown within the system. '

Due to the open ring gaps or flow paths between the membrane cushion
and the hydraulic discs, even fluids with high colloid or solids content
can be processed without problems.

The open channels allow efficient cleaning of the module, since the
interfering substances which have been removed from the membrane
by the cleansing agent can be carried away freely.

The relatively high packing density for an “open” module system of

200 m?/m? allows the construction of compact modules and
installations.
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As further advantages one can mention:
*  Distortion of the membrane element stack internally or during insertion
into the pipe vessel is avoided by the symmetrical fully modular
design.

*  Flexibility of the application of the module, because the hydraulic
discs as well as the membranes used with them can be chosen to suit
the particular problem (membrane index).

Reduction of operating costs through quick and easy assembly and
dismantling of the module for membrane replacement.

Cost effective operation, because the narrow gap technology only
requires small fluid volumes and therefore low energy input to achieve
sufficient flow across the membranes.

APPLICATION IN WATER DESALINATION

The open channel PALL ROCHEM RO DT module can operate without
problems on filtered seawater with a modified Silt Density Index (SDI) as
high as 15 or more. Thus simple sand filters and cartridge filters can easily
achieve the SDI limits of the Rochem system. Other systems specify SDI
limits as low as 3. These much lower limits required by other membrane
systems can only be achieved by more complex filtration and chemical
pretreatment.

This detail is one reason for a comparatively low energy demand in
desalination:

- Recovery rate of 30% from seawater - energy demand average 9 to 10
kWh/m? of pure water (without energy recovery).

- Recovery rate up to 75% from brackish water (TDS = 5,000 ppm) -
average 4 kWh/m?® of pure water.

- Recovery rate up to 85% from tap water (ITDS = 800 ppm) - average 2
kWh/m? of pure water.

These figures relate to standard systems. If brine energy recovery is also

employed for seawater desalination energy costs can be reduced by as much
as a further 30%.
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Due to the module design, unlike other reverse osmosis systems the DT
module technology means that no permanent feedwater pretreatment with
desinfectants, acid and antiscaling is required at sea water desalination.
Besides cost saving (less expenditure for additives and their handling as
well as by avoiding components for storage and dosing), this means more
safety in operation and less environmental burden.

RO SYSTEMS AND PLANTS

Reverse osmosis systems and plants equiped with the DT module for the
production of fresh water from seawater are working on ships, submarines
and in the offshore industry as well as on shore for the water supply to
hotels and holiday camps or for (the desalination of brackish water) land
based utilities. The permeate production ranges from less than 2 m3/d up
to 500 m*/d for the largest single unit, in various standard systems. They
could be of higher volumes on request.

The plants can be delivered as partially or completely automatic system.
Due to the truly modular design, construction of compact plants, their
transportation and installation are simplified. Also a flexibel use of limited
floor space is possible. The system shown in Figure 2 is capable to produce
between 0.5 and 2.0 m*h fresh water from seawater, depending on the
number of modules installed.

Figure 3 shows a seawater system for the production of 250 m?/d, built
into a 40” container.

An impression of compact installation of the modules. Thanks to the design
features they are easy to service and to handle. The detail of which is
shown in Figure 4.

Energy recovery systems can also be incorporated into the design as shown
in Figure 5.

It is thus worth reiterating, that energy is one of the most important features
in sea water desalination, as energy saving helps to reduce not only fresh
water production costs but also indirectly environmental related problems

[5,6].
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Figure 2: System RORO 0510 with DT-module for the
production of 0.5 — 2.0 m°/h fresh water from sea water
(depending on the amount of modules installed, i.e. the installed
membrane area) source: PALL ROCHEM
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Figure 3: Compact system RORO 8000 DT 250 S for 250 m’/d,
installed in a 40” container, after final test in factory,
ready for shipping

FUTURE

The combination of an open channel design with narrow gap technology
and a successful membrane cushion concept in an advanced module system
makes it possible to use reverse osmosis in applications like desalination,
industrial waste water treatment or aqueous fluids processing, even if the
water to be treated is of high Silt Density Index corespondingly high
turbidity.

Together with a cost effective operation because of comparatively low
energy and cleaning chemicals demand and a favourable price to
performance ratio the application of this technique in new markets can be
foreseen. Where either due to process constraints or economic reasons
reverse osmosis were not be considered till now and where through the
combination of the highly efficient DT module system along with other
features, further improvement can be obtained. This includes the installation
of reverse osmosis as stand alone units for onshore application with limited
demand of potable water like hotels, holiday camps, villages and small
towns, where fail safe automatic operation, easy handling, independancy
from logistics-and infrastructure regarding chemicals, high reliability and
trouble free shut down behaviour as well as the lowest possible influence
on the environment are expected.

550



Figure 4: Detail of the system RORO 8000,
configuration of the DT-modules

ol s

Figure 5: Pumps and energy recovery unit
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The successful operation of this type of module and the fact that no
permanent feed water pretreatment with desinfectants, acid and antiscaling
chemicals are required when this module is used in sea water desalination.
These can be viewed as factors that demonstrate the innovative potentials
and the growing importance of reverse osmosis technology in accordance
with guidelines for sustainable environmentally friendly development.
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ABSTRACT

The cost of seawater desalination by reverse osmosis technology (RO)
continues to drop with time. This portends accelerating adoption of RO
around the world in the 21st century. Since chemicals are used in the
operation of RO systems as coagulants, antifoulants and cleaners continuing
and increasing adoption of RO process in the Gulf necessitates conservation
and efficient utilisation of these chemicals. This is possible through
understanding and optimization of the RO process chemistry. In this paper,
we survey the chemical factors that affect the operational characteristics
of RO systems. The factors include the chemistry of the feedwater,
membrane fouling mechanisms, composition of foulants found in membrane
elements from many plants around the world and examples of antifoulants
and their application. Current approaches towards the development of
antifoulants to prevent fouling and membrane cleaners for plant maintenance
is discussed in this context. The chemistry presented is part of a conceptual
framework in which process optimization and chemical usage conservation
can progress well into the next century.

KEYWORDS: Reverse Osmosis, Desalination, Chemistry, Process,
Membrane Foulants, Antifoulants, Cleaners, Conceptual
Framework, Optimization.
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INTRODUCTION

In the Middle East, particularly around the Gulf, over 50% of the world’s
desalination plants exist. A large segment of the desalination installations
employ reverse osmosis (RO) membrane technology. Recent bid prices of
seawater desalinated with RO were offered for sale for as low as US$0.60/
M3 in Florida (USA), which amounts to less than half of any reported costs
for a plant currently in operation (1). This portends accelerating adoption
of RO around the world in the 21st century. Since chemicals are used in
the operation of RO systems as coagulants, antifoulants and cleaners,
continuing and increasing adoption of RO process in the Gulf necessitates
conservation and efficient utilization of these chemicals. This is possible
through understanding and optimization of the RO process chemistry.

OVERVIEW

In this paper, we survey the chemical factors that affect the operational
characteristics of RO systems. The factors include the chemistry of the
feedwater, membrane fouling mechanisms, composition of foulants found
in membrane elements from many plants around the world and examples
of antifoulants and their application. Current approaches to the development
of antifoulants to prevent fouling and membrane cleaners for plant
maintenance is discussed in this context. The chemistry presented is part
of a conceptual framework in which process optimization and chemical
usage conservation can progress well into the next century.

FEEDWATER CHEMISTRY

The oceans are the most abundant sources of water, amounting to 99.37%
of water on earth (2). The Gulf water can be differentiated from the typical
seawater due to its relatively small volume, high evaporation rate, restri¢ted
circulation and mixing with fresh seawater and high utilization rate.
These factors are known to result in significantly higher salinity
(TDS 55,775 mg/l compared to 35,159 mg/l of standard seawater)
(3). Sand (50 microns - 2mm), silt (5-10 microns), clay (<5 microns) and
submicron colloidal particles are introduced by natural and industrial drainage
and erosion. Just as active a process is the growth, excretion, death and
decay of animals and microorganisms. The biotic life in the Gulf waters
can be expected to be different from other localized areas of the seas and
should be studied and considered in the control of reverse osmosis
processes. The quantity of the different components in seawater is not
proportional to the quantity of the components that enter the sea, but is
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inversely proportional to the facility with which the components in the
seawater are made insoluble by chemical actions in the sea (4). When
river water meets the highly saline seawater, much of the suspended colloidal
matter coagulate and deposit as organic matter-rich silt in the delta regions.
This is the same mechanism as the deposition of coagulated colloidal matter
in the RO system with the increase in salinity of the brine. Complexation
interactions and precipitation of particles is an active natural process in
seawater. Despite the high salinity, biotic life abound. Some of the types of
colloids that exist in the natural waters, especially in the sea, are listed in
Table 1. Polyphenolic complexes like humic acid, lignin and tannin are decay
products of woody tissues of plants are noticeable due to their tendency to
foul RO membranes by themselves or coagulated with other foulants (5).
Polysaccharides that constitute cell walls of microorganisms and plants
and excreted variously asgums, slimes and biofilms are prominent players
in membrane fouling. In the ocean, they are added to polysaccharides from
sea organisms especially the plankton (6), which upon aging become kerogen.
It is believed that a white material called “marine snow” that has been
observed to fall in deep oceans are these aged and ubiquitous
polysaccharides (7).

Table 1: Colloidal Matter in Natural Waters

Microorganisms

Biological Debris (plant and animal)

Polysaccharides (gums, slime, plankton, fibrils)

Lipoproteins (secretions)

Clay (hydrous aluminum and iron silicates)
Silt
Qils
Kerogen (aged polysaccharides, marine snow)

Humic Acid/Lignins/Tannins

Iron and manganese oxides

Calcium carbonate

Sulfur and sulfate

MEMBRANE FOULING MECHANISMS
Feedwaters to RO systems typically are concentrated by a factor of 2 - 4
(50%-75% recovery) during desalination. For simplicity in classification,

three classes of fouling (8-14) can be said to occur.
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First, the solubility limits of various dissolved salts in the brine stream may
be exceeded, leading to deposition and growth of crystals in the flow
channels and membrane surface of the RO elements. This type of fouling
is referred to as scaling. Most common examples of scales are calcium
carbonate, sulfates of calcium, strontium and barium, and calcium fluoride.
In the examination of foulants (5) under the microscope, crystals have well
defined shapes. Inhibitors injected into feedwaters to suppress crystallization
are called antiscalants.

Secondly, particulate matter pre-existing in feedwater can agglomerate and
adhere to the membrane and brine flow channels due to increased
concentration, salinity, compaction, flocculation, surface interactions and
other physical and chemical factors. The particles may be large enough to
be removed with 1 to 5 micron RO prefilters, such as silt, carbon fines,
coagula and microbial clusters. There may also be colloidal particles that
escape filtration even with 0.45 micron filters used in Silt Density Index
measurements. The colloids can be organic, inorganic or composits. Ferric,
aluminium and manganese hydroxides and silica grow through increasing
particle sizes by polymerization and cross-linking with organic and inorganic
polymers to become gels and amorphous foulants commonly seen on
membranes (5,15). Biotic debris such as polysaccharides and dead cellular
matter contribute largely to this type of foulants. We have found that
anticoagulants and antideposition agents show promise in inhibiting this
fouling process. Antifoulants then can be a term applied specifically in this
particulate fouling context. In a broader sense, the term antifoulant is used
in the field to include antiscalants as well (9).

Thirdly, a prominent source of fouling, as is true of all water treatment or
distribution systems, is the growth and anchoring of microorganisms.
Moderate temperatures and minimal nutrient levels in RO waters can support
at times explosive growths of microorganisms. Bacteria with cell division
times of 20 minutes can grow from a normal count per unit volume of
water to a too numerous count in the period of an 8 hour shift. Due to the
tendency of bacteria to secrete polymers that anchor themselves to surfaces
to facilitate growth as the biofilm, this fouling mechanism isunique and
poses a serious threat to operation of RO systems (16). This threat is
compounded by the great difficulty of completely removing biofilm from
membrane surfaces.

COMPOSITION OF FOULANTS

Through analysis of the composition of foulants on seawater and brackish
water RO membrane elements sent from plants across the US and some
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overseas locations, we have seen examples of simple scales and more
frequently the more difficult to clean composites of foulants and biomass
{5). Inorganic scales are relatively easy to identify by qualitative tests and
guantitation by ion emission spectroscopy using Inductively Coupled Plasma
(ICP) or by Scanning Electron Microscopy with Energy Diffusive X-Ray
Analysis (SEM-EDX) methods. Our experience confirms the limited set of
calcium carbonate, sulfate of calcium, strontium and barium, and calcium
fluoride as the common scales round in RO systems. Known responses to
specific cleaning formulations also allow us to confirm the identity of the
scale.

Flemental gravimetric analyses of carbon, hydrogen, nitrogen along with
quantitation of residual ash after combustion allowed us to examine the
organic components of foulants (in the limited sense of coagulated particulate
matter) and biomass. Correlation of the results of these analytical data on
foulants with feedwater chemistry, plant design and operations data, we
have made the following observations (5). These observations have been
helpful in guiding process improvements to minimize fouling and improve
cleaning strategies.

1. Organic matter contribute more than 10% of the mass of foulants in
all recent samples, with the majority of the samples contamina
50-100% of organic matter.

2. Biomass constituted the major part of the organic contents of the
foulants.

3. Synthetic polymers used in water pretreatment can often be
differentiated from biomass in the foulants.

4. Anionic polymers used as antiscalants and dispersants can deposit on
membranes and act to concentrate high valence metal ions (Fe, Al,
Ca) on the membrane surface.

5. Colloidal silica and clays have complex and variable contents of iron,
aluminum and calcium.

6. Elemental phosphorous is associated with biomass, phosphate and
phosphonates.

These six aspects of fouling can each occur alone or frequently two or
more aspects simultaneously. Discernment and differentiation of the
contributing fouling mechanisms is a developing science. This science is
vital to the development of antifouling chemicals and effective cleaning
methods.
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ANTIFOULANT DESIGN AND APPLICATION .

The terni antifoulant used here is in its broadest meaning covenng scaling,
particulate fouling and microbial fouling — the three classes of fouling
mechanisms discussed above. We will briefly discuss strategies aimed at
each of these three areas.

For scale control, the development and application of antiscalants is well
known and reviewed in the field of boiling water and cooling water chemistry
(17,18,19). and applied to boilers, evaporators, cooling towers and cooling
systems. Anionic polymers, polyphosphates and organophosphorous
compounds, sometimes referred to as threshold inhibitors and dispersants,
are used in substoichiometric amounts, usually in the range of 1-5 mg/liter
concentrations. By binding to surfaces of growing crystal nuclei, the rates
of crystallization from supersaturated solutions are retarded, and crystal
packing orders are modified. By this mechanism, crystallization rates are
so retarded that although supersaturation of solutes in the water will
eventually equilibrate through crystallization, within the residence time of
the water in the system, there is little or no scale formation. The uniqueness
of RO among water conditioning systems is that the residence time is very
short (a few seconds), concentration of seed crystals is low, and temperature
is constant. For this reason higher levels of supersaturation without
crystallization are possible. On the other hand, the limits of saturation and
rates of scaling are hard to model, measure and predict. Interferences come
from other solutes in the water, organic or inorganic (19). Assumptions. of
RO fouling limits very considerably among practitioners.

For controlling fouling by preexisting particulate matter, the task is much
more challenging due to the variety of types of potential foulants and the
complexity of their interactions (4, 5, 11, 13, 15), with each other in the
same water and with the membrane. Stability and agglomeration of colloidal
particles is a subject of major importance in natural waters (4) as well as.in
the treatment of process waters (2). Drawing on the basic science of colloids
and testing of model foulants suggested by our RO foulant analysis data
(5), progress is made steadily with the development of anticoagulants and
anti-deposition agents. Case studies from various plants will be presented
in the near future.

Concerning prevention and management of biofouling in water treatment
systems, the literature is extensive. Much of the art and science found
useful generally, is applicable to RO systems as well. Several factors
peculiar to the RO system can be mentioned. Chemicals used to sanitize
and clean the system have to be chemically compatible with the thin, salt-
rejecting, barrier membrane. Of prime concern is that accumulation and
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exponential growth of the microorganisms should not be allowed to occur
within the system. Pretreatment of feedwater, adequate maintenance of
upstream unit operations, continuous flow of water through the RO unit,
good monitoring and sanitization program and use of preservatives during
downtime (20) are important to this end. Normalized flow and differential
pressure in the system are sensitive indicators of biofouling. To prevent
irreversible fouling, trend charting and readiness to perform adequate
cleaning are important aspects of the system operation. Immediate
assistance should be sought where cleaning has been inadequate. Powerful
new cleaners are now available, providing alternatives to membrane
replacement in the worst cases of biofouling.

PRACTICAL IMPLICATIONS FOR GULF RO SYSTEMS

Given the above observations and in our opinion, an enlarged conceptual
framework from what is commonly considered, we can look at some practical
implications for RO systems in the Gulf region. Since scaling is not generally
a problem for seawater and very high TDS well waters, we would like to
address here, firstly, antifoulant for controlling coagulation of colloidal and
polymeric organic matter. Petroleum sources, active biotic life in warm
waters, low exchange rate in the Gulf with fresh seawater through tides,
and high industrial utilization present unique conditions of high levels of
organic matter prone to coagulation in RO systems, bringing down with
them as foulants, inorganic colloidal particles. Secondly, as we have found
in our extensive analysis of composition of foulants and correlations with
responses to cleaning, the presence of biomass, and natural and synthetic
organic polymers on membranes make cleanings challenging. We will briefly
discuss improved cleaning with cleaning enhancers.

Exciting developments have occurred in the expansion of a line of
antifoulants (21) that not only prevent coagulation in RO systems, but also
act as dispersants and antideposition agents for partially coagulated matter.
Small RO systems typically used in making bottled drinking water from
poor quality surface waters with biomass and particulate contents are helped
by injection of antifoulants without other pretreatment. For larger RO
systems where pretreatment can be designed and controlled, the economy
and convenience of treating colloidal particulate matter with antifoulant
alone can be an attractive alternative to clarification and Silt Density Index
reduction with coagulant addition and demanding filtration schemes. Case
studies will be published elsewhere.

Difficult cleaning problems typically call for resolution by expert companies.
Through thorough review of the water and pretreatment chemistry, analysis
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of the foulant composition and source, and selection of proprietary
antifoulants and high performance cleaners, both fouling avoidance and
reliable maintenance cleaning can be attained. Most RO systems are cleaned
with generic chemicals recommended by membrane manufacturers such
as shown in Table 2. While these generic chemicals often produce
satisfactory results, many systems require better cleaners to achieve full
recoveries from fouling. Some key ingredients from proprietary products
that are missing in generic cleaner formulations (Table 2) are made into
concentrated cleaning enhancers (21) to be used in v/v dilution ratios of
upto 1:250, in conjunction with the generic formulations (see Table 2). A
case study on the use of the cleaner enhancers (Better CleanT-A and D)
in an off-line pilot cleaning of single elements from an industrial waste
water reclammation RO is given in Appendix 1.

CONCLUSIONS

This paper provides the conceptual framework in which contributions to
the RO process chemistry is being made. By reviewing the chemistry of
seawater and the natural processes that lead to deposition of solids are
instructive for the control of the same or similar processes within the RO
system. Known membrane fouling mechanisms are reviewed. Analysis of
the composition of foulants sampled from membranes from RO plants
provided insight on the specific contributors to fouling. Such knowledge
provides the basis for designing antifouling strategies and testing
methodology for developing antifoulants. Reference is given to new
antifoulants developed to control coagulation of organic foulants in the RO
system, and to new cleaner enhancers to improve the cleaning effectiveness
of generic cleaning chemicals. We look forward to the expansion of this
conceptual framework and reporting on advances towards the day when
RO plants can be uniformly sturdy in operation and predictable in
performance. Optimal utilization of RO chemicals should be a continuing
target into the next century, particularly important to the conservation of
Gulf water quality, and economical production of water.
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Table 2: BetterClean ™-Boosted Cleaning Solutions
Formulated With Generic Chemicals in Concentrations
Recommended By Major Membrane Manufacturers

BetterClean™. A B C D ]
Types of Foulants-  Acid Soluble Biofilm, Bacterial  Qils and Organic  Organic and Inorg-  Silica and
Foulants Biological Matter Matter anic Colloids Silicates
Fluid Systems 1% citric Acid e 1% STPP (TFC only) -—-———- —>/
1% EDTANa
1% TSP
1% Borax (TFC only)
0.1% Triton X-100 (CA only)
Hydranauties 2% Citric Acid 2% STPP 0.5% Na Perborate 2% STPP —
0.1% Triton X-100  0.26% SDDBS  0.1% Triton X-100  0.8% EDTA.Na
or Tergitol 8 etc pH75 or Tergitol 8 ete. ~ 0.1% Triton X-100
or Tegitol 8 efc
Filmtec 0.2% HCI /<—— 1% EDTA.Na >/ 0.1% NaOH
or 0.5% H;PO, 0.1%NaOH to pH=12 0.05% Na-DDS -
or 2.0% Citric Acid or following pH=12 solutions: pH=12
or 0.2% Sulfamic Acid 0.05% Na-DDS or
0.1% STPP+1% EDTA.Na, or
0.1% TSP+1% EDTA.Na
Desal HCI pH=3 [ e 1% TSP > -
or Citric Acid pH=2 1% STPP
0.1% Na.DDS
1% EDTA.Na
pH=8-11.5
Permasep 0.5% HCI 1% Na,EDTA  0.3% NaPerborate  0.3% NaPer- 0.5%
{pH 2.3 min) borate NaOH, pH=11
or 0.5% H3PO, 0.1% NaOH = 0.25% Na-DDBS  0.25% Na-DDBS  or 1% Na,
(pH2.3 min) EDTA
or 0.2% Sulfamic pH=11 max pH=10 pH=10 0.1% NaOH,
Acid pH=11
or 2% Citric Acid, or 1% Na,EDTA or 2% STP or 0.3%
pH=4 NaPerborate
or 2% Citric Acid 1% STPP 0.25% Na-DDBS 0.25%
Na-DDBS
2% Na,EDTA 1% TSP, pH=11 pH=10 pH=10
NH,40H to pH=4 or 2% STPP or 1% NaHMP  or 2% STPP
or 1% Na,S,04 0.25% Na-DDBS 0.25% Na-
or 1% NaHMP or 1% NaHMP DDBS pH=10

KEY : STPP = Sodium Tripolyphosphate
EDTA.Na = Sodium Salt of Ethylenediaminetetraacetic Acid
TSP = Trisodium Phosphate
Triton X-100 and Tergitol 8 = Non-ionic Surfactants
Na-DDS = Sodium Dodecylsulfate
Na-DDBS = Sodium Dodecylbenzenesulfonic Acid
Na,EDTA = Disodium Salt of Ethylenediaminetetraacetic Acid

NaHMP = Sodium Hexametahosphate
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. APPENDIX 1
Case Study on Cleaning Enhancement of Reverse Osmosis
Membranes with Better Clean

INTRODUCTION: To improve the effectiveness of routine maintenance
cleaning of a reverse osmosis system used to recover water from an industrial
waste water stream, the use of Better Clean products are investigated. A
batch of thin-film composit membrane elements (TriSep ACMII 8.3"x40")
were test-cleaned off site. The routine cleaning conditions using phosphoric
acid at pH 3 followed by sodium hydroxide at pH 11.0- 11.5 were found
helpful in the plant, but can be improved upon. This study resulted in a
recommendation to use BetterClean A and BetterClean D in conjunction
with the low pH and high pH generic cleaners respectively to attain two to
five-fold improvement in permeate flow.

PROCEDURE: Elements were cleaned individually by recirculation of 20
gallons of cleaning solution at low pressure at 30-40 gallons per minute
(GPM) cross flowrate and no permeation for 30 minutes. The temperatures
throughout was approximately 77°F (25°C). Tests were performed at 112.5
psti (half of 225 psi manufacturer specification condition). Permeate flow
rates were recorded as gallons per minute, before each cleaning, and after
10 or more minutes of rinsing with San Diego city water which is filtered
through activated carbon bed to remove residual chlorine. To normalise to
specification conditions of 225 psi, each increase of 0.10 GPM in the obseved
permeate flow is equivalent to approximately 288 GPD under specification
conditions.

RESULTS: The increase in GPM of permeate flow after each cleaning
step is recorded and tabulated below (Table 1). The magnitude of the
increase with and without BetterClean A and D are compared.
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Table 1: Increase in Permeate Flow (GPM)
After Each Cleaning Step

Total

H,PO, NaOH |Improvement

H;PO,4| pH; NaOH | pHI3 | in Permeate
Element No.\Cleaners:| pH; [+BC-A | pH11-11.5/+BC-D Flow*
(in GPM)
1. 80127 0.015| — 0.105 — 0.120
2. 80077 0027 | — 0.094# — 0.121
3. 80198 0.039 | — 0.070 — 0.109
4. 80152 — | 0.036 — 0.317 0.353
5. 80178 — 1 0.023 — 0.334 0.357
6. 80175 — | 0.090 — 0418 0.508
7. 79298 — 1 0.025 —_ 0.549 0.574

* Salt rejections have improved or are unaffected.

# Cleaning the element with pH13 NaOH after this step only increased
flow by 0.080 GPM.

CONCLUSION

The use of BetterClean A with phosphoric acid and BetterClean D with
sodium hydroxide at pH 13 would increase the overall effectiveness of the
two step cleaning by three to five-fold.
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ABSTRACT

Cellulose acetate (CA) membranes are liable to chemical attack mainly by
operation at improper pH or by chlorine and other oxidizing agents. The
chemical attack could lead either to hydrolysis of the pendant acetyl group
or to oxidation of polymer backbone leading to chain scission. Hydrolysis
can be detected by determining the degree of polymer acetylation, whereas
oxidation can be detected by changes in polymer molecular weight as
measured directly, for example by the intrinsic viscosity measurement, and/
or indirectly by determining polymer tensile strength. In the present study
degree of acetylation, intrinsic viscosity and tensile strength measurements,
were used for identifying the causes of the poor performance of two cellulose
triacetate hollow fine fiber membranes obtained from a commercial SWRO
plant after being in operation for five and two years, respectively. To
establish causes of degradation in the commercial samples, analyses were
also performed on fresh virgin fiber, on a second sample exposed to high
concentration of chlorine, and a third sample exposed to high pH. By
comparison to the virgin sample, it was established that fiber exposure to
high concentration of chlorine and to high pH induced decrease in polymer
chain molecular weight and in degree of acetylation, respectively. Both the
commercial SWRO membranes were found to have undergone both
hydrolysis as well as oxidation. However, polymer chain oxidation was
established as the major cause for the degradation in performance of the
commercial sample which was in operation for nearly five years, while
hydrolysis of the pendant acetyl group was established as the major cause
for the degradation in performance of the second commercial membrane
sample which was in operation for two years. The paper describes the
detail of the measurements made and results obtained.
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INTRODUCTION

Cellulose acetate (CA) membranes are widely used in RO desalination
industries because of the overall advantages of their properties, cost and
ease of use. One of the most outstanding features of CA membrane is
their claimed resistance to Cl,. However, occasionally the CA membranes
exhibited reversible and irreversible deterioration in their performance.
Reversible decline, which is usually caused by fouling due to accumulation
of scale, suspended solids or microbiological growth, can be restored to
some extent by chemical cleaning. However, in case of irreversible decline,
the performance could not be restored and in such cases membrane
replacement was required. The irreversible decline is induced either by
physical or by chemical membrane damage. Physical damage is caused
either by compaction due to creeping, or by scratching or by mechanical
causes such as vibration. The major chemical processes of CA membrane
deterioration are hydrolysis and/or oxidation. Both hydrolysis and oxidation
will lead to poor membrane performance.

CA membranes are most stable at pH 4.7 and the extreme pH, less or
above this value, will accelerate the process of hydrolysis of acetyl group,
pendant to the polymer chain. It is reported that deacetylation of cellulose
acetate is caused by chlorine at pH 7, in presence of metal salts. In this
study [Murphy, 1991] revealed that deacetylation was more effective in
presence of cobalt and ruthenium, moderately in presence of iron, nickel,
rhodium, palladium and silver, and slightly in presence of copper and gold
salts. Hydrolysis leads to reduction in degree of acetylation which in tum
leads to loss of salt rejection capacity of the RO membranes.

Another major cause for the chemical degradation of CA is oxidation.
Oxidation is accelerated at high concentration of oxidizing agents such as
chlorine (Cl,), which is used in RO process as disinfectant [Motomura and
Taniguchi, 1981]. Studies [Fujiwara et al., 1994; Kumano et al., 1994]
indicated that chlorine in presence of heavy metals lead to oxidation as
well as some times to hydrolysis of CA membranes. Cobalt and copper
have a remarkable effect on the deterioration of the CA membranes while
iron, manganese and nickel affect membrane performance but to a lesser
extent. Also, temperature, pH and chlorine concentration have an influence
on CA membrane performance. The effect of oxidation is mainly through
the scission of membrane polymer chain, thus reducing both its molecular
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weight as well as mechanical strength, resulting in a decline in salt rejection
and to an increase in permeate flux of RO membrane. The oxidation can
be detected by either mechanical strength measurement and/or by molecular
weight determination. Several methods are used in determination of
molecular weight of polymer including intrinsic viscosity which is directly
proportional to the polymer molecular weight.

In this study, because of its simplicity and availability the intrinsic viscosity,
the tensile strength measurements and determination of acetyl content were
employed, to establish the causes of the observed poor performance of two
commercial SWRO cellulose triacetate (CTA) hollow fine fiber (HFF)
membranes. For comparison reasons, the performance of a fresh virgin
membrane, a known oxidized membrane and a hydrolyzed membrane, each
of CTA HFF origin were also examined by the same three methods.

EXPERIMENTAL
Materials
Membranes

The two commercial SWRO CTA HFF membranes with poor performance
are brine side membrane elements. After about 5 years in operation, the
first one (Mem#1) had permeate conductivity of 13,480 uS/cm. The second
one (Mem#2) after about 2 years in.operation, it had permeate conductivity
of 3,920 pS/cm. Virgin membrane fibers and oxidized membrane fibers
were obtained from membrane manufacturer as well as a new membrane
module which was used for the hydrolysis. Both the commercial membranes
and the hydrolyzed membrane were autopsied and samples were collected
from inner, middle and outer portions for detailed analysis.

Hydrolyzed CTA membrane was prepared by continuously operating a new
SWRO CTA HFF membrane element (size 5" x 20") for about 375 hours in
recirculation mode using non chlorinated raw seawater feed with SDI =~
4.5. The pH of the feed was maintained at about 9.5 by adding NaOH as’
and when required. The membrane performance (flow and conductivity)
were continuously monitored until the performance of the membrane was
remarkably reduced. At the end of the experiment, the membrane was
removed and autopsied, and samples were collected for further analyses.
Before carrying out any analysis all the membranes cut were thoroughly
cleaned with distilled water for about 15 hours.
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Degree of Acetylation

Acetylation degree of membranes, which is normally expressed as percent
of acetyl group in the polymer, was determined using standard ASTM
procedure with slight modification [ASTM, 1983]. In this method, a known
amount of membrane sample (0.7 g) was first added to 70 ml of acetone in
an Erlenmeyer flask and kept stirring using a magnetic stirrer, for 1 hour
followed by addition of 5 ml of methanol. After 30 minutes of additional
stirring, IN NaOH was added in excess (15 ml), to the highly swollen (not
completely soluble) membrane sample solution and kept stirring for another
1 hour. After adding hot (60°C) distilled water for washing down the sides
of the flask and continuing stirring for another 10 minutes, the unreacted
excess amount of NaOH was titrated against standard sulfuric acid
(0.5 N) using phenolphthalein indicator. When the pink color disappeared
completely, an excess (0.2 - 0.3ml) of sulfuric acid was added and retitrated
with 0.1 N NaOH. For each sample, a duplicate was also carried out as
well as two blank analyses. The acetylation degree was then calculated as
the percentage weight of combined acetic acid formed to the total weight
of membrane polymer during hydrolysis by the excess NaOH.

Stress Strain Measurements

Instron Series IX automated Materials Testing System, Series 4200
Interface, was used to measure the tensile properties. Hollow fine fibers
samples of length 7 to 8 cm were soaked in distilled water prior to the
tensile measurement. To prevent the fibers from drying, distilled water was
sprayed on to the fiber while running the test. The test conditions were as
follows :

Number of test specimens 10
Sample length between the grips 2cm
Cross head speed 2 cm/min.

Percentage elongation and tensile strength at break were automatically
calculated by the computerized Instron for each of the fibers.

Intrinsic viscosity measurement

The intrinsic viscosity [n], which is related to the polymer molecular weight,
was determined following the standard procedure [Avlonitis et al., 1992].
Ubbelohde type capillary viscometer was used at constant temperature of
30 + 1°C. After determining the efflux time (t,) for the solvent methylene
chloride/ methanol (9/1) mixture, the same (t;) was determined for the known
concentration of the sample. For each concentration of sample, five
measurements were made and average of three measurements were taken
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after discarding both the lowest and highest readings. The measurements
were made at different concentrations for each sample by Successive
dilution using the above solvent. The intrinsic viscosity [1] was then obtained
as intercept of the plot of ng,/c against ¢, where c is concentration (g/dl) of
membrane sample and ng, is specific viscosity. The specific viscosity can
be obtained from relative viscosity (1) as Ny -1. The n. can be
determined from the efflux time of solvent t, and sample t; as 1 =t;/ t,,.

RESULTS & DISCUSSION
Degree of Acetylation

The degree of acetylation for all the tested membrane samples, i.e., virgin,
oxidized, hydrolyzed, and two commercial samples with poor performance,
are shown in Figure 1. For all the membrane samples analyzed, the
difference between different portions (i.e., inner, middle and outer) of
membrane was found to be not significant as can be seen from the figure,
It is very clear from the figure that the hydrolyzed membrane is definitely
having lower degree of acetylation (acetyl content) than that of the virgin
or the oxidized membranes, where no hydrolysis is supposed to take place.
The commercial membrane (Mem#1) which was in operation for nearly 5
years showed only a slight loss (about 1.4%) in degree of acetylation,
whereas the Mem#2, which was in operation for about 2 years, showed a
remarkable loss in degree of acetylation (about 5%), indicating a severe
degree of the membrane polymer hydrolysis. So, it can be said that the
hydrolysis was the main reason for the pooer performance of Mem#2 and
the observed slight hydrolysis of Mem#1 have contributed somewhat to its
poor performance.

Tensile Strength

The membranes tensile strength and percentage elongation at break are
shown in Figures 2 & 3. Both the percentage elongation and tensile strength
show the same trend in that a reduction in the membrane polymer molecular
weight, resulting from polymer chain scission by oxidation is noticed for the
Mem#] and Mem#2 samples but not for the virgin or hydrolyzed membrane
fibers. The tensile strength of the oxidized fibers could not be evaluated as
the fibers were too brittle for the measurement, indicating that the membrane
polymer is highly oxidized. A maximum value of tensile strength and percent
elongation at break are noticed, as expected, for the virgin membrane fibers,
and with comparable values for the hydrolyzed membrane. Thus proves
that the latter membrane did not undergo any sort of oxidation leading to
membrane polymer scission. Hydrolysis removes the pendant acetyl group
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and is not expected to affect the chain backbone which is responsible for
the polymer strength. By comparison to virgin membrane, the tensile strength
and percent elongation of Mem#2 were 48% and 60%, respectively, of that
for the virgin fibers, indicating membrane polymer oxidation. Whereas the tensile
strength and percent elongation of Mem#l were found to be too much lower
than those of Mem#2, 1. e., only 24% and 1 0% respectively of that of the virgin
fibers (see Figures 2 & 3). So, it can be said that both the commercial membranes
have undergone oxidation, and the Mem#1 which was in operation for nearly 5
years was highly oxidized and more so than Mem#2.

Intrinsic Viscosity

Intrinsic viscosity measurement results support the tensile strength (see
Figure. 4). As expected, virgin membrane was found to have the maximum
value of intrinsic viscosity (1.24 dl/g) and the oxidized membrane had the
lowest value (0.30 dl/g). For hydrolyzed membrane, the intrinsic viscosity
was found to be about 1.24 dl/g indicating that the membrane did no undergo
any oxidation, thus confirming the results obtained by tensile measurement.
Intrinsic viscosity of Mem#2 could not be measured because the fibers
were not soluble in the solvent (methylene chloride / methanol mixture).
This was obvious, because it is known that the solubility of cellulose acetate
polymers in a particular solvent is strongly influenced by the degree of
acetylation [Encycl. of Polym. Sci. & Eng., 1985]. Degree of acetylation
measurement results indicated that Mem#2 had lower degree of acetylation
compared to all the other membranes analyzed, thus making it insoluble in
the solvent by altering the solubility property of the polymer. The Mem#l
sample showed a remarkable reduction in intrinsic viscosity (0.72 dl/g)
indicating that membrane polymer molecular weight was decreased by
polymer chain scission due oxidation, thus supportmg the tensile study that
the membrane was oxidized.

CONCLUSION

By comparison to virgin sample, it was established that same CTA HFF
membrane exposure to high concentration of chlorine and to high pH induced
decreases in Polymer chain molecular weight and in degree of acetylation,
respectively. It was found that both the commercial membranes, Mem#1
and Mem#2 which were in operation for 5 years and 2 years, respectively,
have undergone both oxidation as well as hydrolysis. However, polymer
chain oxidation was the main cause for the degradation in performance of
the commercial sample Mem#1. Whereas, hydrolysis of the pendant acetyl
group was established as the major cause for the degradation in performance
of commercial membrane sample Mem#2.
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ABSTRACT

In earlier publications it was reported that for the first time ever, a new
approach to seawater desalination processes by integrating the nanofiltration
(NF) membrane pretreatment process with one of the conventional
desalination processes to form, for example, an NF-SWRO or NF-MSF or
a combination thereof, such as NF-SWRO,jo-MSF, was developed at
Saline Water Conversion Corporation (SWCC), R & D Center, and was
successfully applied to those cases on a pilot plant scale with remarkable
results. The seawater treatment first with the NF membrane removed from
it turbidity and microorganism, caused significant rejection of the scale
forming hardness ions, e.g., SO4~ by up to 98%, reduced TDS in Gulf
Seawater by up to 65 %, and produced a new, partially desalinated seawater
product, considerably different and superior to seawater in qualities and
without the problems normally associated with seawater of high
concentration of scale forming ions, high TDS, high turbidity and high
bacteria count. The said desalination arrangements led to a significant
improvement in the seawater desalination processes, for example by doubling
the SMRO product water output and recovery ratio and the production of
high purity permeate (TDS < 200 ppm) from one single stage SWRO. Tt
also allowed for the successful operation at high recovery of the MSF as
part of a NF-MSF unit or as part of a trihybrid NF-SWRO,¢;e.-MSF
desalination system, where the reject from SWRO constituted the make-
up to the MSF unit, at top brine temperature of 120 °C, without the addition
to the MSF make-up of acid or antiscalant or antifoam and its operation
under those conditions without scale formation. Moreover, by this tri-hybrid
process, up to 90% of the NF permeate was converted to potable water.
The paper describes the effect of long term operation on the performance
of those seawater hybrid desalination processes.
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INTRODUCTION

In earlier publications [1-4] the application of “A New Approach to
Membrane and Thermal Seawater Desalination Using Nanofiltration
Membranes”, which was developed at SWCC, was described. Use of the
NF membrane as part of feed pretreatment eliminated the main problems
encountered in conventional seawater desalination by removal of turbidity,
microorganisms as well as removal of hardness scale forming ions, e.g.,
SO4~ ions by up to 98% and Ca** ions by up to 90%, and overall reduction
of feed TDS by up to 65%. By the removal of hardness ions and by lowering
of feed TDS, the NF feed pretreatment also has performed a significant
part of the desalination process. Prior to its NF pretreatment the
nonchlorinated seawater feed was filtered through dual media filtration
followed by cartridge filtration without adding the coagulant chemicals which
are normally employed in SMRO feed pretreatment. Moreover, the NF
pretreatment allowed for the successful operation of SWRO in an NF-
SWRO hybrid pilot plant at high permeate recovery, e.g., 80% recovery at
an applied pressure of 65 bars, and producing high purity water in one
single stage SWRO. The NF seawater feed pretreatment also allowed for
the successful operation of MSF pilot plant without its scaling at high
temperature of 120°C and without addition of antiscalant or acid or antifoam
in the following hybrid combinations of : NF-MSF and NF- -SWROrgject-
MSF, where in the first and second cases the NF permeate and the SWRO
reject from an NF-SWRO unit constituted the make- -up to the MSF pilot
plant. Main emphasis in this article is on the long term operation performance
of those NF-seawater desalination hybrid systems.

SOME MAJOR PROBLEMS IN SEAWATER DESALINATION

As indicated in Section 1 and discussed in detail in earlier publication [1-4],
the seawater is characterized by having high concentrations of (1) hardness
ions of SO,~, HCO3-, Ca*™ and Mg*t, (2) TDS, (3) Turbidity and
microorganism. In seawater desalination processes, the hardness ions give
rise to scale formation problem, while specially in the SWRO process high
TDS means high osmotic pressure requiring an increase in applied pressure
to overcome it. This leads to an increase in energy waste in form of pressure
as seawater TDS is increased. The presence of turbidity and microorganisms
in the feed leads to membrane fouling problems. To overcome those
problems and in order to minimize their effect on seawater desalination,
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the seawater feed to desalination plant is pretreated 'to produce a certain
quality feed. This is summarized in Table 1. Presence of hardness ions in
feed to SWRO or Thermal plants requires removal of those ions or inhibition
of their precipitation by addition of antiscalant and by the operation at correct
operating conditions. The high concentration of salts in seawater requires,
when possible, the lowering of TDS which results in lowering of SWRO
feed osmotic pressure and, therefore, also the lowering of process energy
followed by an increase in both permeate flow and recovery ratio. This is
also beneficial to thermal desalination process since lowering of TDS
reduces the concentration of hardness ions. Obviously, removal of turbidity
and microorganisms diminishes the chance of membrane fouling.

Both the high degree of hardness and high TDS place limits on product
water recovery, while depending on the process the presence of large
turbidity, if not removed, tends to degrade plant performance. In the past, it
was demonstrated that use of beach-well effectively removed turbidity and
improved SWRO plant performance. Use of antiscalants proved effective
in preventing scale formation but failed to increase significantly water
recovery in both the membrane and the thermal processes. Also, the
coagulation-filtration process is employed in the removal of fine particles.
This process, however, does not remove the very fine particles or ions with
sizes of less than 1 to 2 um. For removal from seawater of particles with
sizes less than 1 pm, microfiltration (MF), and UF have been used for
separation of particle having sizes above 0.08 and 0.01, respectively [5,6,7].
Other membranes that allow for fine particle separation are the RO and
NF processes. The RO process deals with separation of ionic size particles
in the range of 0.001p or less. The NF Membrane falls in-between the RO
and UF separation range, and is suited for the separation of particle sizes
in the range of 0.01 1 to 0.001p. In addition to the rejection of neutral particles
according to their sizes, as is the case with the MF and UF membranes, the
NF rejection of inorganic matter is achieved by their electrostatic interaction
with the negatively charged membrane [8]. Moreover, the degree of
rejection by the NF membrane is lesser for mono-valent ions, such as CI-,
Na™, than that for the divalent SO,= and Ca**.

The above ion selectivity allowed for the use of NF in the removal of hardness
from low salinity water. It has been applied in softening of brackish water
and drinking water, especially to meet the various Drinking Water Acts,
water softening, removal of color, turbidity, removal of dissolved organic
which are precursors to disinfection by-products (THM) [9-13]. The NF
has been used in other applications to treat salt solution and landfill Leachate
[14], demineralization of whey, removal of sulfate from seawater to be
injected in off-shore oil well reservoirs [15-17], oil water separation, etc.
The use of NF membrane as part of a combined NF-seawater desalination,
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to pretreat feed to seawater desalination plants in order to remove hardness,
to lower TDS, to remove turbidity, has been used by SWCC, for the first
time, in the pretreatment of feed to SWRO and make-up to MSF pilot plant
units in the hybridization process of NF-SWRO, NF-MSF or NF-
SWRO,¢je-MSF [1-4]. With those processes, significant improvement in
desalination processes was achieved. The long term operation effect on
performance of those hybrid system is presented in the following sections.

EXPERIMENTAL

All experimental work was done on pilot plants scale (capacity 20m3/d). A
schematic flow diagram of the NF-SWRO pilot plant is given in Figure 1,
while Figures 2 shows the integration ¢f NF-SWRO with an MSF pilot
plant distiller comprising 2 and 4 stages of heat rejection and recovery,
respectively. Moreover this last arrangement allows for utilization of the
seawater from MSF heat rejection section as the feed to the NF unit during
winter season. The NF-SWRO, the SWRO, and MSF pilot plant set-ups
were described in earlier work [1-4, 5,18]. The NF unit consists of a high
pressure pump and five NF modules each containing two commercial NF
spiral wound membrane elements (size 4"x40"). The feed is supplied to the
first two modules, arranged in parallel, and the reject of each is fed to its
following module which is connected to it in series. Reject from the latter
two modules constitutes the feed for the final fifth module. The SWRO
unit is made of a high pressure pump followed by six SWRO modules, each
contains one commercial spiral wound membrane element (size 2.5"x40"),
all arranged in series as shown in Figure 1. After its filtration without
coagulation, the filtrate was passed to the NF membrane under pressure,
initially of about 18 bars. This was followed by passing the product from
the NF unit to the SWRO unit; or alternatively by passing the NF permeate
or SWRO reject from an NF-SWRO pilot plant, to the MSF unit as
shown in Figure 2. Detail of experimental procedure was given in earlier
publications [2-4].

RESULTS AND DISCUSSION

NF-Trials

Table 2 lists the concentration of the various seawater ions in Gulf seawater
before and after the NF treatment along with their percent salt rejection.
Atan applied NF feed pressure of 18 bars, the concentration of the hardness

ions of Ca**, Mg**, SO,= and HCO;" in NF permeate was 93 ppm, 193
ppm, 206 ppm and 46 ppm, respectively, compared to their concentration in
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seawater of : 481 ppm, 1608 ppm 3200 ppm and 128 ppm. Their average
salt rejection were 80.7%, 87.7% 93.3% and. 63.3%. Total hardness was
reduced by 86.5%. In addition to the reduction of hardness ions by the NF
pretreatment, the Cl- ions were also reduced from 22,780 ppm in seawater
feed to an average of about 16,692 ppm in NF permeate or a reduction of
about 26.7% with similar reduction for the Na* and K*ions. The net effect
of this reduction by the NF treatment in Cl-, Nat and K* ions together with
the reduction in hardness ions caused a reduction in TDS from 44,046 ppm
in seawater to an average of 27,720 ppm for the NF pretreated feed, for a
reduction of 37.3%. The pH of the feed of 8.2 was also reduced to an
average of 7.85 in the NF permeate. Raising the NF feed pressure to 22
bars reduced further the Ca*t, Mg*t, SO, and HCOj3- concentration in
the filtrate thereby increasing their salt rejection (Table 2). Moreover,
reduction in seawater hardness and TDS, the latter by up to 63%, was
achieved when the NF feed pressure was raised to 31 bars, although

hardness reduction was less than in the previous case, at p = 22 bar,
Table 2.

Long Term NF Operation

Figure 3 shows the actual and normalized NF flow of feed, permeate and
product recovery, their conductivity and operating conditions which are
plotted vs operation time. At an applied feed pressure of about 20 bars, the
product conductivity remained steady at about 41,000 ps/cm, while product
water recovery, depending on feed, was about 40 to 45%. Increasing the
NF applied pressure to 31 bars resulted in further reduction of both
conductivity to above 24,600us/cm and TDS to about 16,400 ppm, Table 2.
The normalized NF product flow fluctuated at about 13 I/min at the start of
the operation, to about 11 I/min after 5000 hours of operation time, Figure
3. The seawater filtrate SDI was about 4.3, while the SDI of NF permeate
was less than 1. The differential pressure across the NF membrane (AP)
remained steady at 15 psi (= 1bar).

Figure 4 illustrates the NF permeate flow vs operation time, for about 9700
hours of operation. The data in Figure 4b are fully normalized for feed:
flow, temperature and pressure, while data in Figure 4a are normalized
only for temperature effect. Figure 4a shows that during the cold seasons,
operation hours 6000 to 9000 hours, adjustment of feed pressure allowed
for raising the feed flow by off-setting the decline in flow due to the seasonal
lowering of feed temperature. Full normalization of the data, however, shows
that the decline in flow occurred after the cleaning of the NF membranes
by a commercial phosphate - based type detergent, DMCA-14/BIZ, made
by Cheyma Inc., Monterial, Canada. Use of various cleaning and flushing
procedures failed to improve the permeate flow to its level prior to cleaning.
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Operation at higher pressure of 31 bars instead of 22 bars, however,
increased the permeate flow to its level before membrane cleaning (Figure
4a). However, after cleaning the NF permeate flow remained nearly steady
at its level after the cleaning (Figure 4). Prior to this cleaning the membrane
retention coefficient (MRC) calculated from Qt/Qi was about 80%, where
Qt and Qi are the quantity of permeate flow at time t = S000 hour and initial
time over the first 100 hours.

In the NF membrane process, permeation of the NF permeate through the
membrane occurs by two means, either by passage through the fine pores
or by the RO permeation process. In both cases the permeate flow is
dependent on the applied feed pressure, where up to the membrane flux
limitation, the flow increases as the pressure increases. This is illustrated
in Figure 5a, where bdth the permeate flow and recovery increased while
permeate TDS decreased as the applied pressure is increased. As shown
in Figure 5b, more specifically, the observed increase in permeate flow and
recovery is due to the net driving pressure (Pnet). As illustrated by equation
given in Figure 5b, a good portion of the applied pressure is lost in overcoming
the osmotic pressure (). For example, at the applied pressure of 37.9
bars, the Pnet, the net driving pressure, is only 12.6 bars for a loss in the
applied pressure of 25.3 bars (Figure 5b).

NF-SWRO Trials

During the early operation, 0.0 to 2200 hours at the applied pressure of 56
kg/cm? and feed temperature of 33 + 1 °C, the conductivity of the NF
product, which constituted the feed to the SWRO unit in the NF-SWRO
hybrid system, was 41000 ps/cm. The SWRO permeate flow and recovery
ratio were maintained steady at 5 1/min and about 50%, respectively. This
is illustrated in Figure 6, which also shows the SWRO permeate flow, product
recovery and conductivity plotted vs operation pressure. During the final
phase of SWRO operation, because of a drop in NF permeate conductivity
to about 25000 ps/cm, the same above SWRO permeate and recovery ratio
were maintained at an applied pressure of only 40 bars as shown in Figure
6. Because of the low conductivity of the NF feed it was possible to operate
the unit at 40 bars. Operation at the normally applied pressure of 56 bars
increased both the permeate flow and permeate recovery each by about
40%, Figure 6. Most important, the SWRO membranes maintained, a steady
high performance, which did not decline with operation time when operation
was done at same operating conditions.

The effect of applied pressure on SWRO permeate flow, recovery and

conductivity are illustrated in Figure 7, which for reasons of comparison
shows also the same for the conventional operation of same SWRO
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membranes under identical conditions but without the NF pretreatment.
Passage of the NF permeate to SWRO unit under pressure gave satisfying

' results with AP remaining steady and constant at 2 bars during the entire
operation. As shown in Figure 7, because of the low hardness of SWRO
feed (see Table 2 for ions conc. at 31 bar) it is possible to obtain a recovery
of up to 80% when the pressure is raised to about 70 bars. This high product
recovery was achieved with NF permeate compared to one half this value
or less for normally pretreated seawater feed. The product flow (Q,) and
recovery ratio are also increased directly with the applied pressure (Figure
7). The SWRO permeate from the combined NF-SWRO desalination
system were much greater than those for the SWRO alone when the two
systems are operated .at same pressure and temperature conditions. For
example, at 40 bars the permeate flow and recovery from the conventional
SWRO is 1 I/min and 16.7%, respectively, as compared to a much higher
flow and recovery ratio of 4.8 1/min and 48% from the new process of NF-
SWRO, i.e., for an increase of 480% in flow and by 3 folds for permeate
recovery. Even at the frequently employed pressure of 56 bars (800 psi)
the SWRO product flow and recovery ratios for NF-SWRO : SWRO alone
are in the ratios of 2.43:1.

Moreover, the quality of the permeate product from SWRO process is 4500
us/cm at an applied pressure 40 kg/cm? and drops to 2300 ps/cm at 60 kg/
cm? as compared to less than 500 ps/cm for SWRO permeate from the
NF-SWRO process obtained from the same membrane at the same pressure
range. The SWRO membranes used in this test, Figure 6, are old membranes
and the NF pretreatment revives its low performance. This process (NF-
SWRO) is expected to extend the life of an otherwise ready to be replaced
membranes.

NF-MSF Trials

In this trial NF permeate was used as an MSF make-up at a flow rate of
1.5 m3/hour replacing normal seawater at concentration of scale forming
ions of alkaline and non-alkaline types in the NF feed to the MSF pilot unit
as shown in Table 2, while Table 3 shows for comparison these
concentrations in the brine recycle stream of the MSF operated with NF or
SWRO reject from an NF-SWRO unit as make-up or seawater as make-
up (conventional MSF). Also, listed in Table 3 are pH and conductivity
values of the brine recycle streams. From this table it can be seen that
scaling potentials in the MSF system have been significantly reduced and it
was safe to operate the MSF plant with NF make-up for over 2320 hours,
or with reject SWRO from the NF-SWRO unit for 1000 hours at high
temperature of 120 °C without addition of antiscalant or antifoam chemicals.
At the same operating conditions, the concentration of the scale forming
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ions of Ca™, and SO,~ of 168 and 410 ppm in the NF-MSF case, Table 3A,
and 232 and 1020 in the SWRO reject make-up case, Table 3B, are low
when compared to 882, and 5830 ppm in the brine recycle stream of
conventional MSF. These observations, especially the drastic reduction in
SO4~, Ca™ and Mg*™, are encouraging to project MSF operation at higher
TBT in the range of 120 °C to 160 °C. Thus improving plant production and
hence water cost. Operation of MSF plants at higher temperature should
increase the gain output ratio (GOR) in Kgproduct/K8steam and the
performance ratio (PR) in Kgoroduct/ 1000 Kj, while decreasing the energy
consumption in Kj/Kg product. Finally, the MSF plant operation on NF make-
up remained steady with operation time.

CONCLUSION AND RECOMMENDATION

The NF membrane treatment of noncoagulated dual media filtered seawater
feed to desalination plants removes from it (1) very fine turbidity, (2) residual
bacteria, (3) scale forming hardness ions, in some cases by up to 98% and
(4) lowers its TDS, depending on operation conditions by more than 60%.
With this NF feed treatment the otherwise complex conventional seawater
desalination process, are simplified since the effects on seawater
desalination by the above four factors, which constitute the major problems
in seawater desalination by the conventional processes, are eliminated.
Feeding of the said NF product to desalination plants, whether based on
the thermal or the membrane processes, not only allows for their operation
with less or no chemicals normally.used in the conventional process (i.e.,
antiscalants, and in case of MSF also antifoam) and by raising significantly
their permeate and distillate recovery ratios to 70% and 80%, respectively,
but also by lowering their energy consumption with the ultimate benefit of
lowering potable water production cost. The combination of NF with MSF
process makes it possible to operate MSF plants on NF-product or
SWRO je( from NF-SWRO unit at high distillation temperature of 120 °C
to 160 °C with high distillate recovery, and again without chemical addition
or at reduced level thereof. Similarly, the NF-SWRO process makes it
feasible to produce high purity permeate from a single stage SWRO process
without the need for a second desalination stage. Also, this process improves
significantly the quality of permeate from an otherwise low performance
SWRO membranes. In short, it can be concluded that operation of seawater
desalination plants when combined with this new NF membrane pretreatment
is superior in performance to their operation without the NF pretreatment.
Further, work is required in improving the NF membrane performance at
an applied high pressure of 35-40 bars. Definitely, the process should be
demonstrated by its application to demonstration and commercial seawater
desalination plants.
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Table 1: Pretreatment and Quality Requirements of
Feed Taken from an Open Sea (Surface) Intake

Problems in Seawater]
Desalination Due to

Pretreatment and Quality Requirement of Feed to

Seawater
Characteristics SWRO Thermal
High Degree of Requires Requires
Hardness of * Removal or * Removal or
(Catt,Mg™, * Inhibition of precipitation by | * Inhibition of ppt by adding

8042', HC03')

addition of antiscalant, and by
* Operation at correct

antiscalant
* Operation at correct

conditions conditions

High TDS Requires lowering of TDS Lowering of TDS is not
which essential, but it is beneficial
* Lowers Wastedue to nt by reducing concentration of
* Increases Recovery Ratio hardness ions
* Lowers Energy/m?
* Lowers Cost/m?

High Turbidity (TSS, Requires complete removal * Requires partial Removal

Bacteria, etc.).

* Complete removal of
turbidity, however, reduces
foaming and, therefore,
eliminates need for addition
to make-up of antifoam
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IMPROVING THE PERMEATE FLUX BY UNSTEADY
OPERATION OF A RO DESALINATION UNIT

N.M. Al-Bastaki and A. Abbas
Department of Chemical Engineering
College of Engineering University of Bahrain
Isa Town, Bahrain

ABSTRACT

Concentration polarization in reverse osmosis processes results in a lower
production rate and a higher rate of fouling. In this paper, a reverse 0sSmosis
water desalination unit having a small spiral wound membrane was operated
in a cyclic mode so as to reduce the effect of concentration polarization.
Asymmetric square wave pressure pulses were employed in which the
average pressure was always kept at a value of 25 bars. The effects of the
time split (the duration of the higher operating pressure divided by the
total period of the forcing wave) on the performance of the system was
investigated. For the cases considered, cyclic operation lead to an increase
in the permeate flux of about 6.5% over that obtained from steady state
operation. The maximum permeation rate was obtained at a time split y~0.6.
As for the product quality, the concentration of the salt was not affected
by the periodic mode of operation.

KEY WORDS: Cyclic operation; Asymmetric forcing function; Reverse
osmosis; Water desalination
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INTRODUCTION

Although steady state operation is usually the standard method of operating
process plants, it has been demonstrated in many experimental studies that
improvements can be gained by employing unsteady operation for certain
applications. The unsteady operation may be carried out by introducing
cyclic fluctuations of a key parameter, such as pressure, flow rate or
composition or by imposing flow disturbances. Cyclic operation has been
studied for distillation, liquid extraction, membranes, heat exchangers and
chemical reactors [1-6]. In all of the cases studied, the time average
performance of the process with periodic operation was found to be superior
to that corresponding to steady state operation. In certain reactors, periodic
operation lead to performances which were up to 5 times higher than the
corresponding performances obtained from steady state operation [5].

In membrane processes such as reverse osmosis and ultrafiltration, one
factor which limits mass transfer is a phenomenon known as concentration
polarization. It refers to the presence of a small thickness film near the
membrane in which the solute concentration is much higher than that at
the bulk of the fluid. Such a film of high solute concentration leads to a
reduction in the production rate of the permeate and an increase in the rate
of fouling and scaling. Periodic operation of the process can be used as a
method to reduce the effect of concentration polarization. Most of the
investigations on periodic operation of membrane systems have
concentrated on micro- and ultrafiltration [5]. One of-the few published
works on the effects of cyclic operation on the performance of reverse
osmosis membranes was carried out by Kennedy et al. [6,7]. They varied
the flow rate of a sucrose solution to a reverse osmosis unit according to a
harmonic function. For a frequency of 1 Hz, the permeation rate was
reported to show an increase of 70% over that corresponding to steady
state operation.

In a recent study by the authors of this work, periodic operation of a spiral
wound reverse osmosis desalination unit was employed using a symmetrical
square wave pressure function [8]. For the considered operating pressures,
wave periods and amplitudes, it was found that cyclic operation leads to
increases in the permeation rates of up to 13% over that corresponding to
steady state. The objective of this work is to study the effects of varying
the pressure according to an asymmetric square wave function on the
performance of the RO water desalination unit.
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EXPERIMENTAL SETUP AND PROCEDURE

A schematic diagram of the experimental unit used is shown in Fig. 1.
This experimental setup includes a feed, permeate and concentrate PVC
storage tanks with sizes of 340 liters, 45 liters and 340 liters respectively.
A 1.3 kW pump draws the feed solution from the feed tank through a
cartridge filter and a manual valve, V2, and delivers it at a high pressure
to a FilmTec membrane which is a spiral wound thin film composite type
placed in a GRP shell with 61 mm diameter and a length of 457 mm. The
membrane is housed inside a hoop wound GRP tube with a cylindrical
plug inserted at each end. Each of the permeate and concentrate streams
passes through a rotameter to measure its flow rate before entering into its
corresponding tank. In this investigation, the flow rates were also calculated
from the total amount of each of the two products (permeate and
concentrate) collected at the end of each run and the run duration. The
operating pressure was set using a valve V1 installed in the concentrate
line. The inlet and outlet pressures to the membrane were measured using
Bourdon tube gauges. The concentration of the salt in each of the two exit
streams was measured using a Metrohm type conductivity meter. At the
end of each test a sample was taken from each of the product and concentrate
tanks for conductivity measurements. The concentration of the solute was
then read from available conductivity-concentration calibration curves.

The feed solution employed in the tests was a water solution having a
concentration of 10,000 mg NaCl/liter. The feed solution was prepared by
mixing sodium chloride with distilled water.

Initially, a steady state experiment was performed at an operating pressure
of 25 bars. Note that the duration of this experiment and of each run
performed in this investigation was 30 minutes. The steady state experiment
was repeated three times. The results obtained from all four runs were
similar. The average values of the results of these runs were employed as
a reference point against which the performances of the periodic tests were
compared. Periodic tests were performed using a square wave forcing
function by fluctuating the operating pressure manually around an average
value P=25 bars as shown in Fig. 2. Such a forcing wave may be described
by the following mathematical relation

Pp=_ THPH+ P ¢8)
T

where PH and P are the higher and lower operating pressures respectively.
1 is the period of the wave. t* and 1" are the durations of operation at the
lower and higher pressures respectively. Equation (1) may be rewritten as

597



P =vyP" + (1-y)P*
where,

H
T

and 1= tH+ tt

P=

As stated earlier, the parameters in the right hand side of eq. (2) have to be
chosen such that P=25 bars. For convenience, in all of the periodic runs
performed, a value of 15 bars has been used as the lower operating pressure
Pt. The wave period, 1, was set at 5 minutes. To complete the specification
of the forcing wave, we have two more parameters to set: P* and y. One
parameter will be specified freely and the other is calculated from eq. (2).
In this work, in order to study the effect of the time split, y, of the forcing
wave on the performance of the process, sjx different sets were employed
as shown in Table 1. The values of y ranged from 1 to 0.27. Note that a
value of y=1 refers to the steady state case and y=0.5 represents a symmetric
square wave.

- Table 1. Parameters of the forcing waves used.
For all tests P=25 bars, =5 minutes and P'=15 bars.

PH, bar 25 28 34 40 46 52
Y 1.0 0.77 0.53 0.4 0.32 0.27
T, min 5 3.51 2.39 | 2.00 1.36 1.21
T, min 0 1.49 2.61 3.00 3.64 3.79
RESULTS

The experimental results for the various asymmetric tests are shown in
Fig. 3. The results of four different sets of tests are plotted in terms of a
normalized permeate flow rate, Q,, which is calculated by dividing the
permeate flow rate in the periodic test, Qp, by that from a steady state test,
Q,ie., QN=QP/QS. The avearge flow rate obtained from the repeated steady
state runs was Q_=13.8 1/h. The scatter observed in the results are typical
of reverse osmosis membranes due to the changes that occur on the
membrane surface condition. The solid line is the result of a third order
polynofitting of all the data, which represents the average behaviour. The
average curve shows a maximum at a time split value y~0.6. The maximum
normalized flow rate, Qp, is 1.065, i.e., 6.5% improvement over steady
state operation. In comparison, in an earlier investigation by the authors
an improvement of 13% was obtained using a symmetric wave, y=0.5, and
an average pressure of 45 bars [8]. It should be noted that in the present
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work, the average pressure was kept at 25 bars. This indicates that using
asymmetric periodic operation at higher average pressures will most
probably lead to much higher improvements in the performance over steady
state operation. Currently, further work is being carried to investigate the
effects of the average pressure and other parameters of the forcing wave
on the performance of the process. As for the product quality, the
concentration of the salt was not affected by the unsteady mode of operation.
In all of the runs performed, the value of the salt rejection was about 98%.
Finally, it has to be noted that measurement of the power consumed has
shown that, compared to steady state operation, periodic operation will
not result in any increase in energy requirements. Measurements of power
consumption by a digital energy meter [8] have indicated that the use of
periodic operation results in a negligible increase in power consumption
of no more than 0.05%.

CONCLUSIONS

The results have shown that the use of asymmetric operation improves the
permeate flow rate for time split values in the range of 0.3 to 1, with the
optimum value occurring at y~0.6. With an average operating pressure of
25 bars which was used here, a maximum improvement of about 6.5% in
the permeate flow rate was obtained. Such an improvement in the
production rate does not require any increase in the power consumption.
The salt rejection was found to be about 98% in all of the steady state and
periodic runs performed.
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EVALUATION OF ULTRA-VIOLET RADIATION
DISINFECTION ON THE BACTERIAL GROWTH IN
THE SWRO PILOT PLANT, AL-JUBAIL
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ABSTRACT

The present study summarizes findings of an experiment on the evaluation
of UV- treatment for bacterial disinfection at SWRO pilot plant at Al-
Jubail. Two UV-generation units were installed along the pretreatment line.
One before the dual media filter and the second before the micron cartridge
filter. The study was carried out at three seawater flow rates: the regular
flow operation and two other flow rates below the normal flow. The
investigation was carried out at five locations in the plant: raw seawater
(RSW), after UV-unit (AUV), after media filter (AMF), after cartridge
filter post the second UV-unit (ACF) and the brine (BR). The study showed
90-99% reduction in bacterial counts after UV- treatment as compared to
raw seawater at the three flow rates suggesting relatively good performance
of the first UV-sterilizing unit. However, an increase in bacterial count
was noticed at AMF and ACF. Presumably, the second UV-sterilizing unit
has not reduced the bacterial counts in the feed water at this site. Laboratory
studies also showed that, incubation of UV-treated samples for 24h resulted
in bacterial recovery and aftergrowth. AMF and ACF also registered
reduced Total Organic Carbon (TOC), nitrite and phosphate levels in the
feed water indicating the presence of a nutrient trap before CF. A decline
in phosphate, nitrite and TOC levels were also found in 24h incubated
samples indicating that bacteria had used these nutrients. The study suggests
that while UV-treatment considerably reduced bacterial counts in the
SWRO plant, stagnant condition of the feed water before CF has presumably
led to bacterial recovery.

KEY WORDS: Ultra-Violet Radiation, Bacterial After Growth, Reverse
Osmosis, Micronutrients
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INTRODUCTION

In the last twenty years the use of UV-radiation technology has been
developed and applied on a large scale in treatment of waste water and
drinking water. The germicidal effects of UV-radiation at wavelength
ranging from 227 to 329nm was known as early as 1900 (Barnard &
Morgan, 1903). The action spectrum of UV- degermination exhibits a
maximum at 270nm wavelength for most of the microorganisms (Gates,
1930). It is now well established that killing of cells by UV-radiation is
primarily due to denaturing of deoxyribonucleic acid (DNA) (Block, 1991).
The UV absorption by DNA is maximal at 260 nm so the UV-radiation at
the 260nm is most effective as a lethal agent. Proteins also absorb UV-
radiation, but have a peak at 280 nm. The UV-radiation has already been
suggested as one of the successful disinfection practices for water treatment
(Gaudy and Gaudy, 1980). In addition to bacteria, phages, viruses and
organic micropllutants are also killed or degraded by photochemical wet
combustion down to and below detection limits of organic carbon
(Armstrong, et al. 1966). Therefore UV-sterilization has become a practical
solution to safe disinfection of drinking water. Also, usage of medium
pressure lamps with small reactors has helped to substantially reduce the
capital costs of UV-treatment (Kruithof et al., 1989 a).

The seawater reverse osmosis (SWRO) desalination plants face biofouling
problems from bacteria originating from feed seawater. The problems are
most evident in SWRO plants using surface seawater as feed. Biofouling
leads to decreased SWRO membrane performance and thus affects its
successful operation. Once bacteria are permitted through the pretreatment
system and reach the RO membrane, they divide and colonize the membrane
surface building a biofilm and causing membrane fouling.

Most of the disinfection procedures in SWRO plants can be roughly
classified into: (1) chemical disinfections like chlorine, chloramine, copper
sulfate, chlorine dioxide, hydrogen peroxide and ozone, (2) physical
disinfections such as ultraviolet radiation, ultra sound, X-ray and ionizing
radiation. The chemical disinfectants like chlorine and chloramine are
widely adopted in pretreatment of SWRO plants. However, control of
bacterial growth depends on factors such as chemical concentration, its
nature and mode of action, density of the organisms and total suspended
solid (TSS) content of feed water (Gaudy and Gaudy, 1980). These factors
make it often extremely difficult to attain absolute disinfection processes.

In addition, chemical disinfectants like chlorine may be hazardous to health
directly or through by-products (Kutty et al., 1991). Chlorine which is a
widely used biocide is known to oxidize and degrade the humic substance
in the seawater, thus resulting in smaller molecules which are assimilable
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organic carbon (AOC) (Kruithof et al., 1989 b). The AOC in turn become
a good nutrient source to bacteria (Applegate ef al., 1989) and under such
situations could also result in elevated fast growth of biofilm in the SWRO
plant.

“On the other hand, UV-treatment offers certain advantages: in a closed
system it is safe, it requires only a small space for equipment and it has
got immediate germicidal effect (Haruhiko, 1985). However, incorrect
application of UV-radiation in the feed water treatment can be unsuccessful
(Luckiesh, 1946) and determining the right dosage for a system is therefore
essential. The present study was carried out to evaluate the UV-radiation
disinfection in an SWRO pilot plant at Al-Jubail. v

EXPERIMENTAL

The study was carried out during June-July, 1996, a period known for its
high biological activity of the microorganisms in the seawater feed at Al-
Jubail (Munshi et al., 1995). Samples were aseptically collected for
bacterial growth studies using standard pour plate method (APHA, 1995)
from the following points: 1. Surface raw seawater (RSW), 2. Seawater
After UV-treatment (AUV), 3. After media filter (AMF).4. After cartridge
filter (ACF) following the second UV-treatment., 5.Brine (BR) (Appendix
A). Samples were serially diluted and plated using marine agar 2216. Plates
were incubated at 30 O0C for 48-72h (Munshi et al., 1994) and the colony
numbers were recorded as colony forming units (CFU). Samples were
further incubated at 30 °C for 24 and 48 hours for bacterial aftergrowth
studies.

In order to monitor the changes in micronutrients concentrations during
the UV-treatment process and their possible effects on the bacterial
aftergrowth, TOC and micronutrient measurements were carried out. The
samples for Total Organic Carbon (TOC) were collected in sterilized glass
bottles. TOC was determined by measuring CO, released by catalytic
combustion of organic carbon using infrared detector. The sample was
acidified and total inorganic carbon (TIC) was purged off prior to the
analysis. TOC analysis was carried out using SHIMADZU TOC Analyzer
using the Instruction Manual and USEPA Method (1983). The samples
were also collected for analyses of phosphate, nitrite and silicate and
analysis was carried out following methods of Parsons, ef al. (1985). pH
and conductivity of the samples were recorded using a pH meter (Fisher
Scientific Co.) and a conductivity meter (Yellow Springs Inst. Co.).
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RESULTS

The viable bacterial counts observed at different feed flow rates of
pretreatment and at different locations of the SWRO pilot plant are given
in Table 1. At the three flow rates (2, 4 and 7m3/h) reduction in bacterial
counts was observed at AUV as compared to RSW. While RSW showed
1.21x103 CFU/ml, AUV and AMF showed 1.37x10! CFU/m] and 76.26x10!
CFU/ml, respectively. BR showed an increase in number of bacterial counts
as compared to ACF and AMF except on June 2, 1996 when ACF, AMF
and BR showed identical growth. At 4m3/h and 7m3/h also an increase in
bacterial counts was noticed at AMF and ACF. Therefore, the results
showed that UV-treatment has drastically reduced the bacterial growth
immediately after the first UV-treatment unit but after the media filter and
storage tanks the seawater entering the membrane system showed an
increase in bacterial counts.

The percentage of reduction in bacterial counts achieved by the UV-
treatment is given in Figure 1. The results showed a 90.59 to 99.99%
reduction in bacterial growth after UV-treatment as compared to RSW.
Out of the sixteen observations, fourteen showed reduction above 97%.
June 11 and July 2, 1996 showed minimum reduction of 90.59 and 94.21%
respectively. However, percentage reduction was not related to flow rates.
These results demonstrated that the first UV-unit presently employed in
the pilot plant before AMF has substantially inactivated the bacteria in the
feed seawater at all the flow rates.
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Figure 1. Percentage Reduction in Bacterial Counts
After Exposure to UV-Radiation
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Table 1. Viable bacterial counts (CFU/ml) in seawater at
different flow rates and at different stages of the SWRO pilot plant

Sampling date Sampling stage 7
RSW AUV AMF ACF BR

(2m3/h Flow rate)

June 2, 1996 1.47x103 1.53x10! 1.84x103 4.60x103 1.26x103
June 4, 1996 1.00x103 0.80x10! 1.63x102 5.12x102 7.76x103
June 4, 1996 1.17x103 1.80x10! 2.85x102 5.46x10% 1.35x103
(4 m3/h Flow rate)

June 8, 1996 1.15x104 2.51x10! 1.609x102 1.62x103 1.39x104
June 9, 1996 1.36x103 3.08x102 3.98x102 5.10x10! 8.06x103

June 10, 1996 3.34x103 8.94x10! 2.01x102 3.78x10! 6.77x103
June 11, 1996 3.32x103 3.12x102 5.47x102 1.03x102 3.15x103
June 16, 1996 1.33x104 0.40x10! 5.33x103 2.03x102 6.77x103
June 17, 1996 2.10x103 0.60x10! 5.20x102 2.05x102 5.95x103
(7 m3/h Flow rate)

June 30, 1996 1.46x104 2.50x10! 2.18x104 1.43x10% 9.05x103

July 2, 1996 3.87x103 2.24x102 1.35x104 3.32x102? 1.16x104
July 6, 1996 4.25x103 1.27x102 2.57x103 6.68x103 8.94x103
July 7, 1996 5.22x103 8.88x102 3.28x103 1.03x103 1.02x104
July 8, 1996 5.72x103 3.88x102 2.70x103 2.18x103 1.91x104
July 9, 1996 1.99x104 1.18x102 4.76x102 3.82x103 7.28x103
July 10, 1996 1.43x104 4.51x10! 2.99x102 2.49x105 1.38x104

Bacterial after growth at different locations of the SWRO pilot plant after
24 and 48 h incubation times at 30°C are given in appendix B. AUV was
similar to RSW at all the three flow rates tested. AMF, ACF and BR also
showed similar bacterial growth at the three flow rates suggesting that the
bacteria recovered to normal growth after 24 and 48 h, inspite of the UV-
treatment. The second UV-sterilization unit at HFRO unit appears to have
failed to control bacterial growth.

Conductivity of RSW, AUV and ACF recorded during the study period
are given in Table 2. Conductivity values ranged from 59.4 to 60.0 milli
seimens/cm at the RSW during the period. A slight elevation (about 1
milli seimens/cm) in conductivity was noticed after 24h incubation time
of samples at 300C. In general, conductivity values were identical at RSW,
AUV and ACF. pH values ranged from 8.09 to 8.26 at RSW during the
period (Table 2). pH values were similar even after 24h incubation time at
309C. In general, RSW and AUV showed identical pH but a decrease in
pH was found at ACF. '
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Table 2. Conductivity and pH of seawater at different
Sflow rates and stages of the SWRO pilot plant
(24h measurements are given in parenthesis)

Sample Conductivity
source (milliseimens/cm)

pH

2 m3/h 4 m3/h

7m3/h 2 m3/h

4m3/h 7 m3/h

RSW 59.40 59.50 60.00 8.26 8.10 8.9
(60.40) (59.40) (60.00) (8.15) (8.17) (8.13)
AUV 59.40 - 60.00 60.70 8.16 8.14 8.10
(61.00) (60.00) (60.60) (8.15) (8.17) (8.07)
ACF ND 59.60 60.20 ND 7.82 8.01
(59.80) (59.50) (60.30) (7.72) (7.62) (7.80)
ND- No Data

TOC values ranged from 0.90 to 2.60mg/1 at RSW during the study period
(Table 3). A substantial reduction in TOC values were noticed at RSW,

AUV and ACF after incubation of samples for 24h at 30°C. In general

TOC values were less at AUV as compared to RSW except at 7 m3/h where
TOC values were more at the AUV as compared to RSW. At 2 m3/h a

slight increase in TOC was found. However, at 4 m3/h, TOC was slightly

less at ACF as compared to AUV and at 7 m3/h all the three sites showed
similar TOC values. In general, TOC values declined after UV- treatment

and after 24h incubation time at 300C.

Table 3. Total Organic Carbon (TOC).in seawater at different
Sflow rates and stages of the SWRO pilot plant
(24h measurements values are given in parenthesis)

Sample source  TOC (mg/l) TOC (mg/1) TOC (mg/l)
' 2 m3/h 4 m3/h 7 m3/h
RSW 2.60 1.82 0.90
(1.13) (0.81) (0.95)
AUV 1.46 1.59 1.23
_ (0.48) (0.76) (0.76)
ACF 2.03 0.71 0.80
(0.33) (0.53) (0.72)
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Phosphate concentration at RSW ranged from 0.55 to 1.22 pg as PO, -P/1
during the study period (Table 4). Phosphate values declined at 2 and 4
m3/h when incubated for 24h at 300C. However, at 7 m3/h the values
remained the same even after 24h-incubationat 309C. In general phosphate
levels were identical at RSW, AUV and ACF. Silicate levels ranged from
3.84 to 18.42 ug Si0O, - Si/l. There was no considerable change in silicate
concentration even after 24h-incubationat 300C. At 2 and 4 m3/h RSW
and AUV showed identical silicate levels but slightly high values were
found at ACF. At 7 m3/h a reduction in silicate values was found at AUV
and ACF as compared to RSW. Nitrite levels were relatively low and a
reduction in nitrite levels were found after 24h incubation time at 300C.
Elevated nitrite levels were found at AUV. The results showed that
phosphate and nitrite levels are reduced after 24h incubation time and
silicate levels were similar before and after the incubation.

Table 4. Micronutrients in seawater at different
flow rates and at different stages of the SWRO pilot plant
( 24h measurements values are given in parenthesis)

Phosphate Silicate Nitrite
(ug /1 Po3-4-P) (ug/l Si0,-Si) (ug/t No,-N)
Sample 2 4 7 2 4 7 2 4 7

Source m3/h m3/h m3h m3h m3h m3h m3h m¥h m3h

RSW 122 129 055 3.84 402 1842 BDL BDL BDL
(0.14) (0.33) (0.50) (4.50) (3.94) (15.08) (BDL) (BDL) (BDL)
AUV 122 064 055 384 469 1052 3.03 606 BDL
(0.68) (0.11) (0.75) (4.75) (4.65) (8.77) (2.42) (BDL) (BDL)
ACF ND 064 055 ND 654 1184 ND BDL BDL
(0.41) (0.22) (0.50) (7.0) (6.08) (6.66) (1.52) (BDL) (BDL)

BDL- Below Detection Limit ND- No Data

DISCUSSION

The germicidal effect of UV-radiation is dependent on several factors such
as total dissolved solids (TDS), total suspended particles (TSS),
conductivity, total organic carbon (TOC), total hardness, sensitivity and
type of microorganisms (Gaudy and Gaudy, 1980). The present study
showed that UV-treatment has reduced bacterial counts. The number of
the viable bacteria count of 1.37X10! at a flow rate of 2 m3/h (residence
- time 22.04 secconds) showed a percentage reduction of 98.87 after the
UV-treatment. Other flow rates: 4 and 7m3/h (normal operation rate of the
plant) (11.02 and 6.29 seconds residence time, respectively) had also
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achieved 97.24 and 98.88 percentage of reduction respectively. In total,
the UV-radiation treatment employed in the pilot plant before MF achieved
a high percentage kill of bacteria at the three flow rates.

However, AMF, ACF and Brine samples showed an increase in the bacterial
counts suggesting that the second UV -sterilization unit was not successful
in controlling bacterial growth. The results showed that the source for
increase in bacterial counts at the AMF and ACF appears to be due to
recovery of bacteria after UV- treatment. ACF and brine samples showed
similar bacterial counts. Gaudy and Gaudy (1980) reported that spore-
forming and slowly growing cells are less affected by UV light than
vegetative and rapidly growing cells. Since UV acts primarily on DNA,
there may be no time for repair mechanisms to be put into effect when
cells are rapidly replicating, whereas for less active cells, resistance to
UV may be a measure of the operational repair mechanisms. Johnson et
al., (1978) have reported that there is increasing evidence that bacterial
photoreactivation (recovery after exposure to light) may be a significant
concern in UV-disinfection of secondary effluent which is commonly
discharged into open receiver systems in the United States. Harris et al.
(1987) also reported that sunlight penetrating the receiver system may
reactivate a significant fraction of the UV-inactivated bacteria.
Photoreactivation often repairs much of the damage to the DNA. However,
viruses lack the repair enzymes for the photoreactivation processes (Jagger,
1967). Whitby ef al., (1984) also reported evidence of reactivation in fecal
streptococci. Potential photoreactivation of UV-inactivated coliforms in
secondary effluent has also been reported. The after growth studies also
showed that 24h-incubationtime of UV-treated samples at 309C has resulted
in normal bacterial counts (of untreated seawater). All samples had similar
growth after 24h in spite of the UV-treatment. Therefore, it is reasonable
to presume that in the SWRO plant, bacteria after the UV-treatment have
received ample time to recover prior to the cartridge filter (CF). It is also
possible that 1-2% live bacteria which tolerate UV-treatment could multiply
in the storage tanks under favorable conditions such as availability of
nutrients. The present study on the 24h-incubationtime of bacteria has
shown that bacteria uses phosphate and nitrite. While phosphate
concentrations were unaffected by the UV-treatment, an increase in nitrite
levels after UV-treatment was noticed. However, at ACF the levels of
phosphate and nitrite declined suggesting a nutrient trap prior to ACF,
presumably due to consumption by bacteria in the storage tanks where the
UV-treated feed water is stored. Nitrite is one source of nitrogen to
organisms and only organisms possessing necessary enzymes can utilize
nitrite as a source of cellular nitrogen (Gaudy and Gaudy, 1980). Fenchel
and Harrison (1976) also showed that after inoculation of bacteria, the
concentration of phosphate in the water rapidly decreased and the decrease
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was related to phosphorus consumption. It was also noticed that if the
water was enriched with inorganic nitrogen source, bacterial growth was
more rapid. In natural systems, the phosphate is released from bacteria
when grazed by ciliates (Johannes, 1965). However, at 7m3/h AUV and
ACF had identical phosphate levels. Therefore at 7m3/h, increased flow
appears to mask the difference between AUV and ACF. The laboratory
results also suggested that nutrient consumption takes place during bacterial
growth indicating that the observed nutrient consumption prior to ACF is
due to bacteria. This showed that determination of micronutrients could
be helpful to draw conclusions about the bacterial growth dynamics.

TOC values also showed a slight reduction after UV-treatment except at
7m3/h. However, a substantial reduction in TOC was found at ACF except
at 2m3/h. Active bacteria exude dissolved organic matter in connection
with the decomposition of organic material (Zobell, 1943). In static systems,
the process consists of hydrolysis of particulate carbon using extracellular
enzymes and later the dissolved organic-substrates are assimilated by the
bacteria. The TOC value therefore depends on concentration of substrate,
rate of bacterial metabolism including assimilation (Alexander, 1977).
Jannasch and Pritchard (1972) showed that substrates at low concentrations
were utilized more efficiently in the presence of inert particles such as
sand but not in the absence of substrate or when it is present in high
concentrations. Apparently the reduction of TOC observed at AUV in the
present study is due to physical and chemical change caused by UV-
radiation. Li et al. ( 1996) have also stated that UV-treatment can result in
decarboxylation of compounds including humic acids. However, further
decline in TOC at the ACF appears to be due to consumption by bacteria.
Absence of such TOC consumption at 2 m3/h flow rate (not an operational
flow) remains unclear at this point. Results of the laboratory study also
showed reduction in TOC levels associated with bacterial growth. More
than 50% reduction in TOC was evident after 24h-incubation time.

The results of the present study showed that the significant increase in
bacterial count at ACF is due to bacterial recovery. This data are comparable
to the result from Al-Birk SWRO plant where the bacterial aftergrowth
rates increased after the chlorination point and the aftergrowth rate was
substantially high. Applegate et al., (1989) also reported that the chlorine
degrade humic acids (HA) into small molecules which are assimilable
organic compounds (AOC) and since AOC favor bacterial growth this could
result in bacterial aftergrowth. Li ef al., (1996) found that there is a slight
decay of HA after UV-treatment presumably due to decarboxylation. Egil
et al. (1991) also stated that UV-treatment of water containing humic
substances may cause presence of oxidizing compounds such as single
oxygen, hydrogen peroxide and OH-radicals. While details of chemical
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changes under UV-treatment is not clear at this point, it appears that the
initial bacterial kill by the UV-treatment was followed by bacterial recovery
down the pretreatment line. Therefore, mode of UV-bactericidal action
may resemble chlorine oxidation. It has been observed that even at the
same flow rate the percentage kill by the UV-radiation was subject to
fluctuations at different sampling dates. This is to be expected because it
is known that the efficacy of UV-radiation is affected by the suspended
matter in water column. A turbidity increase could cause decline in the
percentage of kill.

TECHNO-ECONOMIC ANALYSIS

Techno-economic analysis of UV-radiation showed an approximate cost
of 0.73 SR per cubic meter of water (Table V). UV lamps require
replacement after each 8000 hours and this appears to be the only
maintenance cost for the UV-unit. Chlorination would cost about 0.75 SR
per cubic meter of water with relatively high operation and maintenance
cost to achieve similar disifection efficiency. The magnitude of bacterial
recovery after initial kill of both technologies are comparable.

Table 5 Techno-economic analysis of UV-radiation vs Chlorination

Description UV-radiation Chlorine (approx)

Unit Cost 4348.00 2000.00
Operation Cost Nil 4000.00
Maintenance Cost 3827.00 / Lamp 2000.00
Chemical Cost Nil 448.00
Total 8175.00 8448.00
Cost / m3 0.73 0.75
*Bacterial disinfection

Efficiency (%) 90 -99.9 **98.0
**Aftergrowth (k/h) 0.19 0.16

*Chlorine cost calculated at prm dosing (hypochlorite 4.00 SR/m3)
**(Munshi et al., 1995)
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CONCLUSIONS

The following conclusions were drawn from the present study.

1.

The study showed a reduction of 90-99.9% in bacferial count after the
UV-treatment.

At all the flow rates, the bacterial counts increased through the
pretreatment stage specially at the AMF and ACF suggesting that the
second UV-sterilization unit has failed to control bacterial growth.

This also indicates bacterial recovery from UV-treatment, prior to
ACF.

Laboratory studies have shown that bacteria recover from the UV-
treatment within 24h.

The results of laboratory analysis of TOC and micronutrients suggest
that the bacterial growth recovery following UV-treatment resembles
chlorination disinfection.

The following are the advantages of the UV-radiation for disinfection:
1. Relatively less maintenance cost., 2. Requires less space for
equipment., 3. Minimal supervision., 4. Unlike chlorination, UV-
radiation does not facilitate corrosion and 5. No phase change in water
and no toxic by-products.

In summary, UV-radiation appears to be a potential alternative to
chlorination, if it is employed in plant with continuous flow of water. This
would considerably minimize the operation and maintenance cost and avoid
other plant problems allied with the chlorination, particularly discharge of
toxic chlorine by-products such as trihalomethanes into the receiving water.
However, the storage of UV-treated water in tanks during its passage
through different stages of the plant could permit bacterial reactivation
and recovery as evident in the present study. This could eventually affect
the plant performance.
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RECOMMENDATIONS

1. Since suspended particles could affect the efficiency of UV-radiation
treatment, the UV-unit may be installed right before the SWRO
membrane section.

2. To increase the performance of UV-radiation disinfection process in
the SWRO pilot plant, stagnant conditions of water flow such as storage
of water in the tanks may be avoided.
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Appendix A

_Jo Spiral Wound RO Unit

A Schematic Flow Diagram of The SWRO Pilot Plant
Consisting of a common pretreatment and UV-Sterilization Unit

Appendix B
24 and 48h bacterial aftergrowth counts (CFU/ml) in seawater at different

flow rates and stages of the SWRO pilot plant (48h aftergrowth values are
given in parenthesis)

Sampling date Sampling stage

RSW AUV AMF ACF BR
(2 m3/h Flow rate)
June 03, 1996 1.88x105  2.13x104 6.53x104 3.36x105 6.51x104
[June 04, 1999] [NA] [NA] [NA ] [NA] [NA]
June 05, 1996 9.66x104 TNTC  9.26x104 TNTC TNTC
[June 06, 1996 ] [1.46x105] [4.03x105] [1.41x105] [1.3x105] [4.06x105]
June 04, 1996 2.63x104  4.10x103 7.03x105  1.50x105 1.20x105
[June 05, 1999] [NA] [NA] [NA] [NA] [NA]
Mean 1.04x105  1.27x10* 2.86x105 2.43x105 9.25x104
[Mean ] [1.04x105] [4.03x105] [1.41x105] [1.3x105] [4.06x105]

(4 m3/h Flow rate)

June 09, 1996 1.24x104  8.53x103  1.23x10*  6.68x105 2.66x105
[June 10, 1996] [3.00x106] [1.41x105] [1.26x105] [8.3x105] [1.31x105]
June 10, 1996 3.65x104  9.80x104 4.70x104 3.20x105 9.96x10
[June 11, 1996] [1.41x105] [2.75x105] [1.88x105] [3.5x104] [9.73x105]
June 11, 1996 3.07x105 3.25x105 5.93x104 8.70x104 1.41x105
[June 12, 1996] [2.44x105] [1.71x106] [9.56x104] [3.9x105] [3.25x10]
June 12, 1996 5.40x104  1.31x105 3.23x104 3.05x104 5.65x10%
[June 13, 1996] [NA] [NA] [NA] [NA] [NA]
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June 17, 1996

[June 18, 1996]

June 18, 1996
[June 19, 1996]
Mean

[Mean ]

(7 m3/h Flow rate)

July 01, 1996
[July 01, 1996]
July 03, 1996
[July 03, 1996]
July 07, 1996
{July 08, 1996]
July 08, 1996
[July 09, 1996]
July 09, 1996
[July 10, 1996]
July 10, 1996
[July 11, 1996]
Mean

[Mean ]

7.80x104  2.43x10% 2.00x10°
[1.57x10%] [4.70x105] [1.26x105]
8.05x104  4.40x104 7.10x104
[7.20x104] [4.15x105] [1.25x104]
1.12x105  1.26x105 8.44x104
[6.94x105] [6.02x105] [1.09x105]
3.04x105  1.40x106 4.60x106
[TNTC] [5.53x105] [5.11x105]
1.40x105  6.07x105  3.96x10%
[NA]  [NA] [NA]
570x103  1.31x105 7.55x104
[1.30x105] [1.45x105] [2.40x104]
3.00x104  3.52x105 3.29x106
[4.00x105] [1.48x105] [4.45x105]
1.95x104  1.66x105 1.78x10%
[1.05x105] [2.05x105] [2.00x104]
1.76x105  2.65x105 1.07x104
[NA] [NA]  [NA]
1.12x105  4.87x105 1.34x106
[9.16x105] [2.62x105] [2.04x105]

3.30x105
[1.7x105]
1.56x105
[1.5x104]
3.18x105
[2.9x10]

1.32x104
[TNTC]
2.44x105
[NA]
3.10x105
[4.8x105]
8.00x105
[6.2x104]
1.77x105
[1.3x105]
2.07x10°
[NA]
2.92x105
[2.2x109]

1.42x105
[5.20x105]

1.32x105
[3.50x106]

1.67x105
[1.09x106]

1.27x105
[5.33x105]
8.63x10%
[NA]
2.89x105
[5.36x109]
2.02x105
[3.40x109]
2.10x10°
[1.35x105]
1.03x105
[NA]
1.69x105
[3.86x105]
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ABSTRACT

The raw seawater and pre-treatment process investigations at the
Addur SWRO Desalination Plant is, in reality, the crux to pre-treatment
system rehabilitation.

These investigations stand fundamentally crucial in determining the
quintessential basis for the final configuration of the pre-treatment process,
as they play a vital role in determining the suitability of the pre-treatment
design proposed by the consultant (M/s. SWECO International) as a
solution to the existing pre-treatment problems at Addur.

The pilot plant testing and analogous laboratory analyses, which constitute
the investigation work, were initiated towards the end of January 1998.
The tests were jointly performed by the Ministry of Electricity and Water
staff at Addur, together with the technical representative of the consultant,
both in Bahrain and Stockholm, Sweden. The endeavour was to envision
and formulate the selection of the new pre-treatment system design, based
‘on the investigation results, and would seriously reflect on pre-treatment
and RO membranes performance during subsequent plant operation
following the rehabilitation.

In essence, the paper brings to light the details of the raw seawater and
pre-treatment process investigations performed at Addur. The work mainly
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involved laboratory tests on chemical flocculation/flotation/dual media
filtration, pilot plant operation on chemical flocculation/dual media filtration
(with/without flotation), and pilot plant operation with membrane filtration.
The study also went beyond to unfold the neoteric technology of
UF-membrane filtration concept harnessed in this venture. The re-design
approach has not yet been consummated, but would materialize by the time
of paper presentation.

KEY WORDS : Chemical flocculation; flotation; dual-media filtration;
' ultra-filtration (UF) membranes for seawater pre-
treatment; silt density index (SDI).

INTRODUCTION

The shortfall in pre-treatment, augmented by unfavourable environmental
and seawater conditions which take place from time to time all-the-year-
round, all combined have resulted in poor quality of pretreated seawater,
which ultimately caused severe damage to the membranes at Addur, thus,
signifying the necessity for pre-treatment rehabilitation.

Fundamentally, the investigation work included : (1) laboratory tests on
chemical flocculation and dual media filtration, intended to improve pretreated
water quality in terms of lower SDI; (2) laboratory tests on chemical
flocculation/flotation/dual media filtration, intended for further removal of
colloidal matter and fine particles, and to adapt optimum operation-conditions
in the pilot plant tests; (3) laboratory tests on membrane filtration,
principally micro-filtration (MF) and ultra-filtration (UF), as an alternative
to conventional pre-treatment with chemical flocculation, intended to select
two suitable membranes for a site pilot plant trial-operation; (4) pilot
plant operation on chemical flocculation/dual media filtration with/without
flotation (performed during January-June 1998); and (5) pilot plant
operation with membrane filtration (as an alternative to conventional pre-
treatment). All investigations were intended to evaluate the design
parameters for a full-scale plant. '

Up to the end of June 1998, there were /2 Pilot Plant Test Cycles
performed. The tests were carried-out by the Addur Laboratory staff, based
on consultant directions, where the results of each cycle were examined
(by the consultant) as to formulate the basis for the subsequent cycle.
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Figures 1 and Z illustrate the Flocculation/Flotation/Filtration Pilot Plant,
and the UF Membrane Pilot Unit as “Membrane Pre-treatment” utilizing
UF SW-Membrane Elements.

HISTORICAL OVERVIEW OF PRE-TREATMENT PROBLEMS

Since the early days of plant commissioning in 1990(1], the Addur SWRO
Desalination Plant has been going through a series of predicaments. The
most crucial was the inability of the RO System to achieve the plant design
production of 10 MIGD. This was perceived as a direct reflection of the
abnormal feed water conditions materializing in the high SDI of RO feed
water exiting the pre-treatment system as a result of pre-treatment shortfall
and its inability to cope with seasonal changes in seawater state. The
persisting problem associated with the shortfall in pre-treatment was
recognized, essentially, in the failure of the Dual Media Filters (DMFs) to
yield the design filtered water SDI of < 2.7. Over the years, this problem
resulted in a continual rise in AP across the membranes, deterioration in
RO productivity and an ever-rising permeate salinity.

When the Addur plant was handed-over in June 1993, many ventures were
initiated toward the improvement of the pre-treatment system in order to
resolve the major problems suspected of contributing to the high SDI
circumstance being experienced. In its entirety, the maJor trials performed
on the pre-treatment alone involved :

i) Variation of pH across the DMFs to achieve an improved coagulation
refinement.

i)  Variation of residual-chlorine concentration across the pre-treatment
to assess chlorination efficacy and chlorine demand.

iii)  Study of dechlorination efficiency and consequences.

iv)  Variation of coagulant and coagulant-aid dosing rates to establish
new guidelines for an improved coagulation/flocculation process.

v)  Revising the DMFs’ backwash sequence and backwash cycles.

vi) Investigation of DMFs and Cartridge Filters (CFs) performance
efficacy/durability.

vii) Analytical investigations of sludge samples from the DMFs feed
channels and mud-balls extracted from the DMFs beds.

During the final quarter of 1995, two major modifications, involving pre-

treatment chemicals, were carefully studied and implemented. Firstly, the
coagulant and coagulant aid dosing points were brought up-stream the
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Contact Tank, essentially, to offer longer residence time for coagulation/
flocculation to transpire. Secondly, the sodium bi-sulphite (SBS) dosing point
(dechlorination) was relocated from the CFs outlet to the immediate suction
points of the individual high pressure pumps, which was necessary to provide
an extended chlorine exposure in the piping upstream the RO Trains to
delay biological re-growth that normally succeeds dechlorination.

However, all trials and modifications provided trivial improvements, in terms
of pre-treatment SDI reduction, whilst pre-treatment rehabilitation was
foreseen as the only solution to the problem.

OUTLINE OF INVESTIGATION TRIALS AND RESULTS

The raw seawater investigation involved 12 Laboratory and Pilot Plant
Operation Test Cycles, (performed during 19th January - 231 June 1998),
with each being concluded within a 6-day period. The Laboratory Tests
(Jar Tests) were followed by Pilot Plant Tests so as to verify the Laboratory
Tests results, with the intention of investigating each parameter separately
for optimization. Tables I, IL, III and IV comprise the results and analyses
of the final fest-day of each cycle, as being most representative.

Cycle 1 (19th - 27th January 1998)

Ferric chloride (FeCls), as coagulant, cationic polymer (Superfloc C573),
as coagulant aid, and sulphuric acid (H,SO,); for pH adjustment, were
tested. Laboratory Tests were planned such that a direct comparison
between chemical pre-treatment with/without flotation was possible.
FeCl;, H,SO, and polymer dosing rates between 1.5-5.0 mg/] (as Fet*+),
25-75 mg/l and 0-0.4 mg/], respectively, were evaluated. The optimum rates
were 2.5 mg/l Fe***, 25 mg/l H,SO,4 and 0.2 mg/I polymer. SDI results
were higher than expected (> 4.0).

Pilot Plant Tests were based on the optimum FeCl; and H,SO, dosing
rates obtained through the Laboratory Tests. No polymer was added during
day-1, while 0.2 mg/l was used during day-2. Detention time for flocculation
was 15 minutes (used for all cycles), with the agitation rates in the three
compartments of the Flocculation Tank set at 28/24/14 rpm. Two recycle
flows for flotation were tested, 10% and 20%, at 6 Bar air dissolution
pressure.

The addition of 0.20 mg/l polymer was favourable, with respect to colloidal
matter removal. The SDI was slightly lower after flocculation/flotation/
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dual media filtration (3.10) compared to corresponding conditions without
flotation (3.13).

Cycle 2 (7th - 14th February 1998)

Laboratory Tests indicated that 2.5 and 2.0 mg/l Fet** showed similar results
at 25 mg/1 H2SO4, 0.25 mg/] polymer and 75 rpm. Optimum H,SO, dosing
rate was 25 mg/l with/without flotation, yet it was difficult to determine
whether 0.25 mg/l polymer was better than 0.50 mg/l. Residual iron after
the laboratory DMF was extremely low (<0.01 mg/1), but, conversely, the
SDI value was extremely high (5.5-6.0). The test was repeated, and SDI
reduced to 4.1-4.2.

2.5 mg/l Fe***, 25 mg/l H,SO, and 0.25 mg/l polymer were used in the
Pilot Plant Tests, at 22/22/22, 33/33/29 and 44/44/29 rpm flocculation rates,
10% recycle flow and 6 Bar air dissolution pressure. The results showed
significantly lower SDI values at higher rotation rates. The lowest SDI
values obtained after DM-filtration with/without flotation were 3.01/
3.13, i.e. about 0.12 SDI-unit lower with flotation.

Cycle 3 (16th February - 15t March 1998)

Laboratory Tests performed on the agitation rates between 50-125 rpm
(with 2.5 mg/l Fe***, 25 mg/1 H,SO,4 and 0.25 mg/I polymer) indicated that
75 rpm was better without flotation, but differences were insignificant with
flotation. During day- 3, 2.0 mg/l Fe™** was selected, at 125 rpm and filtration
through laboratory DMF. All SDI values after filtration were considerably
high (> 5.2).

Pilot Plant Tests were performed to investigate the influence of FeCl; dosing
rate within 1.0-2.5 mg/l Fe***, at constant H,SO, and polymer dosing rates
© (25 mg/l and 0.25 mg/l, respectively) and 33/33/29 rpm. 1.0 mg/l Fe*** was
too small, with respect to floc characteristics. The rotation rates between
22-33 rpm seemed better. The lowest SDI values with/without flotation
were 2.91/3.05, i.e. about 0.14 SDI-unit lower with flotation.

Cycle 4 (8th - 12th March 1998)
Laboratory Tests showed 1.5 mg/l Fet** being too small for flotation, but

was not so for flocculation. Effect of 0.25-0.50 mg/l polymer seemed
negligible for flocculation, while 0.50 mg/l was better before DM filtration.
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2.0 mg/l Fe*** was tested with and without 25 mg/l H,SO,4 and 0.25 mg/1
polymer, at 75 and 125 rpm,; the results indicated that 125 rpm was better
for flocculation, while 75 rpm was better for flocculation/flotation before
DM filtration. '

Pilot Plant Tests were conducted to investigate the effect of declining

rotation rates (33/33/29, 56/33/29, 56/44/29 and 44/44/29 rpm), with

2.0 mg/1 Fe***, 25 mg/1 H,SO,4 and 0.25 mg/1 polymer. SDI measurements,

after DM filter back-washing, were carried-out until a stable value was

obtained, (which occurred after 4 hours filtration). The best SDI

results (of 2.84), after DM filtration, were obtained at 56/44/29 and
44/44/29 rpm.

Cycle 5 (17th - 19th March 1998)

Laboratory Tests performed with 2.0 mg/l Fe***, 25 mg/l H,SO, and
0-0.50 mg/1 polymer, at 125 rpm, showed humic acids (HA) concentrations
between 0.39-0.74 mg/I.

Pilot Plant Tests performed with 2.0 mg/l Fe***, 25 mg/l H,SO, and
0.25 mg/l polymer, at 33/33/29 and 56/44/29 rpm rotation rates, respectively,
showed SDI results of 3.07 and 2.91 with flotation, and 3.18 and 2.99
without flotation.

Cycle 6 (17th March - 2nd April 1998)

Laboratory Tests were performed to evaluate different polymers, namely
Magnafloc LT20 (nonionic), Magnafloc LT22S (30% cationic), Magnafloc
LT25 (20% anionic), Praestol 611TR (weak cationic), Praestol 650TR
(middle-strong cationic), Praestol 2530TR (middle-strong anionic) and
Fennopol N200 (nonionic). Polyaluminium chloride (KEMWATER PAX-
XL60S) was also tested as coagulant.

2.0-2.5 mg/l Fe*** and 0.8-2.0 mg/1 polyaluminium chloride were tested
separately with 0.25 and 0.50 mg/l polymer, at 125 rpm. While FeCl; was
tested with 25 mg/l H,SO,, polyaluminium chloride was tested with and
without H,SO,, as pH-adjustment is known to be less sensitive with the
latter coagulant. 0.50 mg/l Praestol 611TR showed better results with FeCls,
in terms of turbidity. Polyaluminium chloride tests were performed with
0.25 mg/1 Superfloc C573, and two with 0.50 mg/1 Fennopol N200.
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With 2.5 mg/1 Fe***, 25 mg/I H,SO, and 0.25 mg/l Superfloc C573, residual
Fe was extremely high (0.12-0.13 mg/I) after flocculation and filtration
through Whatman #1 filter paper, while corresponding residual Al was low
(0.02 mg/1, on average). Optimum dosing rates were 1.4 mg/l polyaluminium
chloride, 25 mg/1 H,SO, and 0.25 mg/I Superfloc C573, while results with
0.25 mg/1 Fennopol N200 were a little better.

Pilot Plant Tests on flocculation/flotation/dual media filtration were
performed for FeCl; and polyaluminium chloride in combination with the
above polymers, at 56/44/29, 50/45/50, 44/44/44, 44/44/29 and 33/33/29
rpm. There was no distinct difference between the polymers tested. Lowest
SDI values of filtered water obtained with/without flotation were
2.83/2.85 (for 2.0 mg/l Fe*t**) and 2.84/2.88 (for 2.0 mg/l poly-
aluminium chloride), with 25 mg/I H,SO, and 0.25 mg/l Superfloc C573, at
50/45/50 rpm.

The Membrane Pre-treatment Unit, (Figure 2; Fluid Systems Ultra 8321
UF Spiral-Wound polyether-sulphone PES membrane, incorporating 3 X 8
“elements in one pressure vessel), was operated on 315t March 1998. The
operating conditions were 3 Bar feed pressure, 7 m3/h recirculation flow
(changed to 4 m3/h from Cycle 7 in order to decrease pressure loss), 90%
recovery rate, and a retentate equaling 10% of feed flow. The total operating
time during this cycle was 19 hours, while the calculated membrane flux on
start-up was 39.7 I/m2h, at 25°C, and decreased to 36.2 I/m?h after 5.25
hours, and was 32 I/m?2h during the remainder of the test. The SDI value of
UF filtrate was about 0.5.

Cycle 7 (13th - 18th April 1998)

Pilot Plant Tests continued using 2.0 mg/! of Fet** and of polyaluminium
chloride separately with 25 mg/l H,SO, and 0.25 mg/1 Superfloc C573, at
constant rotations of 33, 44, 55 and 66 rpm, respectively. SDI results indicated
that 44 was slightly better than 33 rpm, and similarly with 44 and 55 rpm,
while it was the other way round with 55 and 66 rpm. With polyaluminium
chloride, the difference between SDI values of filtered water with respect
to rotations were smaller (0.10 SDI-unit higher at 66 than at 33 rpm). The
lowest SDI values for filtered water with/without flotation were
3.16/3.08, with FeCl; at 55 rpm.

Membrane Pre-treatment Unit operation performed for 32 hours during 4
days. Flux decline form start-up till end of test period was 4.9 1/m2h, at 3
Bar and 25°C, (i.e. after 53 hours of total operation time), corresponding to
about 12% of the calculated membrane flux on start-up (39.7 /m2h).
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Pressure loss calculations indicated that a combined-feed flow (= feed
flow + recirculation flow) of 8 m3/h not to be exceeded. Operating conditions
were as in Cycle 6, with 4 m3/h recirculation, and membrane flushing was
carried-out for 5 minutes at the beginning of each day (using 200 litres of
10 mg/1 NaOCl, at pH 10 and 4 m3/h recirculation rate). The SDI value of
UF filtrate was 0.42.

Cycle 8 (23rd - 25th April 1998)

Pilot Plant Tests were performed with 2.0 and 2.5 mg/l Fe***, and
25 mg/1 H,SO,4 and 0.25 mg/1 Superfloc C573, at 44 and 55 rpm. The results
were best with 2.0 mg/1 Fet** at 55 rpm, where the average SDI values
with/without flotation were 3.76/3.88. The SDI values obtained on the
final day with/without flotation were 4.22/4.00.

Membrane Pre-treatment Unit operation was performed for 22 hours, with
the operating conditions as in Cycle 7. Membrane flux decreased form
34.3 to 27.6 1/m?2h, at 3 Bar and 25°C, corresponding to above 20%. The
SDI values of filtered UF filtrate on each test day were 0.53, 0.67 and
0.68. It was evident that the abnormal seawater condition during the final
day had no distinct predominance on the UF membrane performance, unlike
the case with chemical pre-treatment.

It was also of interest to investigate whether or not the SDI is of an
equalizing-nature when samples of different values are mixed. Hence,
equal volumes of filtered water from chemical pre-treatment (SDI = 4.22)
and UF filtrate (SDI = 0.68) were mixed. The SDI of the mixture was
3.30, which was higher than the arithmetic average of the SDI values of
both volumes (2.45). Therefore, the SDI does not seem to be an equalizing
parameter; further investigation is required to confirm this conclusion.

Cycle 9 (29th April - 4th May 1998)

A finer sand quality, compared to the one used at Addur, was tested. The
sand in one dual media filter was replaced with fine sand (used-sand) from
the Ras Abu Jarjur RO Desalination Plant. SDI measurements after
flocculation/flotation/dual media filtration for both columns were performed
for performance comparison of both sand qualities.

Laboratory Tests, without flotation, were performed using 1.0, 1.5, 2.0 and

2.5 mg/1 Fet** with 0.25 mg/1 each of Superfloc C573 and Magnafloc LT20,
while maintaining 25 mg/l H,SOy, 125 rpm, 15 minutes flocculation and
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Whatman #1 filtration as constants. The results, evaluated with respect to
turbidity and residual iron in filtered water (Table V-A), indicated
2.5 mg/l Fet*+ was the optimum, with little difference between the two
polymers.

Pilot Plant Tests, with flotation, were performed using 2.5 mg/l Fe***,
25 mg/1 H,SO, and 0.25 mg/l Superfloc C573, at 33, 44, and 55 rpm. The
flocculated and floated seawater was filtered through the two dual media
filters (fine sand/Addur sand); on day-1, the SDI values were extremely
high (4.9/4.5), and were still high on day-2 (4.4-4.5/3.8-3.9), where the
effect of rotation was trivial with flocs being bigger at the lowest rpm. On
day-3,2.0 mg/1 Fet**, 25 mg/l H,SO,, and 0.25/0.75 mg/1 Superfloc C573,
was tested at 33 rpm, but there was no positive effect on SDI with
0.75 mg/1 polymer (4.4-4.5/3.9-4.1). During the final day, the SDI results
were a little better (4.11/3.49) with 0.25 mg/I Superfloc C573, where 38
rpm was selected as best. It was evident that fine sand has shown markedly
higher SDI values of filtered seawater after flocculation/flotation than Addur
sand.

Membrane Pre-treatment Unit operation performed as in Cycle 8. Following
membrane cleaning using Fluid Systems Solution L1 (sodium tri-
polyphosphate/tri-sodium phosphate and Na-salt of EDTA, at pH 10.5-11.5),
increase in membrane flux was relatively small, (form 27.6 to 28.2 I/m2h at
3 Bar and 25°C). The SDI was measured to be 0.70.

Cycle 10 (9th - 12th May 1998)

Laboratory Tests were performed, without flotation, using 1.0, 1.5, 2.0 and
2.5 mg/l Fet™ with 0.25/0.75 mg/1 Superfloc C573 and 25/50 mg/1 H,SOy,
while maintaining 100 rpm, 15 minutes flocculation and filtration through
Whatman #1 as constants. With respect to turbidity and residual iron, the
results, after Whatman #1, were a little better with 50 mg/l H,SO,4
(pH 6.22-6.24) compared to 25 mg/1 (pH 6.71-6.76), while differences in
coagulant dosing rates were small. Improved results through increasing
H,S0, dosing rate were valid for HA, with best results obtained at
2.5 mg/1 Fe*** and 50 mg/1 H,SO,4 (pH 6.22).

Analyses of seawater samples filtered through activated carbon (AC)/CFs
outlet (Table V-B) showed more than 90% HA removal and complete
removal of UV Absorbance, but increased bacterial and microorganisms

concentrations after AC filtration.

Pilot Plant Tests were performed using 1.5/2.5 mg/l Fet*+, 25/50 mg/1
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H,S0, and 0.25 mg/l Superfloc C573, at 40 rpm. SDI results after
flocculation/flotation/dual media filtration were best with 2.5 mg/I Fe++*
(3.1), at pH 7.07-7.10 (25 mg/l H2SO4), while at pH 6.2-6.3 (50 mg/l
H,SO,4) SDI was best with 1.5 mg/l Fe*+* (3.0). The results indicated
that increasing H,SO, dosing rate could permit decreasing FeCl3 dosing
rate. During final day, with 1.5 mg/l Fe***, 50 mg/I H,SO, and 0.25 mg/l
Superfloc C573, SDI value was 3.17.

Membrane Pre-treatment Unit operation was performed as in Cycle 9, in
parallel with Chemical Pre-treatment, for 24 hours combined operation time
(completing 108 hours from initial start-up). Rather than the contrary, UF
filtrate flow increased with time from 26.6 to 28.2 1/m2h, at 3 Bar and
25°C. Following membrane cleaning, flux was not sufficiently restored;
thus, cleaning was repeated using Solution L2 (100 mg/1 CI, max. in a Na-
salt of EDTA solution, at pH 10.5-11.5). Flux decline from the initial
40 1/m?h to about 28 1/m2h seems to be an irreversible decline that occurs
to a varying degree for all new UF membranes.

On days 2 and 3, SDI values of UF filtrate were 0.65 and 0.54,
respectively. As in Cycle 8, SDI for an equal volumes blend of UF filtrate
(0.54 SDI) and dual media filtered water after flocculation/flotation (3.17
SDI) was measured as 2.01; i.e. higher than the arithmetic average SDI of
the two volumes (1.855).

Cycle 11 (19t - 24th May 1998)

Laboratory Tests were carried-out using 1.0, 1.5, 2.0 and 2.5 mg/l Fe*++
with 25/50 mg/l H,SO,4 and 0.25/0.75 mg/1 Superfloc C573. Turbidity and
residual iron were determined after filtration through Whatman #1, whereas
HA, TOC and UV were determined after filtration through fresh AC; (Table

- V-C). HA dropped from 0.5 to 0.12 mg/1 at pH 6.9, and to nil at pH 6.5,
after filtration through AC.

Pilot Plant Tests were performed with flocculation/flotation, DM filtration
and AC filtration, to investigate removal of organic colloids, using
1.5/2.5 mg/1 Fe***, 25/50 mg/1 H,SO, and 0.25 mg/l Superfloc C573, at
40 rpm; (Table V-D).

SDI values for DM filtered water were lower at 2.5 mg/l Fe**+ and
independent of pH, whereas the corresponding values for AC filtered water
were considerably lower and relatively independent of FeCl; dosing rates.
With 2.5 mg/l Fe***, 25 mg/l H,SO, and 0.25 mg/1 Superfloc C573, at
23-40 rpm, the SDI value after DM filtration was much higher (4.0)

628



compared to that after AC filtration (3.16) at 26 rpm. On final day, at 40
rpm, the SDI value for DM filtered water still high (3.91), and increased
to 3.69 for AC filtered water, which may be attributed to deterioration of
the activated carbon with time.

Membrane Pre-treatment Unit operation performed as in preceding cycles,
for 36 hours within 4 days. Membrane flux development, at 3 Bar and
25°C, was 29.9 1/m2h at start of cycle (i.e. after 108 hours of total membrane
operation) and was 28.3 1/mZh at end of cycle (i.e. after 144 hours of total
membrane operation). On final day, the SDI value of UF filtrate was 0.45,
while the value for an equal volumes blend of UF filtrate (0.45 SDI) and
DM filtered water (3.91 SDI) was measured as 2.81, i.e. higher than the
arithmetic average of SDI values of both volumes (2.18).

Cycle 12 (13th - 23rd June 1998)

Pilot Plant Tests were performed with FeCl; and polyaluminium chloride to
investigate more extensively the effect of pH (7.0, 6.0 and 5.0) and agitation
rates on the removal of organic matter (HA)..

With 2.5 mg/l Fe**+ and 0.25 mg/l Superfloc C573, the results showed
lower SDI value of filtered water at pH 7.0 while the influence of rotations
(40-60 rpm) was small. On the final day, using the same conditions at 60
rpm, the SDI value of DM filtered water was 3.13. It was apparent that
some colloidal matter could not be possibly removed by chemical flocculation,
probably due to small colloidal size. With polyaluminium chloride, similar
results were also obtained at pH 7.0, while the SDI value decreased
from 3.28 to 3.05 when the polyaluminium chloride increased from 1.50 to
2.50 mg/1.

Membrane Pre-treatment Unit operation was performed as in preceding
cycles (6 to 11), with an extended operation, up to 26t July 1998, for 86
hours (from 144 to 230 hours of total membrane operation), while membrane
cleaning was carried-out using Solution L2 after. 1,75 hours, on 16t June
1998. Membrane Flux improved from 27.1 to 28.6 1/m2h, and dropped to
27.2 1/m2h after 230 hours. On final day, the SDI value of UF filtrate was
0.75.

At the end of Cycle 12, first UF membrane cartridge was sent for autopsy,
and new UF membranes (Trisep, Spiral-Wound, Cut-off = 100,000) were
installed for further trials.
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OBSERVATIONS AND RESULTS INTERPRETATION

The following are the most vitally incisive observations and results on the
overall Pilot Plant testing :

. All test cycles involved alterations of Pilot Plant chemicals’ dosing
rates (i.e. FeCl;, H,SO, and polymer), as well as the agitation rates
for flocculation, for the main objective of optimising these parameters
to achieve best results in terms of SDI.

. Results of FeCl3 and polyaluminium chloride tests were similar,
with 2.0-2.5 mg/l Fe*** and 1.4-2.0 Al*** evaluated as optimum.
The effect of polymer was relatively minor, with 0.25 mg/l being an
optimum; none of the polymers tested showed better results than
Superfloc C573 (which is in-use at Addur), providing insufficient
improvement in terms of colloidal matter removal. Optimum pH for
flocculation was around 7.0, corresponding to 25 mg/I H,SO,, with
15 minutes detention time being best. The optimum agitation rate
for flocculation (in the three Flocculation Tank compartments)
seemed to be around 40 rpm, with constant rates being more
effective than declining rates, in terms of filtration-effect.

. Seasonal changes in weather and seawater conditions, which
normally have adverse effect on the performance of the existing
plant, were also affecting the performance of the chemical pre-
treatment Pilot Plant in a similar manner, but had negligible influence
over the UF Membrane performance.

. The sand and anthracite used in the Pilot Plant testing was used-
material from Addur and the fine sand was also used-sand from
the Ras Abu Jarjur RO Desalination Plant, while only activated
carbon was fresh.

] As SDI is the most important parameter in the whole investigation,
Table VI/Chart 1 illustrate the SDI values obtained during the
Pilot Plant final test-day of each cycle, as being the most
representative and most relevant throughout the trials. The following
are some interpretations of the tabulated results :-

. On the final day of Cycles 8 and 9, a maximum SDI value
of > 4.0 was obtained, which was a reflection of
unfavourable raw seawater condition during those
periods, while the SDI values of the Cartridge Filters
outlet at the existing plant were 4.40/4.46.
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. Throughout Cycles I to 12, the highest and the lowest SDI
values of filtered water obtained with/without flotation
were 4.22/4.00 (Cycle 8) and 2.83 (Cycle 6)/2.84 (Cycle
4), respectively. Thus, with flocculation, flotation and
dual media filtration Pilot Plant processes, it was only
on a few occasions, and with difficulty, that the SDI was
marginally reduced to less than 3.0 (not even < 2.8),
which was achieved after enormous effort and numerous
trials.

. Based on chemical pre-treatment SDI results during the
final day of each cycle, the SDI values were 40% of the
time below 3.0 without flotation, and 29.4% of the time
below 3.0 with flotation, corresponding to an overall
33.3% of the time below 3.0. On the other hand, based on
UF membrane pre-treatment SDI results (Cycles 6 to
12), the SDI values of UF filtrate were 100% of the time
below 3.0.

. The average SDI value of Cycles 1 to 12, final-day, was
3.261 after flocculation, flotation and dual media
filtration, and 3.113 after flocculation and dual media
filtration, i.e. the average SDI value was higher with
flotation. Final day SDI measurements of only Cycles 1,
2, 3, 5 and 6 have demonstrated that the Flotation Unit
was able to reduce the-SDI by an average of only 0.077
SDI-unit.

DISCUSSIONS AND CONCLUSIONS

] The major objective of the Pilot Plant testing at the Addur SWRO
Desalination Plant was to prove the adequacy of the Flocculation/
Flotation/Dual Media Filtration pre-treatment design proposed by
the consultant to reduce the SDI value of raw seawater to a value
< 3.0. The results showed that only on a few occasions the SDI
was marginally brought down to < 3.0 (not even < 2.8), as they
were < 3.0 during 40% of the time without flotation and 29.4% of
the time with flotation, corresponding to an overall 33.3% o< the
time being < 3.0. These SDI results have evidently indicated
that the proposed design was inadequate to satisfactorily achieve
the desired objective, providing insufficient evidence to conclude
the suitability of this design.
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The Ultra-Filtration (UF) membrane pre-treatment, introduced in
Cycle 6 as an alternative to chemical pre-treatment, has very sharply
brought down the SDI of the non-pretreated/chlorinated seawater
from the normal seawater SDI of about 16-19 to a value of < 1.0.
Even though, the operating and chemical cleaning/flushing aspects
of this technique require further examination and research.
Nonetheless, from an SDI standpoint, the extremely low SDI
results of UF filtrate (Cycles 6 to 12, where the SDI was 100%
of the time < 3.0), is worth giving the concept of UF membrane
pre-treatment process some serious consideration as an
alternative solution to chemical pre-treatment at Addur.

Rough seawater conditions, which adversely affect the
existing plant performance, were also perceived to affect the
Pilot Plant performance in a similar manner (Cycles 8 and 9).
It is, therefore, viable to conclude that the Pilot Plant design, as it
stands, cannot be considered as a solution to Addur pre-
treatment problems. Fundamentally speaking, regardless of
seawater state, any pre-treatment design worthy of
consideration has to stand unaffected against all types of raw
seawater conditions, as it is the case with the UF membrane
pre-treatment.

Final-day SDI values of Cycles 1, 2, 3, 5 and 6 have shown that
the Flotation Unit was barely able to reduce the SDI by an
average of 0.077 SDI-unit. On the other hand, the final-day
average value of SDI values of Cycles 1 to 12 was 0.148 SDI-
unit higher with flotation. Hence, the Flotation Unit has
demonstrated that its contribution to the reduction of
flocculated raw seawater SDI value was insignificant.

Alterations of FeCl;, H,SO, and polymer dosing rates, ensued
in the Pilot Plant trials, were in a similar manner to that performed
on the existing plant during intensive trials one and a half years
ago; even then, it was not much of a success.

According to the Pilot Plant test results, the optimum chemicals
dosing rates were evaluated as 2.0-2.5 mg/l Fe*** (FeCl;), 1.4-
2.0 Al*** (poly-AICl;), 0.25 mg/l polymer (Superfloc C573)
and 25 mg/l H,SO, (with an optimum pH for flocculation of
7.0).

The agitation rates in the Flocculation Unit did not seem to
have a consequential influence on the flocculation process, in
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terms of SDI reduction. However, 40 rpm appeared reasonably
best, at a flocculation detention time of 15 minutes, with
constant rates being more effective from a filtration-effect
perspective. ‘

The Pilot Plant Trials also involved testing of fine-sand and fresh
AC. As foreseen, the fine-sand was not much of a success, where
the SDIX value for a flocculated/floated/filtered water sample
was 0.62 SDI-unit higher than that with the Addur sand (Cycle
9, final-day results). In the case of fresh AC (Cycle 11), initial
test results showed slight drop in SDI value for a flocculated/
floated/AC-filtered water sample (just below 3.0), but as the AC
grew saturated, the SDI value became similar to DM filtered
water. Based on these results, it is concluded that the
employment of AC for seawater pre-treatment at Addur is
not promising.

Investigations performed on the efficiency of organic matter and
microorganisms removal using AC-filtration, at lower pH, have
shown improved HA removal over MD-filtration, of up to 75%
(Cycle 11, Jar Tests results). However, by virtue of the fast
saturation tendency of AC, the resulting high SDI value does
not validate the technique as a complete success.

While the general perception that the colloidal matter in the raw
seawater at Addur is of an inorganic nature, the SDI results of
the AC-filtered water sample suggest that it may be of an organic
nature; still, it could very well be a combination of both.

TOC analysis indicated that organic matter in raw seawater was
inconsistent during the trial period, in the range 0.17 to 4.23 mg/1. It
was noted that TOC content rapidly increased-to 3.90 mg/l, at the
beginning of May (Cycle 9 results), as raw seawater temperature
increased. It was clear that, on average, TOC removal was about
twice as much with UF membrane compared to that with
flotation.

As raw seawater temperature was increasing during the trial
period, from 16.8 to 33.6°C (Cycles 1 to 12, respectively), there
was an increasing trend in Total Bacterial Population (AODC,
total) from 29,090 to 127,700 Cells/ml, respectively.
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EPILOGUE

In essence, this paper has been intended to bring to light the most essential
results of the Raw Seawater and Pre-treatment Process Investigations
performed at The Addur SWRO Desalination Plant, perceived as the
Crux to Pre-treatment System Rehabilitation.

Over and above the outcome of the Pilot Plant investigations, the entire
work has provided all participants with enhanced knowledge and experience
in the fields of coagulation, flocculation, flotation and filtration. The trial-
study went beyond to unfold a neoteric technology involving the:
employment of the UF membrane filtration concept harnessed as an
alternative to chemical pre-treatment for redesigning the pre-
treatment system at Addur.

The consistent low SDI values, of < 1.0, of the UF membrane filtrate,
whilst rough seawater conditions pausing insignificant dominance over
its performance, firmly justify granting the UF membrane pre-treatment
process serious consideration, as it may hold within its frontiers the
mastery of the final configuration of the Addur future pre-treatment.
It is envisioned that the UF membrane filtration technology will have
a decisive role in seawater pre-treatment within the Arabian Gulf
region.
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Table V-A Cycle 9 : Laboratory Test Analyses
(Performance Evaluation of Two Polymers)

HA mg/l 0.45 0.36
TOC mg/l 4.96 4.65
TBC (96 hours) CFU/ml <100 <100
AODC Cells/mi 27,470 13,740
INT Cells/ml 8,080 4,040
(Direct Microscopic Technique)

Turbidity NTU 0.29 0.26
residual Fe mg/l 0.026 0.026

Table V-B Cycle 10 : Laboratory Test Analyses
(Laboratory AC-Filter vs. Existing CFs Outlet)

0.03

0.05

HA - mg/l

TOC mg/l 2.15 348
TBC (96 hours) CFU/ml 3,600 <100
AODC Cells/ml 22,630 15,350
INT Cells/ml 10,500 1,620
(Direct Microscopic Technique)

UV Absorbance Nil 0.009
(at 254 nm)

Table V-C Cycle 11 : Laboratory Test Analyses
(Polymer Performance at Different pH)

25 2.5

0.25

100 | 6.92

0.24

0.115

2.3 | 0.00

50 1.0

0.75

100 | 6.55

0.26

0.001

4.2 1 0.01
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Table V-D Cycle 11 : Pilot Plant Test Analyses
(Evaluation of Filtration Media, in terms of SDI)

25 6.95 2.5 0.25 3.53 2.93
25 7.00 1.5 0.25 3.75 3.02
2 30 6.20 2.5 0.25 3.58 3.36
50 6.20 1.5 0.25 3.79 3.27

_ Table VI Cycles 1 to 12
Pilot Plant Final Test-Day Filtered Water SDI Values
Raw Seawater Investigations at Addur (19* January to 23" June, 1998)

313 | 3.10 5 - 4.13

1
2 3.13 3.01 - - 3.44
3 3.05 2.91 - - 3.89
4 2.84 2.84 - - 3.62
5 3.18 ® 3.07 ® - . 3.68
2.99” | 291 @ - - 3.68
6 285® | 283® 0.5 - 3.59
288® | 284 @
7 3.08 3.16 0.42 - 3.75
8 4.00 4.22 0.68 3.30 4.40
9 - 3.49 ® 0.70 . 4.46
4.11 ©@
10 - 3.17 0.54 2.01 3.74
11 - 3.91 ® 0.45 2.81 4.23
3.69 @
12 - 3.13 @ 0.75 -  3.43
3.05 @
(1) 33/33/29 rpm
(2) 56/44/29 rpm
(3) FeCl
(4) poly-AlICI
(5) Addur Safd
(6) Fine Sand
(7) Activated Carbon

642



TER o PR TIG X_ R 5 AR e S TN~

3TI0AD

{501v-Aod)

|
, : |
SOV SOV SRS SO R -

i Crorv.foe) (u 2hwO8) (7 = anien 105 UBrseq uie_{i_ !

R e e = SRR SR rT,I:...sl

£

b=t

r Gt

4 ON

rS¢

x

7 (uoag peenipy)

. ) i G:uw!.__
TIND Y

ERNE

8661 UNppY J& SUOREBSOAUS J9JEMEIS MEY
S3NIVA I0S J3LYM a3y3lLTId

ot

R

ov

N X3

Los

X3ANI ALISN3A 1S

8661

SUnppy v SUoyDSYSIAUT JIIDMDIS MDY SINIDA S 4IIWM P24 : [ DY)

643



Productivity Increase of High Salinity
Brackish Water Reverse Osmosis Plant—
The Case of Bahrain

Dr. Khalid A. Burashid and Khalid E. Almansour



PRODUCTIVITY INCREASE OF HIGH SALINITY
BRAKISH WATER REVERSE OSMOSIS PLANT —
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Dr. Khalid. A. Burashid and Khalid. E. Almansour
Ministry of Electricity & Water
State of Bahrain

ABSTRACT

Through the extensive studies and experimentation, the operational recovery
of Ras Abu Jarjur reverse osmosis plant was increased from 65% to 68%,
with one R.O train at 70% for the first time since plant’s commissioning in
1984. As a result, the permeate production increased by one million gallon
per day ( 1 MGPD).

During may 1998, the first operation of Ras Abu Jarjur with eight trains
commenced via parallel operation of the standby train simultaneously making
it possible to achieve an additional 1.5 — 1.7 million gallon/day of permeate
water, thus increasing the total possible throughput of this facility from 10
MGPD to 12.5 — 12.7 MGPD. Thus, the added permeate capacity increased
by 2.5 — 2.7 MGPD. Future prospects for further production increase and
upgrade strategy will also be discussed.
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INTRODUCTION

The plant employs Du Pont’s B-70 Permasep Permeators for the
desalination of high brackish ground-water, containing /3,000 mg/! TDS,
obtained from aquifer “C” . (Appendix 1)

Figure 1: Simplified schemdtic of Ras Abu Jarjur R.O plant

Feed water is passed through activated carbon filters for the adsorption of
soluble hydrocarbons, followed by sulfuric acid and scale inhibitor for the
prevention of carbonates and sulphates scaling. The feed is then passed
through 8 micron guard filters wherein suspended particles, down to 5 um,
are removed.

At the RO, filtered-treated water is fed through 7 High Pressure Pumps
(plus one standby), each feeding an RO Block comprising 3 Brine-Staging
[5:3:2 Ratio].

The control system of the plant is based on three local programmable
controllers linked to a computer — based control and monitoring system.

During the early years of commissioning, the plant had developed a history
of biofouling problems (basically the rapid proliferation of bacteria) which
affected the overall plant performance. The SHMP, which was used as an
antiscalant at that time, was then replaced by a polymer antiscalant, which
resulted in a significant improvement of plant performance and availability.
3,51
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POSSIBLE ALTERNATIVES TO INCREASE WATER
PRODUCTION

Increase of operating recovery

Increasing the over all operating recovery at the operating feed/ brine set-
up is the most cheapest alternative to boost the production. Such increase
can be implemented gradually under a very close monitoring to insure safe
operation below the threshold limits of fouling/scaling. The recovery increase
was examined under two-phase scenarios:

A: Increase Recovery from 65% to 70% :

An incremental increase of plant’s throughput is expected to reach
approximately 8%, i.e. a total production of 50,000 m3/day or an additional
0.8 MGPD based on actual throughput of 280 m3/h per train.

One of the concerns would be the increase in the salt passage and slight
increase in energy requirement. The calculations showed that an additional
19 - 22 permeators/ train would be required.

B: Increase Recovery from 65% to 75% :

The increase of the operating recovery to as high as 75% would result in
an incremental increase of production by 15.4%, 1.e. 53100 m3/day (~11.7
MGPD). It is essential that S & DSI values should be very closely
monitored at such high recovery, though precipitation is likely to occur in
which case the antiscalant / acid dose level should be adjusted accordingly
to alter the saturation levels of some salts to safeguard the membranes
from scaling and maintain the same cleaning frequency. A slight energy
increase is foreseen and an additional 51 permeators / train will be required.

It is recommended that should a decision be made in future to explore the
75% recovery, an extensive pilot tests shall be conducted to fully assess
the performance of the permeators under such conditions.

Use of second pass stream - The 4th stage

In attempt to arrive at the most techno-economical solution and with
conservation of feed water in mind, various approaches have been
experimented to use the brine reject as a feed water to a second pass, and
as far as system design and water chemistry will allow. In this analysis, the
brine pressure leaving the third stage will be considered as the feed pressure
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in order to minimize the costs. Two scenarios were examined, however,
with 8 trains in operation.

1) One additional pass using Dupont 6845 T permeators for each
R.O. block :

The projection calculations were based on eight R.O blocks operating at
the same time (individual pass per train).

The over-all production is expected to increase from 53700 m3/day (11.82
MGPD) to 60,700 m3/day (13.36 MGPD). Here, an additional 5952 m3/
day (1.54 MGPD) of permeated water will be produced without the need
to install additional wells and equipment in the pre-treatment area (2 wells,
MGF, transformers, high pressure pumps and associated switch gears, etc.),
thus less over all costs and faster execution period.

The drawback of such scenario is that a complete additional R.O building
shall be constructed to accommodate the new trains, instead of simply
extension of the existing building.

It is foreseen that a total of 416 permeators will be required (52 per train).

Due to high saturation level of sparingly soluble salts, an additional dosing
system (acid + antiscalant) shall be installed.

2) Two R.O block utilizing the common brine and same membrane
type.

The projected permeate throughput is expected to be around 60624 m3/day
(13.35 MGPD). i.e. an additional 1.53 MGPD over the 11.82 MGPD
produced from 8 trains.

This option appear to be more feasible than the above, requiring less complex
control system and possibly lesser costs of the membrane assembly
infrastructure.

The requirement of the chemical dosing system is still valid.

An additional 418 permeators (209 x 2) will be required, almost similar to

that in case 1 above.

In the options 1 & 2 above, the use of the modified twin membrane may be
considered if considerable saving in capital investment can be achieved.

The projection calculation for option 2, utilizing different membrane type

648



was examined and the initial results showed somewhat higher productivity
64800 m3/d (14.27 MGPD), i.e. an additional 2.49 MGPD over the 11.78
MGPD produced from the 8 trains. The number of additional permeators
were also calculated.

This may, depending on membrane cost, contribute to further reduction in
capital investment. However, utilizing the same permeators as the existing
will obviously ease operation & maintenance procedures and spare parts.

It is recommended that extensive pilot tests are carried at site out on
different membrane types to assess the performance with the existing feed
water chemistry.

PRODUCTIVITY INCREASE THROUGH INCREASE OF
OPERATIONAL RECOVERY:

The feed water quality at the source “ Um Er Radhuma” acquifer remained
almost stable over 12 years, though expert opinion at the time of modeling
this aquifer indicated that salinity will rise from 13000 ppm to 19000 ppm
after about eight years from initial commissioning. A slight increase of H S
level has been observed (6-7 ppm) in the current years, however, muéh
below the plant design figure of 20 ppm. With this credit, the H S striping
towers will still operate very efficiently necessitating no additionil chlorine
requirements other than residual amount required for potabilization.

In the beginning of year 1997, a decision was made to explore the increase
of production via increase of operational recovery. Due to the fact that
large quantity of permeators were relatively old and exceeded 7 years of
continuous operation. It was recommended that the increase of operating
recovery be carefully attempted.

The first step to achieve this target was to develop a computer program to
study the maximum permissible recovery for the permeators under the
prevailing feed water situations and to verify the flow adequacy and scaling
potential in the existing brine staging configuration. (an example is shown
in Appendix 2)

The computed values clearly indicted that recovery may be safely increased
to 72% based on new permeators. However, with the presently aged
permeators, it was decided to increase the production recovery gradually
by 1% increment over 6 — 10 weeks to assess the overall performance of
the membranes and collect maximum possible performance data under very
close moriitoring.
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To minimize possible risks, it was decided to start the operational recovery
increase on one train only “E”. Until after a sufficient time, the remaining
6/7 trains shall undergo recovery increase from 65% to 66% by the time
that train “E” reaches 68%.

During each phase of recovery increase, the program for permeators
addition was continuously revised and modified (Fig 2) followed by a few
days shut down activity to replace and/or add permeators. The aim was to
keep the maximum permissible pressure of 60 bars at the permeators as a
limiting factor.

In parallel, various other studies were also performed to confirm the
adequacy of the chemical dosing system and expected efficiency of stripping
towers to meet the new operational conditions.

The program for increased recovery commenced on 1% April 1997 on train
“E” being the most stable train to ensure continuos reliable run. The operation
of this R.O. train initially commenced with 66% recovery for a period of 4
weeks. :

year 1998

T Fb T Ma ] A
4 [1234 1234 T 1234

RO Vear 1997

BLOCK [ Apr Mav__ ] June Juv | Awe 1 Sep ] |

Wesks 7234 |1234 [1234 [1234 J1334 [1234 {71234 |1
'I:!I.

A

*R.0. Block "E" recovery was incressed graduslly to 70% in 19th October, 97.
“R.0. Blocks” A", "B", "C", "D", "E", "F", "G"and "H" recuveriers were increased graduslly to 68% in 20th October, 97.
Legened  Recovery Rates

NN 6%
N 1%

Plant D

68% T0% Cleaning
69% Membrane sddition 00, PT-APT-8

Figure 2: Program for recovery increase at
Ras Abu Jarjur R.O plant

The average production increase was about 200 m3/d for each recovery
increment. The normalization results were extremely satisfactory.

By the second week of May 97, the recovery increased to 67% for three
weeks. All performance data including salt passage were also satisfactory.
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By mid June 97, the operational recovery of train E was further increased
to 68%.

In view of encouraging results obtained at 68% recovery run of train E and
before the end of 68% recovery phase, all other trains were set to
commence 66% recovery by 1 July 97 for a period of 3 weeks only. It
was felt the shortest possible period to assess the overall performance.

The program for recovery increase (Fig. 2) was modified seven times to
cater for membrane additions and/or cleaning. The presence of the standby
train “H” has helped smooth execution of the recovery increase trial
operation.

As some of the trains contain relatively old permeators with old pressure
vessels, a decision was made to extend the 67% recovery period for at
least two months to enable sufficient monitoring under higher recovery
rates. The results of the membrane performance were found to be extremely
successful. As the pressure at the permeators have reached almost 60
bars, the operating recovery was increased to 68% and continued at this
rate to allow a longer monitoring of the performance and to ensure safe
operation of the plant during summer. It was recommended that attempts
to further increase the recovery is made after a long period of operation at
68% for about 6 months or until major membrane replacement is carried
out by early 1999.

1.9
”1.7
<15
o 68% Recovery
on
1.3 \
] 65% Recovery ¥
1 q : o —
—-‘a __/
v 09
Gradual Recowery Increase
0.7
05 T T T T T T 7 : T T T
I RN S-S S S S
NP R Ao Sl S

Figure 3: Variation of salt passage (overall) dﬁring 1997
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TRAIN 8 PARALLEL RUN

This train was originally introduced as a standby to compensate the
production loss due to the outage of any of the 7 trains, during maintenance
and/or chemical treatment activities. [2]

The 8th train was commissioned in January 1994 and since then its
performance has been very satisfactory, contributing to an increased
availability of the plant. The process computer software was modified in
such a way that any of the 7 trains can run simultaneously. Eight R.O.
trains can not operate simultaneously since the interlock circuit limits the
operation of total trains to 7 only which is also installed in the software.

y
-
N

)

- [y
(] -
L

Million Gallon / Da

A
9 SATE
& <7 9 A

O A R (S

I' 9
R R R N

Figure 4: Permeate production from January 97 — August 97

The discussions of operating train No.8 in parallel with the other trains in
parallel mode began in 1996 when the water demand in the Island was too
high and the additional 1.5 MGPD would make a very useful contribution.
However, it was realized that major modifications in the software would be
required to place train 8 in full automatic operation mode. Further hardware
expansion to the existing computer system was also required to cater for
the amount of data need to be processed.

The cost for full development of the software and the additional hardware
was very high and did not warrant the investment due to the fact that the

main computer system (and related hardware) is relatively old.

In May 1997, the idea of running plant simulation came about, to confirm
the possibility of manual control operation of train 8 when the interlock
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relay circuit of LCP 202 & 203 is removed. After various discussions with
Sasakura Engineering Co., a request was made to Mitsubishi Electric
Corporation through Sasakura Engineering Co. to carry out a simulation
test. The aim was to check the possibility of operating the 8" train on
Remote manual/ Local control mode if the interlock is removed via bypassing
the interlock signal relay. However, maintaining the option for any selection
of the 7 trains to run on the auto mode. The simulation test showed that
additional software modification is required to permit the operation of train
8 in Remote Manual Mode.

Further studies on various plant items were also carried out ( by Sasakura
Engg. Co. and in-house) to confirm the viability of train 8 parallel run,
these studies included the following:

e Well collector and punips requirement
e Available electrical power
e Carbon filters
e Micron guard filters
e Stripping towers adequacy
¢ Chemical dosing system
Wells 13 NO. of BOOSTER P/Ps 3 Back wash on
Trains 8 Wy  [SELECT 20R 3 P/PS} 0K
Av. TrainNFeed 436 m3hr 436  Stripping Twrs. I/S. 4 H2S N 7 ppm
C.FRNS. Fiw. 180 m3mr H2S ouTt 0.25 ppm
Av.Well PPFiw. 285 m3mr
WEL wels BW TNK XV117 no 100% TRN weuUTRECOVERY% PRD. BR
P/Ps Check MGFDrn.XV201 5% SERVS m3hm3mhr 0.12 Kg Mol H28
* 13 Maximum Feed 450 m3hr @ s removed/hr
*
* ® s
*
*  [nletP. 4.17 Bars 0 Bar . Vs 31  ppm
*
* § s
* RO Foed
* 3705 3514 | 3488 [ PRODUCT
*  131mis mamr m3mhr 2380.56 m3mhr
* L S 57133 m3/d
* RM 180 1] 0 o 12.6E+6 MGPD]
* RM VSV XV 117 ¢
11 m3/h DAMP
@ Indvell. Hd. mtrs. 21.4°
Efficiency % 922
260 l BRINE
XV 201 o/ hr 1107 m3hr

Figure 5: Modeling of Ras Abu Jarjur R.O

PROCESS MODELING :

A simple model developed by the authors of this paper was developed
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(Figure 5), to study various plant parameters when operating at 7 or 8
trains.

The aim was to predict the overall plant throughput using the existing
membranes at various operating recoveries and plant conditions, i.e. during
carbon filters backwash and filling of rinse backwash tank, explore the
optimum number of operating wells and feed flow rates.

The model also predicts the performance of the booster pumps at different
production rates (whilst operating at 2 or 3 pumps), H S stripping towers
performance and required chlorination levels.

During the plant outage in March 1998, the modification works pertaining
to the removal of the interlock and amendments to the software were carried
out by the plant’s staff. The plant operation procedures were then modified
after various consultation with Sasakura Engg. Co. Some modifications to
the procedures were left until the actual trial run. The parallel operation of
train 8 was successfully attempted on 14" June 1998, increasing the
permeate production to 57,000- 57,700 m3/d (12.5 — 12.7 MGPD).

Gradual Recovery Increase

A
i

Opration of Train 8

./\ T T T T T T
g ,\
D> A 9 Q

Sp. Energy Consumption KWH/M 3
s ] .
o
2 _
o) 4
\~9 =

Figure 6: Specific Energy Consumption

ELECTRICITY CONSUMPTION

It was very difficult to observe the changes in the electricity consumption
during the course of recovery increase due to non availability of
measurement facility for individual trains. The changes, however, were
very minimal due to slight recovery increase. The average total consumption
was 7,281,500 Kwhr for 7 trains in operation and 8,180,400 Kwhr for 8
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trains operation @ 65% - 68% recovery.

However, the specific energy consumption was reduced from 5.2
Kwhr/m3 @ 65% to 4.9 Kwhr/m @ 68% recovery (Train E @ 70%) .

WATER COST

The unit water cost from Ras Abu Jarjur showed considerable decrease
over the past few years as a result of high availability and various optimization
programs for cost reduction [1,3]. Further considerable reduction in unit
cost can be achieved with increased production of 11 & 12.5 MGPD
(Fig 7.) The computed costs found to be BD 0.25/ m3 and BD 0.23/ m3 for
11 & 12.5 MGPD respectively.

BASIS OF COMPUTING WATER COST (8 TRAINS)

The following parameters were taken into consideration :
o Constant feed water salinity (13,000 ppm)
e Plant average availability with 8 trains operation at 93 %
e Number of well pumps in service = 13/14
e Constant H2S level in the feed water at 7 ppm

13
2
o 12
L
o.
z =
g 11
=
I
o 10
2
o
= 9
=
=

8 -

0.27 0.25 0.23
UNIT COST BD/CUBIC METER

Figure 7: Unit water cost of permeate versus production
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Figure 8: Plant availability and capacity factors

Depreciation has been célculated on the basis of 10 years and counts for
one full replacement of the permeators in the 8th train with 4% replacement/
additional factor for the period 1997 - 2000 and 4.5% for the period 2002 -
2007.

Figure 8 shows that the capacity factor recorded in 1997 reached 97%
based on 46000 m3/ day (10 MGPD), due to the increase of permeate
production. It is therefore necessary that the calculations of the capacity
factors be based on 12.5 MGPD with 8 trains in simultaneous run at 68% -
70 % recovery. On the other hand, despite all efforts made to maintain the
plant on base load conditions, the availability figures — based on 8 trains -
showed slight decrease since 1995 due to problems associated with the
aging of the well field collector piping and the control system.

FUTURE PROSPECTS FOR FURTHER PRODUCTION
INCREASE AND UPGRADE STRATEGY

1. Placing of one train (No. 9)

Entails addition of two wells & well pumps, full infrastructure of R.O train
(pump, motor, modules, etc.),-control panels for well/R.O & pre treatment,
one Micron Guard filter vessel, additional CPU, UPS panels and two
operator stations. One additional stripping tower will be required to cater
for the H2S removal. The existing CO2 generation is not sufficient to post
treat the product water.- The CO?2 plant shall either be replaced with a
higher capacity plant or install a smaller unit similar to the existing. An
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additional 6 MVA transformer and related switch gear/MCC/ well pump
panel shall also be added. The R.O building shall be extended along with
HVAC system.

2. Placing of two additional trains (No.s 9 & 10)

The addition of two extra trains at the plant will boost the production by
another 3-3.5 Million Gallon /day through a large scale modifications.
Feasibility studies showed that this option is more cost effective as compared
with train 9 only. All the above modifications are required. Two additional
wells will be required (i.e. a total of 19 wells), control panel and all associated
electromechanical equipment. A full train infrastructure, including a Micron
Guard Filter vessel and one additional stripping tower.

No changes are foreseen for the computer system, CO2 plant, main
transformer and R.O building (as all shall be incorporated within train 9
modification).

Should 10 trains become operational, the velocity in the well field collector
pipe will increase from 1.88 m/s to 2.05 m/s which requires further
assessment for the entire well field collector piping.

It is foreseen that if plant extension is carried out in near future for 10
trains operation, the design shall be based on 19000 ppm feed water salinity.
The following plant items need to be considered:

. Requirement of four additional wells

. A new over-ground well collector main with anti surge system,
running parallel to the existing.

. Additional stripping tower to cater for any future increase in H2S
level.

. Additional booster pump.
. Additional CO2 plant utilizing existing LPG storage.

. Supply of one additional 6 MV A transformer with associated switch
gear, bus-bars and breakers for powering the two additional high
pressure pumps. No bus-tie panel connection is provided to these
new pumps.

. One additional CPU and LCP panels (with CRT display in Main
Control room)

. One additional LCP paﬁel in the pretreatment and one additional LCP
panel & one MCC panel in product control area.
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No changes are anticipated in the plant piping, activated carbon filters &
feed water pretreatment.

The ultimate desire for the upgrade strategy would be as follows:

A new Central Processing Unit based on a 32-bit processor.

(all existing I/0 units would be used )

UPS module would be incorporated into the CPU panels.

Formats of Alarms screen display & Event Printout shall be improved.
All sequencer units to be replaced with newer type.

Alternative scenario incorporating state of the art technology/latest
developments shall be considered, taking into account maximum utilization
of the exiting equipment and facilities. An example would be to utilize the
reject brine as a feed for new train(s).

Availability of spares - especially for process Computer, sequencers, Multi-
echo system shall be guaranteed for 10-15 years plant operation period.

RECOMMENDATION

1)

2)

Commence with increased recovery for all trains to 70% maximum,
under close monitoring . The total through put is expected to reach 13
MGPD.

A more limiting parameter in expanding Ras Abu Jarjur beyond the
operation of the 8 trains will be the water salinity table at the existing
extraction aquifer “C” lens. Though two wells have recently exhibited
fouling contaminants (Iron Sulphide possibly due to casing failure), the
water quality from the 15 wells remained constant over the past 11
years. Testing on these wells has been recently conducted by Water
Resources. The water quality condition from the existing system shall
be further assessed before any conclusion is made to commission
additional wells in the area. In this juncture, whether additional
expansion will go ahead or not, it is highly recommended to update the
previous zone ‘C’ model produced in 1983.

CONCLUSION

Due to the presence of train 8 as a standby at Ras Abu Jarjur, the availability
record of the plant has risen to around 98% in 1995 (97% in 1997). Optimizing
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various operational philosophies at the plant has also been a factor for such
high availability record.

The unit water cost produced by 8 trains - running simultaneously - has
been calculated at BD 0.23 /m3, even at reduced availability of 93% and
increased energy and depreciation figures. Thus modification of the plant
to allow for continuous operation of the 8th train appears to be the next
promising opportunity for increasing the desalinated water from water
production facilities.

The problems associated with the aging of the buried GRP pipework, the
computer system and the associated fiber optic control cables linking the
control of 15 well pumps to the main computer system remain the main
problems affecting the high availability figures. Thus, the expected reliability
whilst 8 trains running simultaneously is expected to fall below 85%. It is
anticipated that the scope of work in the forthcoming rehabilitation of this
plant will consider all these issues to guarantee a reliable operation and
parts availability for the next 10 - 15 years.

The addition of trains 9 &10 comes timely with mid life assessment plan of
this facility. Some areas mainly the computer system has already reached
a stage where some parts are becoming obsolete and with view of extending
the operational life till year 2010 (or beyond) such critical area of the plant
needs to be fully assessed for possible replacement /upgrading.

The available information of different membrane types appear to give a
slight increase in production, at lower recoveries for the second pass. It is
also worth exploring.the economics of the use of twin Dupont membranes
for plant’s expansion beyond train 8.
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APPENDIX 1
Average Water Analysis for Feed, Product & Brine

56% Recovery | 70% Recovery
Plant | Product| Brine | Product| Brine
. Inlet (Av. All (Train E)

Temperature C 30.6 | 30.6 | 32.5 320 33.6
PH - 6857 548 | 6.68 5.7 6.7
Turbidity NTU | 0.21| 0.17 | 0.20 0.20 0.30
E. Conductivity Us/cm | 19600{ 185 | 50000 | 279 | 57400
Total Dissolved Solids PPM |12240( 87 | 35020 155 41060
Silt Density Index - 1.94 - - - -
Dissolved Oxygen PPM | 0.08 - - - -
Total Bacteria Count CFU/ml| 240 1.0 600 1.0 1.5
T. Hardness CaCO3 PPM | 2786 5 8000 17 9740
Calcium as Ca PPM | 637 | 1.00 | 1926 5 2252
Magnesium as Mg PPM | 290 0.6 774 1.3 999
Sodium as Na PPM | 3300] 35 9270 45 10168
Potassium as K PPM | 138 1.2 440 1.5 464
Strontium as Sr PPM | 145 0.1 45 0.10 41
Total Iron as Fe PPM | 0.04 - 0.02 0.03
Manganese  as Mn PPM [<0.03] <0.03 | <0.03 | <0.03 0.05
Copper as Cu PPM |<0.03] <0.03 | <0.03 | <0.03 0.05
Zinc as Zn PPM | 0.03 | <0.03 | <0.03 | <0.03 0.12
T. Alkalinity as CaCO3{ PPM | 159 26 356 29 397
Bicarbonate asHCO3 | PPM | 194 31 434 35 484
Chloride as Cl PPM | 6670 | 42 | 18590 62 21777
Sulphates as SO4 PPM | 553 | 1.00 | 1692 1.00 1927
Total Sulphide as S PPM | 5.5 4.5 7.40 4.8 7.25
Silica as Si02 PPM | 17.7 | 0.14 56 0.14 60
Floride as F PPM | 1.3 | <0.1 1.35 <0.1 2.10
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Appendix 2
Recovery Increase Calculations — Ras Abu Jarjur R.O Plant

1) INPUT DATA English units Metric units 2) STAGE RECOVERY "Y" EST
Feed Flow (1st stg) god 2,318062] 439 s Esti d — 0.39
Overall Plant Capadity, Qpo epd 1,692,185 320 x’fhr Estimated 033
Min.(Design) Temp. “c 30 Estd/Calc ({CQ} 0.34
Max. Temp. °C 35 Target Yo - 0.73
Overall Conversian, YO -— 0.73 Qn epd [CQ) 2,318,062
Feed TDS, as analyzed mg/l 13,000 Qe gpd [CQl 904,044
Feed TDS, as NaCl, Chh_reqy mgl 10,839 Qb &pd [CQ] 1,414,018
Osmotic Preswure, p_[CQ) psi 130 8.97 bar |on=on| eiicq) 1,414,018
Initinl Perm. Capadity, Q apd 7,000 1.32 m’hr Qpz pd [CQ] 466,626
Feed Pressure, Pfy psi 930 64.14 bar Qby wpd [CQ) 947,392
Praduct Pressure. Ppy psi 20 1.38 har Qfy = Qbs| gpd ICQI 947,392
Flow Balancing P, 1st stg psi 20 1.38 bar Qps @d (CQ) 321,515
Flow Balancing dP, 2nd stg psi 20 138 bar Qby 2pd [CQ] 625,877
Flow Balancing dP, 3rd stg. psi 35 2.41 bar
iStage Camponent 1 — 5
%Sm.! Component 2 e 3
iStage Camponent 3 e 2
3) Stage No.1 [ calculated quantities]
v, — 039 Py psi| 1,000 Design T *c 30
Cy ma/t 17,769 P psi| 930 TCF, cQ1 115
Ave CI;Chy mg/l 14,304 Py psi| 900
xfyby psi 172 IMFRCy; 0.590 MFRC Chart
1/2dPfyb, (estimated) INPUT psi 3.0 MFRC,..[lcQl 0.627 PEM '92/2020
PCF; 1.59 MFRC12 0.643 Table No.1
[ MEFRCy [CQJ 0.627
Qe apd 8,013 QD Jimits for B-10 6845T
iQty gpm 8.70 Max 28 [gpm
on gpm 14.27 Min SW [ 4.2 [gpm
Ave Qfiby epm 11.49 Min HBr gpm
{dPyb, psi 6.0 Note: Brine flowis ok
|_4) Stage No.2 ) )
{Esttmated Y, - 033 Py y psi| 1,000 _|Design T e 30
O =Cy mg/l 17,769 Parn psi| s04 TCFa icer| 118
=N mg/l 26,521 Pz psi| 900
Ave CY,Cb, mg/l 22,145 MERC;, 0.590 ) MFRC Chart
=Gy psi 269 MFRCz . [ICQI 0641 | . .. FEM '92/2020
1/2dPf;b; (estimated) INPUT psi 3.1 MFRCz.2 0.643 Table No.1
P psi 904 MFRC |ICQN 0.641
PCF; 132
apd 6,823 Qb limits for B-10 6845T | -
gom 9.62 Max 28 | apm
gpm 1436 Min SW_| 42| gpm
gpm 11.99 MinHBr | 70| gom |
psi 62 Note: Brine flow is ok
uantitios] i
— 034 Pyy _ |psi] 900 Design T K 30
g/l 26,521 Py |psi| 863 TCFs cQ | 115
mg 40,144 Prs | psi| 800
mg/l 33,332 MFRCy.; 0.643 MFRC Chart
‘xfyby psi 409 MERC;..[CQ] 0663 |_ . PEM '92/2020
3/2dPfyb, (estimated) INPUT pri 3.1 MFRCy 2 0.697 Table No.1
P, psi 863 MFRC; ICQl  0.663
PCF, 0.93 S O
Qps end 4,965 Qb limits for B-10 6845T ik
Qb, gom 6.71 28 apm H i
Qo gpm 10.16 421  gpm ;
Ave Qfb, em 8.44 7.0 m
dPfyb, psi 4.4 Adjust conversion rate
6.) Verification of Brine s:aF' g [calculated quandtes] 7.) Verification of Recovery
Prod. Flow, T. Stnging, Qps gpd 70,462 Yy €Q} 0.42
Fesd Flow, T. Staging, Qfy | gpd | 96,523 | Ya icol| 036
S ¥y |tcQy 028
8.) Number of Permeators Required to Produce Qp,
Nos. of Permeatars — 240 lated 1
9.) Number of Permeators & Est. Prodn., Stagewise | calculated quantities]
iStage 1 | 120 962,154 d_ |182) mir
Stage 2 — 72 491,554 gpd 93 | mhr
Stage3 ~| a8 238478 gpd | a5 | mmw |
! Totel Production __1,692,185| gpd  [320] m®mr : :
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ABSTRACT

Scale control additives (SCA) or antiscalants are used in multistage flash
desalination plant to prevent fouling problems. Effective dose rates of
some of these SCA are found to vary from plant to plant. Efficiency of
antiscalants could be influenced by its chemical nature, plant configuration
and design, heat transfer rate and its surface and antiscalant reaction with
brine constituents. To understand the variation in concentration of SCA
and effect of brine constituents on efficiency of SCA, some bench top
experiments at 95 °C with brine were conducted using the threshold effect
technique. Two SCA, a polyphosphonate based (PPN) and polymaleic acid
based (PMA) were used for these evaluations. The effect of Fe3*, Fe2*,
Fe,03, Fe(OH);, and rust on efficiency of SCA was determined.

The threshold effect method which measures the total alkalinity and calcium
content of supernant to evaluate efficiency of SCA was found to be an
effective technique. Recycled brine constituents and corrosion products,
especially Fe and its various chemical forms affect the efficiency of SCA
at 2 ppm concentration and at 95 °C in 1.4 times concentrated seawater
brine. Various chemical hydrated and hydroxylated forms of Fe present in
brine, viz., Fe3*(H,0)¢, Fe(OH);, Fe2*, Fe,0;, rust, etc., all showed
detrimental effect on efficiency of SCA. Among all the species of iron,
Fe(OH);, reduced the efficiency of SCA by maximum of 40%.

Among the two antiscalants, PPN showed 10-12% better efficiency in the
presence of various iron species compared to PMA under similar bench
top experimental conditions. The effect of brine constituents on PMA was
more pronounced compared to PPN perhaps due to better complexing ability
of the former.

Key words: Antiscalant, Polyphosphonate, Polymaleic acid, Scales, MSF,
Iron, Brine
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INTRODUCTION

Saline Water Conversion Corporation (SWCC) being the largest desalted
water producer in the world, produces about 20% of world production of
desalted water and thus is also the biggest consumer of scale control
additives (SCA) [1-2]. Scale control additives or antiscalants which are
used in multistage flash (MSF) desalination plants to minimize scaling
problems, act nonstiochiometery but still cost several million dollars every
year. Thus to make SCA consumption more economical and at an optimum
level, it would be of great significance to evaluate various parameters that
affect the efficiency of scale control additives. It is known that optimum
dosages of SCA often differ from plant to plant and location to location
[2]. The root causes for such variation has not been understood. However,
it appears that the variation in concentrations and/or efficiency of
antiscalants could be influenced by its chemical nature, plant configuration
and design, heat transfer rate and its surface and antiscalant reaction with
brine constituents.

The exact chemical composition of scale control additives is a closely
guarded secret of the manufacturer. In this respect, Sham-El-Din and
Mohammad carried out physico chemical studies of antiscalant additives
in relation to their functional groups [3, 4]. Further, the role or mechanism
of antiscalants reactivity is still not clear in spite of their popular use. It is
believed that either it alters the crystal morphology preventing scale growth
or it may be acting by what is known as the threshold effect or both [5].
Interaction of brine constituents with SCA may be either advantageous to
prevent scale formation or may be detrimental to its performance. In
seawater some transition metal ions are present in trace concentrations
which can preferentially coordinate with these agents thus reducing their
efficiencies. However, the conditions inside distillers and condensers vary
due to the construction materials used. The generation of oxides of iron,
copper and nickel due to corrosion is unavoidable. A variety of species
may circulate through the evaporators as corrosion products such as Fe2*,
Fe3*, Fe(OH),, Fe(OH);, Fe,0; and rust. These ferrous and ferric ions
may readily complex with scale control additive agents and thus in turn
will reduce the availability of antiscalant for scale control reaction thereby
resulting in an increase in SCA consumption. On the other hand Fe(OH),
and Fe(OH); may form good a suspension in saline water, providing
nucleation sites for alkaline scale formation thereby accelerating the rate
of scaling. It is this property of iron species along with its electrical property
in aqueous solution which make Fe3* an effective coagulant in water
treatment processes [6]. In short, iron species may affect the efficiency of
an antiscalant agent due to their characteristic complexing and coagulant
abilities. This paper describes the results of an investigation on possible
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influences of iron species that may be present in recycle brine on the
performance of antiscalants. The major objective of these investigations
is to study the effect of main corrosion related species namely Fe2+, Fe3*,
Fe(OH),, Fe(OH);, Fe,0O5 and rust on antiscalant efficiency. The study
indicates that there is a specific range of iron species that appreciably affect
the threshold effectiveness of SCAs. Moreover, comparison of efficiency
of various SCA in the presence of different species of iron shows the
necessity of choosing the right type of SCA in a highly corroded
environment.

EXPERIMENTAL
Reagent

The specification of the reagents used is as follows :

(a) Sodium carbonate (IN) :- 53 gm Na,CO; dissolved in a liter
of water

(b) Antiscalant solution (1000 ppm) :- 0.5 gram of each antiscalant
was dissolved in 500 ml of deionized water to give 1000 ppm.

(c) Brine

(i)  Chemical used for preparation of brine
Chemical A - NaCl
Chemical B - instant ocean salt (commercially available
mixture salt with almost all seawater components)

(11) In order to prepare brine with concentration of 1.4 time
that of seawater, 8.8 gm NaCl and 6.4 gm instant ocean
were dissolved in one liter of seawater, M.alkalinity of
final solution was 180 ppm.

(d) Brine Constituents
(i) Fe3* was taken in the form of FeCljy solution.

(ii)) Fe(OH); and Fe(OH), were freshly precipitated from
solution containing known concentrations of Fe3* and
Fe2* ions. Precipitate was then centrifuged and
transferred to reaction vessel as a slurry in seawater.

(iii) Fe,O; used was powdered Analar grade.

(iv) Rust was collected from some rusted parts of the plant
which was further grounded before use.
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Apparatus

Figure (1) shows the schematic diagram of set up used for evaluation of
performance of the SCA. It consists of three necked round bottom flask of
1 liter capacity fitted with water condenser, thermometer, sampling port
and chemical injection port. Heating mantle equipped with stirrer was used
to heat up brine the solution. The condenser is connected to a water bath
where the temperature of condensing water is maintained at 10 to 15 °C.
To create dynamic flashing in the brine at temperature at 95 °C, vacuum is
applied using a pump.

Test Conditions

(a) Test temperature _ : 950C

(b) Brine M-Alkalinity ;180 ppm

(c) Concentration of antiscalant : 2 ppm

(d) Retention time : 40 minutes maximum

Test Procedure

Brine 500 ml was measured accurately and spiked with 1 ml of antiscalant
stock solution in order to make 2 ppm of antiscalant in the final brine
solution. The brine was charged to the reaction vessel and was heated to
the desired temperature under refluxing. When the solution reached the
required temperature, it was refluxed for 15 minutes to reach equilibrium
and to observe any possibility of scale formation. Because there was no
precipitation in the presence of antiscalant, 7.5 ml of 1 N Na,CO; was
added to break the supersaturation point and to form the scale. The moment
at which Na,CO; was added, was considered to be time T = 0. Successive
samples (30 ml each) were withdrawn from solution at time intervals of 5,
10, 15, 20, 30 and 40 minutes. The samples were filtered through 0.45
micron filter paper and filtrate was analyzed for Ca, Mg and M-Alkalinity.
Total alkalinity (M-Alkalinity) as function of time intervals was plotted to
get the efficiency of antiscalant (a scaling threshold diagram).

RESULTS AND DISCUSSION

The efficiency of the two antiscalant additives used viz., polyphosphonate
based (PPN) and polymaleic acid based (PMA) was determined in the
presence and absence of various iron species such as Fe3*, Fe(OH)s,
Fe(OH), and rust by what is known as the threshold effect. The scaling
threshold is defined as the “maximum permissible concentration factor of
water samples at fixed temperature before nucleation begins under
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equilibrium conditions” [5]. Thus scaling threshold diagrams are drawn
between concentration factor and temperature. In MSF plants it is the
practice to fix both temperature and concentration factors at optimum values
to avoid or minimize scaling problems. In the present study, the net total
alkalinity (TALK) after super saturation due to the addition of sodium
carbonate as function of time (threshold diagram) was taken as a measure
of the efficiency of antiscalant. The comparison of the scaling threshold
diagram of antiscalant in the presence and absence of chemical constituent
of brine leads to the understanding of the behavior of these antiscalants.
Figure (2) shows the loss of TALK with time for distilled water (DW),
Gulf seawater and brine, with and without antiscalant. One can see that
the saturation of CaZ* and COj;- in case of DW is lower than seawater and
brine indicating that the high salt content in brine significantly increases
the saturation of Ca2* and COj;- above their solubility product value
Ksp = 4.8 x 10-9. The addition of antiscalants PPN and PMA at 2 ppm
concentration raised the solubility of CaZ* and CO;" by manifold compared
to undosed. This property of certain chemical agents in raising the
supersaturation determines the scale control performance of SCA. It is
commonly referred to as threshold effect or scaling threshold of that agent.
The scale control performance of antiscalant agent is affected by the
presence of foreign constituents in the brine solution especially various
forms of iron. Figure (3) shows the effect of Fe3* on the performance of
PPN and PMA. It is clear from the plot of TALK vs time (Fig. 2) that PPN
has got a higher scale control property than PMA. Secondly, up to 0.3 ppm
of Fe3* concentration, the scale control performance is unaltered under
the conditions of a flashing temperature of 95+0.5 °C, a brine concentration
factor of 1.4, an antiscalant concentration of 2 ppm and pH = 8.2. However,
as the concentration of Fe3* was varied from 0.3 to 5 ppm, a pronounced
effect on the performance of antiscalant was seen. Figures (4) and (5) show
the effect of varying the concentration of Fe3* on PPN and PMA
respectively. It can be seen that the scaling threshold alkalinity gradually
dropped as the Fe3* concentration increased. The decrease in alkalinity is
more in the case of PMA than PPN. These experimental results could be
explained on the basis of the chelation of active center of SCA with Fe3*
which is stronger in PMA than in PPN [7].

When Fe3* is added to an aqueous system several hydrated and
hydroxylated species coexist in equilibrium with each other. In acidic
solution, hydrated species dominate while in alkaline solution, like seawater
pH 8.2, the hydroxylated species are predominate. The equilibrium could
be written as follows;

Fe3* (H,0)s = Fe(OH)* = Fe(OH),* = Fe(OH),

<
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These hydrolyzed species may have a significant influence on the scale
control performance of SCA. The PMA which contains COOH- group,
may chelate with Fe3*. The chelation of Fe3* with COO- form a strong
bond in complexes such as Ferric ethylene-diaminetetacetate and Ferric
nitriloacetate [7, 8]. With the high possibility of strong bond formation
with PMA, the active centers concentration will deplete with net result of
reduced scale control performance. However, from Figure (4), it can be
seen that even at a concentration of 5 ppm of Fe3*, the scale control
performance is still more than 20% which indicates that chelation has a
minor effect on SCA performance. Hence other effects such as nucleation
site offered by Fe(OH); and hydrolyzed chain of ferric ions may be playing
a role in retarding scale control performance. In fact as the Fe3*
concentration is increased from 1 ppm to 5 ppm the ferric species is
extensively hydrolyzed into Fe(OH); and polymeric hydrolytic chains [8].
Retardation of scaling threshold could therefore be related to the combined
effect of the presence of Fe3*, Fe(OH);, Fe(OH),*, Fe(OH)2*, Fe(OH), m*
species. It is evident from the Figures (4) and (5) that alkalinity is steady
up to 0.5 ppm Fe3* after which loss of TALK is very sharp as the Fe3*
* concentration increases. It appears that the drop in alkalinity is due to the
formation of Fe(OH), ™ and Fe(OH); species at higher Fe3* concentration.
Fe(OH); may disperse in the brine and offer enormous nucleation site for
CaCO; precipitation. This kind of coagulating tendency is more pronounced
in ferric species and thus ferric is extensively used as coagulant in water
treatment [6, 9]. It can also be seen from the Figures (4) and (5) that TALK
beyond 2 ppm remains almost constant which means the scale control
performance is unaltered and unaffected by the species. Furthermore, from
the figures it can be seen that the effect of Fe3* is very similar in both
PMA and PPN except that PPN is slightly less affected than PMA. Table
(1), which shows the efficiencies of antiscalant in the presence of 2 ppm
of iron species at treatment time of 15 minutes, also leads to the same
conclusion. This may be because the -P=0 group in the PPN may not chelate
with Fe3* as effectively as COOH in PMA.

The effect of Fe(OH); on the efficiency of SCA was studied by adding
freshly prepared Fe(OH); to brine solution containing SCA. Figures (6)
and (7) show the effect of Fe(OH); in the presence of PPN and PMA. The
two figures also include the performance of the antiscalants in the presence
of 1 ppm of Fe3*. It can be seen that 1 ppm Fe3* has almost the same effect
as that 0of 0.6 ppm Fe(OH);. Further retardation of scale control performance
was observed in both PMA and PPN almost to the same extent. The results
thus suggest that the nucleation effect rather than chelatlon plays a
-significant role in the scale control process.

Highly porous Fe(OH); may loose water molecules to form denser Fe,0;
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and may also offer nucleation sites. Figure (8) shows the loss of TALK
with time in the presence of Fe,Oj. Its effect on retardation was much less
in comparison to Fe(OH); and Fe3*. The effect of 2 ppm Fe,0; was almost
negligible, but 10 ppm it was significant and was almost equal to that of 2
ppm Fe(OH);. This may be due to the fact that Fe,O; is more compact and
may offer fewer nucleation sites with lesser electrical property and surface
area than Fe(OH);.

In actual plant conditions, corroded surfaces offer more nucleation sites
as compared to smooth metal surfaces. The outer corroded surface may
have metal oxides (rust). Figure (9) shows the effect of rust on SCA
performance. The retardation effect by rust is very low at 2 ppm and only
at 10 ppm, loss of TALK is appreciably high. However, the extent of
retardation is less compared to Fe(OH);. Once again this is due to the high
density of rust, (i.e., higher compactness in comparison to Fe(OH)3) and
thus offers less surface area for nucleation.

Corrosion is a process whereby the Fe is oxidized first into Fe2* at seawater
pH = 8.2, then Fe2* is further oxidized to Fe3* by O,. However, in
desalination units, O, is removed in the deaerator and the O, level is brought
down to less than 0.02 ppm. Thus, the probability of oxidation of Fe2* to
Fe3* is reduced under these conditions and Fe2* may be hydrolyzed to
Fe(OH), before being oxidized to Fe(OH);. Thus to study the effect of
Fe(OH),, freshly prepared Fe(OH), was used. Figure (10) shows the results
of these studies. It can be seen that the loss of TALK in these experiments
was less significant, yet similar to that observed in the case of Fe(OH)j;.

Summaries of the results obtained on the efficiencies of antiscalants are
shown in Table (1). The table gives efficiencies of PMA and PPN in the
presence of 2 ppm of various species of iron in brine at 95 °C with a
treatment time of 15 minutes. These results indicate that PPN efficiency
was less affected by iron species in the brine compared to PMA.

CONCLUSIONS

From the foregoing discussion it is evident that various forms of iron in
the recycle brine tend to retard the efficiency of Scale Control Agent (SCA).
When 2 ppm of iron species (as ferric) is present in the brine, the
performance of PMA was reduced to 37% by Fe3*, 32.3% by Fe(OH)s,,
84.1% by Fe, 03, 85% by rust and 73.1% by Fe(OH),, while that of PPN
was reduced to 46.4% by Fe3*, 40.5% by Fe(OH)3, 90.6% by Fe,0;, 88.1
by rust, and 84.5% by Fe(OH),.
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These conclusions can be elaborated on as follows:

L.

The method of adding 1000 ppm Na,COj; to 1.4 times concentrated
seawater brine and determining the scaling threshold by measuring
total alkalinity in the brine as a test for scale control performance of
SCA, was found to yield satisfactory results. It is thus recommended
that this method can be adopted for preliminary screening of
antiscalants for alkaline scale control.

Using the above test under laboratory conditions PPN efficiency was
found to be better than PMA antiscalant. PMA efficiency is 88% of
PPN (in the absence of iron). :

In the presence of 0.5 ppm Fe3*, SCA efficiency is reduced to 93%
while at 5 ppm Fe3*, it is reduced down to 30%.

Ferric hydroxide reduced the efficiency of SCA as compared to Fe3™.
At 2 ppm of Fe(OH),, the efficiency of PPN is 40% and the efficiency
of PMA is 32%.

Fe, O3 and rust showed significant reduction of SCA performance
only at 10 ppm concentration.

The efficiency of antiscalant was reduced by the presence of brine
constituents in the following order :
Fe(OH); > Fe3* >> Fe(OH), > Fe,0; > Rust.
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Table (1) Percent Efficiency of Antiscalant in
Presence of 2 ppm Iron Species

Iron Species | Fe3* | Fe(OH);| Fe,O5 | Rust | Fe(OH),
Antiscalant
PMA 37% | 32.3% | 94.1% | 85% 73%
PPN 46.4 | 40.5 | 90.6% | 88.1%| 84.5%

(Treatment Time 15 Minutes)
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ABSTRACT

The Saline Water Conversion Corporation (SWCC) is an internationally
recognized authority on scale control in multi-stage flash (MSF) distillers.
This international recognition came about as a result of many years of
work on this topic. There are publications of SWCC on MSF scaling
phenomena over the past couple of decades. During the last decade, there
was a monumental growth in SWCC’s installed MSF plant capacities. The
majority of SWCC MSF distillers were designed to operate with additive
scale control method rather than the previously predominant method of
carbonate depletion through chemical reaction with acid, e.g., sulfuric or
hydrochloric.

The Research and Development Center (RDC) in Al-Jubail has been
involved during the last three years in the evaluation of available
commercial scale inhibitors. A total of eight tests have been carried out at
RDC MSF pilot plant, Jeddah Phases III & IV and Al-Jubail Phase II to
evaluate the effectiveness of three antiscalants. These tests by antiscalant
types and places are (i) polycarboxylates in Al-Jubail II, RDC pilot plant
and Jeddah IV, (ii) polymaleic acid in Jeddah IV and RDC pilot plant and
(iii) polyphosphonate in Jeddah III and RDC pilot plant. Moreover, a run
of acid operation carried out in the pilot plant is included for comparison.

This paper presents qualitative and quantitative performance results of
three different antiscalants as well as acid dosing tests for scale control.
The threshold effect of these antiscalants was tested on laboratory scale.
On pilot and commercial plants the variation of the fouling factor with
time is examined and quantified. The evaluation tests conducted on the
commercial plants revealed that all the examined antiscalants were
successful in inhibiting alkaline scale formation and improving plant
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performance at top brine temperature ranging between 105 and 110°C and
with respective dosing rates of 1.5 and 3.0 ppm.

Keywords: Desalination, Multistage flash, Alkaline scale, Antiscalants
and Fouling Factor.

INTRODUCTION

Control of scale formation on heat transfer surfaces is one of the basic
problems in the distillation processes. Formation of scale on heat transfer
surfaces impedes the rate of heat transfer. The main scale forming
constituents of sea water are calcium, magnesium, carbonate, bicarbonate
and sulfate. On heating, bicarbonate will yield carbonate which can
precipitate with calcium if the saturation limit is exceeded. As a result
magnesium hydroxide will also form. In practice, the formation of alkaline
scales are controlled by either lowering the pH through bicarbonate
depletion or by threshold additive chelation through special chemicals
called threshold agents[1]. Conversely, CaSO, formation is primarily
controlled, so far in commercial plants, by operating at top brine
temperature (TBT) that are lower than its appreciable precipitation limits,
i.e., TBT < 120 °C in view of the raised salt concentration in MSF brine
streams.

Mixtures of sodium tripolyphosphate dispersing agent have been used to
inhibit alkaline scale deposition in seawater evaporators since the 1950s
[2]. The major problem with polyphosphate based inhibitors was found to
be its thermal degradation at temperatures above 90°C and the subsequent
loss of its threshold effect. This restriction in TBT to 90°C limited the
thermal efficiency of evaporator designed for threshold treatment from
mid 1950°s through 1960’s into a good part of 1970’s.

Acid dosing was introduced in the 1960s as a means of overcoming the
temperature limitations and the poor performance of polyphosphate. As
problems associated with acid operation became dominant, the need for
high temperature scale control additives to replace acid while giving
commensurable performance was felt towards the end of the seventies into
the eighties (1970 & 1980s) [2]. Low molecular weight polymeric/
carboxylic acid and phosphorous base alkaline were developed as high
temperature additives. It has become a common belief that these chemicals
distort the lattice structure and minimize the rate of growth of the alkaline
scales. Polyphosphonate “phosphorous base alkaline group” does not
hydrolyze as easily as the polyphosphate group due to the greater stability
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of the c-p bond in phosphonates as compared with the p-o bond in
phosphates.

The dosing rate of antiscalant is one of the most important operating
parameters. Under dosing leads to scale formation while overdosing is
believed to enhance sludge formation [3]. It is thus essential to establish
an optimum dose rate. Although a number of chemical reagents have been
used to minimize or prevent the formation of alkaline scales [4], no
commonly accepted method for avoiding the formation of scales due to
calcium sulfate salts at high temperatures and brine concentrations in large
commercial MSF plants is available. The only commercialized approach
so far, i.e., currently used to prevent the formation of calcium sulfate; is to
operate the plant below the solubility limits of calcium sulfate. Yet the
known ones are by sulfate depletion or reaction removal of calcium and/or
sulfate content of the seawater make-up. Most recent promising approach
was addressed last couple of years in international and regional conferences
and is expected to be addressed in this conference. In the recent work,
membrane nanofiltration has been successfully used in almost total sulfate
depletion [5-7].

Saline Water Conversion Corporation ( SWCC) has been actively involved
in the inhibition of scale formation in order to improve the performance of
its distillers. A direct comparison on the performance characteristics and
economics of a number of additives tested on the MSF distillers of Al-
Jubail phase I has been reported [8,9]. SWCC also conducted optimization
of scale control additive dose levels at different top brine temperatures in
Al-Khobar II and Al-Jubail II desalination plants[10]. Moreover, the
performances of polymaleic acid (PMA) and polyphosphonate (PPN)
antiscalants at Al-Jubail phase II desalination plant were verified[11].
Gained operational experiences on Al Khobar Phase II plant with only one
acid cleaning during the period 1982-1992 was presented in detail by Al-
Sofi, et al.,[12].

BASIC APPROACH

This paper reports the results of the evaluation tests of scale control
additives performed by Al-Jubail Research and Development Center during
the last three years. Testing of scale inhibitors characteristics and
effectiveness has been carried out at three levels: laboratory, pilot plant
and finally testing on commercial plants. At the laboratory level the
threshold effect of different antiscalants was first tested on a bench scale
equipment. At the pilot plant level the effectiveness of polymaleic and
polycarboxylic acids was tested [13]. The MSF pilot plant is of 20 ton per
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day capacity and its schematic diagram is shown in Figure 1. It consists of
a brine heater, four heat recovery and two heat rejection stages. The plant
is also equipped with external deaerator as well as decarbonator (for TBT
of 120 °C acid operation) and on-line ball cleaning facilities. At the
commercial levels, tests were conducted in Jeddah III and IV also Al-
Jubail II to evaluate the performance of polycarboxylic acid, polymaleic
acid and polyphosphonate as scale control additives. Design characteristics
and parameters of tests carried out in these commercial plants are
summarized in Table 1.

Table 1: Design Characteristics and Test Parameters
of the Commercial Plants

S. |Design & Test Parameters | Jeddah IV Jeddah IV |Jeddah I11| Jubail II
No. Unit19 | Unit15 | Unit10 | Unit8
1 |Top brine temperature - 110 110 108 105
2 |Concentration ratio (RB) 14 1.3-1.32 14 1.4
3 !Antiscalant dose rate, ppm 1.8 2 3 1.5
4 |Ball cleaning , times/week 2 2 14 21
5 |No. of ball cycles/ per shift 9 9 3 10
6 Ball to tube ratio 04 04 0.75 0.3
7 |Production, MIGD 5 5 5 5.75
8 |Number of stages 24 24 16 22
9 |Gain output ratio (GOR) 7 7 7 9.0
10 |Flash range, °C 72 72 70 69

11 |Design fouling factor ’
BH (m?K/kW) 0.395 0.395 0.325 0.2
HRS (m?K/kW) 0.176 0.176 0.178 0.15

RB = Recycle Brine, BH = Brine Heater, HRS = Heat Rejection Section

RESULTS AND DISCUSSION
LABORATORY TESTS

Antiscalants have two principal effects: threshold and crystal distortion.
Threshold effect is responsible for preventing scale initiation and inhibiting
or slowing down the deposition of soft scale consisting mainly of calcium
carbonate and magnesium hydroxide. Crystal distortion effect is responsible
for suppressing the adhering ability of scale. Antiscalant addition results
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in the distortion of scale crystals into spheroid structures which have less
contact surface than a flat shaped untreated scale crystal hence less
adherence ability to metals. Spheroid shaped particles tend to rotate around -
their own axis while moving with the liquid stream along pipe axis. This
combined, i.e., revolution as well as traversial motion results in a radial
force that causes the particle to migrate towards the pipe center leaving
particles free pipe wall.

The threshold characteristics of three different antiscalants were examined.
These were a modified blend of polyphosphonates (PPN-M), polymeric
maleic acid (PMA) and polymeric carboxylic acid (PCA). The method of
confirming the threshold effect was performed through the addition of a
certain quantity of inhibitor in a supersaturated brine solution. The ability
of the scale inhibitor to prevent the deposition of scale was checked by
observing the change of M-alkalinity with time. The threshold effect of
the three examined antiscalants was carried out in laboratory at a constant
2 ppm dosing rate and at two different temperatures of 95 and 110°C. The
change of M-alkalinity as CaCO; (ppm) with time in minutes is shown in
Figures 2 and 3. Both figures show that the alkalinity of the supersaturated
solution with no scale inhibitor (blank), which can be considered as a
reference state, decreased rapidly with time. At 10 minutes time the
alkalinity dropped to 140 ppm at 95 °C and 80 ppm at 110 °C.

Figures 2 and 3 also reveal that all scale inhibitors have the ability to
prevent the deposition of scale when they contact supersaturated brine
solution but their effects decrease with the increase in retention time.
Modified polyphosphonate and polymaleic acid were found to exhibit the
highest threshold effect compared to polycarboxylic acid especially at
conditions of 95 °C with a retention time boundary of 20 minutes and
110°C with retention time boundary of 10 minutes. All scale inhibitors
lost their threshold effect within 30 minutes at 90 °C and 15 minutes at
110 °C under the above laboratory conditions.

PILOT PLANT TESTS

Two different antiscalants PCA and PMA were tested on the RDC MSF
pilot plant. Tests were conducted with TBT range of 110-112 °C,
concentration ratio of 1.38 -1.4, antiscalant dose rate of 2 ppm and cyclic
ball cleaning. The increase of fouling factor in the brine heater with time
was calculated to demonstrate the thermal effectiveness of antiscalants.
Figure 4 shows the time dependence of the fouling factors. It shows that
both antiscalants are quite effective in their performance and maintaining
fouling factors well below the design values. Small variance is seen where
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the slope of PCA line is slightly less than that of PMA and where PMA
starts at a lower value than PCA, yet after 700 hours they are almost the
same. Results of visual inspection conducted before and after these tests
revealed that there was a very thin layer of soft sludge on the tubes. The
increase of the fouling factor in the brine heater (Rp), m2 K/kW) with time
(t, hours) is quantified. Using a regression analysis the following linear
relationships are obtained assuming that the rate of fouling remains
constant.

For Polycarboxylic acid, Rp=0.00002t+0.0349 ..........c.oel D
For Polymaleic acid Rp=0.00004t+0.0217 ...ccoooenrrrenne. (2)

The linearity of fouling factor with time indicates that the rate of increase
in fouling factor is very small which is reflected in the low values of the
time coefficients. Assuming the linear behavior of fouling factor, the
allowable periods required for the fouling factor to reach design value and
before acid cléaning becomes necessary, are 375 and 483 days for
polycarboxylic and polymaleic acids, respectively. Based on the experience
especially those reported in reference [12] such periods are found to be
very short. This could be attributed to the fact that the rate of change in
fouling was only linear during those limited duration tests. However, for
longer operating periods the asymptotic fouling model could be better
representative to the behavior of fouling curve [14]. Moreover, in view of
cyclic ball cleaning this asymptotic behavior is expected to follow the
saw-tooth trend.

Two additional runs were conducted in the MSF pilot plant distiller
operating with a once-through mode rather than the conventional
recirculation mode to briefly show the effect of total concentration and
alkaline scale forming ions content on heat transfer performance. Figure 5
shows how far polyphosphonate dose rate can be reduced when only
seawater of 128 ppm alkalinity is used to flow through the brine heateri.e.
once through operation. In this test antiscalant dose rate was reduced down
to as low as 0.5 ppm at an elevated TBT of 115°C. Although the quantity
of seawater which has to be pretreated in the once-through mode of
operation is 2.6 times that of the recycle mode, the required quantity of
antiscalant has been reduced down by a factor of two. In essence, the
pretreatment cost is halved.

COMMERCIAL PLANT TESTS

Tests were conducted in Jeddah III and IV and Al-Jubail II to evaluate the
performance of polycarboxylic and polymaleic acids and polyphosphonate
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as antiscalant agents. In these tests pre, interim and post trial visual
inspections were conducted as frequent as was deemed essential and as
production: schedules could have allowed. During each test relevant flow
rates, temperatures and pressures were monitored. Calculations were then
made to determine the heat transfer characteristics induced by each
examined antiscalant. Design characteristics and test parameters of the
four tested commercial units are summarized in Table 1.

Results of the performance evaluation of polycarboxylic acid at Jeddah IV
unit 15 commercial plant are shown in Figure 6. The fouling factors of
both the brine heater and heat recovery section are well below the design
values which indicates that the distiller was working satisfactorily.
Analytical results of pH values, M-alkalinity, turbidity, chlorine and total
dissolved solid indicate that the unit was working smoothly with no
abnormal behavior. Analysis for residual antiscalant in the samples taken
before flashing shows that the antiscalant was active throughout the brine
recycle passage. The assumed linear regression analysis reveals that the
allowable operating periods for the brine heater and heat recovery sections,
before acid cleaning becomes essential are 403 (compared to 375 days in
the pilot test) and 867 days, respectively, while dosing 2.0 ppm of PCA at
a TBT of 110°C.

Results of the performance of polymaleic acid at Jeddah IV unit 19
commercial plant are shown in Figure 7. Trends of fouling factors in heat
recovery and heat input. (i.e., the brine heater) sections show an increase
with time but remain below their respective design fouling factors. The
rates of increase of fouling factor for this unit (as well as unit 15 discussed
in the above paragraph) are very low indicating minimum depositions inside
the brine heater and heat recovery tubes. These findings are supported by
the interim and post trial inspections of brine heater and the first three
stages of the recovery section which show that tubes were in good clean
condition. These results are found to support the validity of the asymptotic
behavior of scale buildup. Post inspection at the end of this trial run showed
that demister fouling in the first stage had blocked all the pads. In the next
two stages, demisters were less fouled compared to the first stage and the
scale was also soft. These results are found to support the proposed
asymptotic growth behavior in Jeddah tests.

Results of performance of polyphosphonate at Jeddah III unit 10
commercial plant are shown in Figure 8. The fouling factor of heat recovery
section remained at almost a constant value during the whole period of the
test which indicates negligible deterioration in its thermal performance.
This was confirmed by the visual inspection which revealed that only a
very thin layer of scale had been deposited in the first stage and a dusting
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of scale inside the tubes of the second stage was apparent. The GOR
remained virtually unchanged throughout the trial period. The fouling factor
of the brine heater was increased from 0.05 to 0.1 m2K/kW during 2100
hours which was well below the design value of 0.325 m2K/kW. Post trial
" visual inspection of the brine heater revealed that there was no evidence
of excessive sludge and only a thin layer of scale was observed on the
tubes inner surfaces. The demister pads in the first three stages showed
some depositions, similar in degree to that experienced under normal
operation. The assumed linear regression analysis predicts that it will take
4.37 and 3.2 years for the fouling factors of the brine heater and heat
recovery sections to reach the design fouling factors at a dose rate of
3 ppm and a TBT of 108°C.

Evaluation tests were performed in Al-Jubail II to demonstrate the
effectiveness of polycarboxylic acid at a TBT of 105 °C. The test results
are depicted in Figure 9 which shows slight increase of fouling factor with
time. The distiller was also inspected before and after test trial. The post
trial inspection revealed that no sludge was found in tubes of brine heater
and heat recovery section. The demister pads were found in good and clean
condition. Thus both the calculated test results and visual inspection
confirmed that the tested antiscalant is highly effective in controlling scale
formation and its deposition thereafter. The linear regression analysis
revealed that it will take 415 days for the fouling factor of the brine heater
to-reach the design value.

CONCLUSIONS

1. Literature search revealed that one of SWCC’s main achievements
in controlling alkaline scale formation in commercial MSF distillers
was successful operation at low antiscalant dose rates.

2, The threshold laboratory tests revealed that modified
polyphosphonate and polymaleic acid inhibitors are having higher
threshold effects compared to polycarboxylic acid. All scale
inhibitors lost their threshold effectiveness within 30 minutes at 90°C
and 15 minutes at 110°C during laboratory testing.

3. MSF pilot plant distiller tests revealed that the rate of rise in fouling
factors for PCA & PMA are quite comparable. Another test in this
pilot plant indicated the effect of concentration of total and alkaline
scale forming ions, in allowing operation at drastically reduced
antiscalant dose rate and increased TBT of 115°C. Last test conducted
in the pilot plant revealed the effect of alkaline scale forming ions
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of bicarbonate origin through reaction with acid, in allowing
operation at a reduced brine recycle flow rate hence lowered tube
velocity through the brine heater from 2.34 meters per second down
to 1.8 meters per second at TBT of 110°C (as shown in Figure 5).

Evaluation tests on polyphosphonate, also polymaleic and
polycarboxylate polymers performed in Jeddah and polycarboxylate
polymer in Al-Jubail desalination plant showed that these antiscalants
are very effective and successful in controlling scale formation at a
TBT range of 105 and 110°C and with dose rate in the range of 1.5
and 3.0 ppm. The fouling factors of brine heater and heat recovery
section suppressed by the three antiscalants were always well below
the design values. The linear regression analyses of the tests results
reveal that the allowable operating periods for the brine heater and
heat recovery sections before acid cleaning is required, are generally
more than a year. These findings were confirmed by post trial visual
inspection which revealed in all cases that brine heater and heat
recovery tubes were normally maintained in clean conditions.

REFERENCES

[1]

(2]

(3]

(4]

(3]

Shams El Din, A.M., and R.A. Mohammed, 1994, “Brine and scale
chemistry in MSF distillers”. Desalination, 99, pp. 73-111.

Finan, M.A., S. Smith, C.K. Evans, and J.W.H. Muir, 1989, “Belgard
EV-15 year’s experience in scale control”. Proceedings of the fourth
world congress on desalination and water reuse, pp. 341-357.

Al-Sofi, M.A., S. Khalaf, and A. Al-Omran, 1989, “Practical
experience in scale control”. Desalination, 73, pp. 313-325.

Nada, N., 1986, “Comparison of cost of three MSF desalination plants
using different chemical treatment”. Topics in Desalination (No. 20),
SWCC, pp. 36-55.

Hassan, A. M., M. AK. Al-Sofi, A. Al-Amoudi, A. T. M. Jamaluddin,
N. K. Mohammad, G. M. Mustafa, and I. Al-Tisan, 1997, “A new
approach to membrane and thermal seawater desalination using
nanofiltration membranes”. Presented at IDA of the international
conference, Madrid, Spain.

687



(6]

[7]

[8]

(9]

[10]

[11]

[12]

[13]

[14]

Hassan, A. M., M. AK. Al-Sofi, A. Al-Amoudi, A. T. M. Jamaluddin,
N. K. Mohammad, G. M. Mustafa, and I. Al-Tisan, Part 1 & 2, May-
June & Aug.-Sept. 1998, “A new approach to membrane and thermal
seawater desalination using nanofiltration membranes”. Desalination
& Water Reuse, Vol. 8/1&2, pp. 53-59.

Al-Sofi, M. AK., G. M. Mustafa, A. M. Hassan, A. G. I. Dalvi, and
M. N. M. Kither, 1998, “Nanofiltration products (NFP) or NF-
SWRO,¢ject NF-ROR as make up to MSF”. Membrane conference,
Amsterdam, Holland.

Al-Mudaiheem, A. M. A., and Szostack, R.M., “Evaluation of
chemical additives for scale control in MSF evaporators”. Topics in
Desalination (No. 8), SWCC, 1986.

Nada, N., 1986, “Evaluation of various additives at Al-Jubail Phase
I during reliability trials”. Topics in Desalination (No. 13), SWCC.

Al-Sofi, M. AK., M. A. Al-Hussain, and S. Al-Zahrani, 1987,
“Additive scale control optimization and operation modes”.
Desalination, 66 pp. 11-32.

Al-Zahrani, S., A. M. Al-Ajlan, and A. M. Al-Jardan, 1993, “Using
different types of antiscalants at the Al-Jubail power and desalination
plant in Saudi Arabia”.- Proceedings of IDA and WRPC World
Conference on desalination and water treatment, Yokohama, Japan,.
1, pp. 421-431.

Al-Sofi, M.AK., M. A. Al-Hussain, A. A. Al-Omran.,and K. M,
Farran, 1994, “A full decade of operating experience on Al-Khobar
II multistage flash (MSF) evaporators (1982-1992)”.
Desalination,.96 pp. 313-323.

Al-Sofi, M. AK., E. F. El-Sayed, M. Imam, G. M. Mustafa, T.
Hamada, Y. Tanaka, S. Haseba, and T. Goto, 1995, “Heat transfer
measurements as a criterion for performance evaluation of scale
inhibitor in MSF plants”. Seventh IDA international conferences,
UAE.

Malik, A., and F. A. Aleem, 1994, “Scale formation and fouling

problems and their predicted reflection on the performance of
desalination plants in Saudi Arabia”. Desalination, 96, pp. 409-419.

688



.
!
\

ﬁ REJECT SEA WATER

'
RECYCLE BRINE )

STEAM TO BRINE HEATER

TOrJECTOR CONDENCER _@_
* f

(W] '
Hé SEAWATER UPPLY}H- .
v
Tz i
= o j—
AR CHEMICAL INJECTION
HEAT RECOVERY STAGES HEAT REJECT SECT[ON N
LR
' DEAERATOR ,
} ____________ '
MAXEUP PUMA
CONDENSATE . ::
BLOWDOWN FLASF TANH

BRINE RECIRCULATION PUMP | - - - ~ ]—@ )
________________ '

___________

DISTILLATE PUMP

Figure 1. Schematic Diagram of the Pilot MSF Plant

- —e— Blank

—e— PPN(M)
—o— PCS
—o—PMA

N

[en]

o
I

M-Alkalinity as CaCO; (PPM)

1 OO I | 1 ? )
5 10 15 20 25 30 35 40

Time in Minutes

Figure 2. Laboratory Test of Various Antiscalants for their
Threshold Effect at 95°C & 2 ppm Concentration

689



450

—e— Blank
350

—e—PPN(M)
250 | ——PCS

—a—PMA

i

M-Alkalinity as CaCO; (PPM)

. : 3 —
|

1 1 1 1 1 1

10 15 20 25 30 35 40

an
o
n

Time in Minutes

Figure 3. Laboratory Test of Various Antiscalants
for their Threshold Effect at 110°C & 2 ppm Concentration

o 0.25
8 e« FPCA o PVA
P — - =Linear (PCA) Linear (PMA)
T 0.2
o
£
=

0.15 4
= 3
T ¥
S 0.1 4
g E :
w 0. y = 2F-05x + Q.034Y .
o 0.05_,_, _A.~°A.........,... ... S -._._., .
[ - homn. = w— . -Q-.' =] - ° [ )
= . O 0 y=%P05x+ 0.0217
I.lo. 0 e ¢ e B T T Y T . T

0 100 200 300 400 500 600 700

Time in Hours

Figure 4. Pilot Plant Tests of Polycarboxylic &
Polymaleic Acids at 112 °C and 2 ppm

690



Fouling Factor, mZ.KIkW

Fouling Factor, nfK/IkW

0.50
—eo— Polyphosphonate dose rate = 0.5, TBT = 115C,

0.40 4--.. Makeup flow rate = 6.45 cu. m/hr.

' —e— Alkalinity depletion by acid (BR pH = 6.4), TBT=110C,

Makeup flow rate = 4.8 cu. m/hr.
[0 I
0,20 ettt
1
W\o—o
0100 T g RO
-0.10 } } t }
0 20 40 60 80 100
Test Duration in Hours
Figure 5. Once-Through Operation in Pilot Plant
0.50
| oFFBH o FF-HRS |
040 Rd (BH) = 0.395
it i —(}1=1E=05)<"+'0.2983 """"""" 6—&'5_;5;_@
0g O o 0, o]
p Od% e} ofve‘._.‘..u.‘ o © Q Q

0 500 1000 1500 2000 2500 3000

Test Duration in Hours

Figure 6. Test of Polycarboxylic Acid in
Jeddah IV Unit # 15 at 110 °C and 2.0 ppm

691



Fouling Factor,
m*.KIkW

3500

0 500 1000 1500 2000 2500 3000 4000
Test Duration in Hours
Figure 7.Test of Polymaleic Acid in
Jeddah IV Unit # 19 at 110 oC and 1.8 ppm
0.50 0.20
o FF-BH » FF-HRS
040+ - - - R - — -+ 0.15
030 f o g0 0 o0y 65*’5"*00"5“ . S A t 1010

Brine Heater Fouling
Factor, m?.K/kW

Test Duration in Hours

Figure 8. Test of Polyphosphonate in
Jeddah I Unit # 10 at 108 °C and 3 ppm

2 025 0.50
3
3 0204 oo wewo---| OFFBH CFEHRS 11040
E_ 015 40 - -YTTE06x+0.98Q2%R0 om0 . ___ 9-90 o0 %00 - 1030
) ,Q UU»D % O o] qbv %° o Ov0 Vv v%
S o0 R e oLl °
S 00y e vt T yE4E@6XF 01883 L T
o . -y v . . e e . .
e 005+4------- R e - 0.10
]
Ig 0.00 ; t t ; t 0.00
0 500 1000 1500 2000 2500

Test Duration in Hours

Figure 9. Test of Polycarboxylic Acid in
Al-Jubail II Unit # 8 at 105 °C and 1.5 ppm

692



A Small Size MSF Model for Field
Experimentation with Ratio of Dimensions
Based on Number of Tubes

Salah A. Abunayib



A SMALL SIZE MSF MODEL FOR FIELD
EXPERIMENTATION WITH RATIO OF DIMENSIONS
BASED ON NUMBER OF TUBES

Salah A. Abunayib

Sogex Oman

Ghubrah Power & Desalination Station
Sultanate of Oman

ABSTRACT

This paper presents an idea of designing a small size MSF model. The
ratio of dimensions is based on the ratio of number of tubes of the model
to that of the main plant. The tubes of the model are of the same diameter,
thickness and length as the main plant. For better aspect, each stage tube
is bent or cut into a reasonable number of pieces, which are connected in
series. The pressure & temperature differences across any one tube are the
same like the main plant. Hence the model tubes have the same flow pattern
and heat transfer rate as the main plant. The dimensions of the flash
chamber, distillate tray and distillate trough are based on the same ratio of
number of tubes. By connecting this model to main plant, many variables
can be studied without interrupting the production or quality of production
of the main plant.
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INTRODUCTION

During the second and third Gulf Water Conferences and the IDA World
Congress held in Abu Dhabi, one has seen a considerable number of studies
based on practical experience with MSF desalination technology.
Unfortunately most of these studies were only observations which were
not necessarily concluding with solutions to the problems faced in field of
practice. This, of course, is mainly because in practice the plants are for
commercial production of water and not for study. Even in cases when
courageous modification decisions were taken to improve performance,
the observations were taking long time. Also the results in most cases can
not be generalized to suit other plants. In practice a plant can have its
unique problems which can be inherent or due to particular local operating
conditions which may not be same for some other plant.

The following is an idea of designing a small size model with relative
dimensions based on the ratio of number of tubes in the model to that in
the full size (or main) plant. The model is of one or a small number of
tubes/stage with full tube length cut (or bent) into a reasonable number of
pieces connected in series and with full tube diameter and full thickness.
This model can be connected to the main plant to help study different
parameters without interrupting the production or the quality of production.

THE RATIO OF NUMBER OF TUBES.

Normally MSF desalination plants have a large number of tubes. At
Ghubrah, Sultanate of Oman, the long tube type unit has 9000 tubes in the
brine heater and 10072-tubes/ stage in the heat recovery and heat rejection
sections. The other five cross-tube type units have each 2044 tube in the
brine heater, 2044 tubes/ stage in the heat recovery section and 2398 to
2404 tubes/ stage in the heat rejection section. Practically speaking, the
flow through any stage is equally divided among the tubes with the pressure
and temperature differences across any one tube are the same as for the
total flow through the stage. In other words any one tube can be thought of
as a flow stream tube with similar flow pattern, velocity, heat transfer rate
and same fluid with same concentration is flowing through like in all other
tubes. Now if we think of a model plant with one or a small number of
tubes/ stage and with the same overall pressure and temperature differences
as the main plant and with the same brine concentration, it is then expected
that the model plant will behave similar to the main plant.

This requires that the number of tubes in the model is a whole number. But
main plant may not have the same number of tubes in the brine heater,
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heat rejection and heat recovery sections. The heat recovery section,
however, has the biggest number of stages and the highest temperature
elevation with the problems of scaling, corrosion and fouling and the
required chemical treatments mainly taking place in it. The heat recovery
section is hence taken as the reference for the ratio. The ratio (r) of the
number of tubes of the model heat recovery section to that of the main is
taken as the ratio for the physical dimensions of the model. If in the main
plant the number of tubes in the brine heater or heat rejection is different
from the heat recovery section, the resulting respective number of tubes in
the model will be a whole number plus a fraction of a tube. The fraction of
a tube is a full-length tube with a flow area ratio equal to the fraction. It is
difficult to maintain conditions in a fractional tube close to actual. This is
because while the ratio of area of flow is equal to the fraction, the ratio of
surface area is equal to the square root of the fraction. Also, in a fractional
tube the flow pattern will be different from the actual. It is, hence, important
to decide the number of tubes for the model heat recovery section carefully
so that the resulting fraction in other sections, if any, will be as close to
unity as possible.

A FIVE- TUBES MODEL.
Let us consider a 5-tube model for the 6 MGPD cross-tube type MSF plants
of Ghubrah. Table No. 1 shows the tube details of Ghubrah plants

Ref.[1,2,3,4].

Table No.I : Tubes in Ghubrah Desalination Plants No. 2 to 6

Plant Section Number | Number|Outside Thi‘cknessl Effective
No. of of Diam. | (mm) |tube length
stages tubes/stage| (mm) (mm)

2,3 | Brine Heater 1 2044 35 1.2 17400

& 4 |Heat Recovery 13 2044 35 1.2 15446
Heat Rejection 3 2398 | 31.75 1.2 - 15446

5 & 6} Brine Heater 1 2044 35 1.2 17400
Heat Recovery 13 2044 35 1.2 15350
Heat Rejection 3 2404 | 31.75 1.2 15350

Now if we consider a model with five tubes in the heat recovery section
and with reference to above table then: -
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The ratio of number of tubes =r=25:2044

The number of tubes in the model

brine heater = 2044 (5/2044) = 5 tubes.
* The number of tubes in the model

heat rejection Section for plants

No.2,3& 4 = 2398 (5/2044) = 5.86 tubes.
* The number of tubes in the model

heat rejection Section for plants ‘

No.5&6 = 2404 (5/2044) = 5.88 tubes.

The fraction is 0.86 for No. 2,3 & 4 plants and 0.88 for No. 5 & 6 plants,
which in both cases can be approximated to a full tube. Hence, the model
heat rejection will be of six tubes. Anyway seawater flow can be adjusted
within the flow ratio (r).

STAGE DIMENSIONS:

Using the above ratio (r = 5: 2044), the stage dimensions for the model
plant can be worked out as follows: -

* First let: -
* X = The geometrical dimensions in the direction perpendicular to
the flow of the flashing brine in the main plant .
* Y = the geometrical dimensions in the direction parallel to the flow
of flashing brine
e Z = The height dimensions.

First consider the lower part of the stage (below the demisters). This is the
part in which the flashing brine is flowing. In order for the relative amount
of vapor to be flashed and for the temperature to drop the same amount as
actual, the residence time must be same. The residence time is a function
of the specific brine flow per width and of the geometry of the stage, namely
the length Ref.[5]. Taking this into consideration the flow of the flashing
brine in the model stage is best thought of as a slice of the main stage flow
cut with a width of (r X) and running the full-length (Y). But this will be
too narrow and too long a slice that may restrict the flow and result in loss
of equilibrium. To overcome this the slice can be cut into a reasonable
number of strips (Fig. 1a) as follows: -

Area of the slice =rXY

Take number of strips =5
Then: -

Modified length =Y/5

Hence modified width =5 r X
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For the reduced length (Y/5), the brine specific flow per width is also
reduced as the width is increased by five times. The specific flow is namely
reduced from 779661-kg./hr. m. (which is the main plant flow) to 155932
kg./hr.m. for a model stage length ranges from 0.53 to 0.76m. This is still
within the range for low output plants in practice Ref.[5]. The orifice
opening will also be modified (Fig. 1b) so that its area is the same. The
orifice opening can be made adjustable for further practical adjustments.
The weir dimensions and position to be decided practically in order to
maintain level of brine close to actual.

Now for the relative volume of this part of the stage to be of the same ratio
(r) the height must be kept full, since the area is already of ratio ». In other
words the height of the demisters above the surface of the brine will be
same like actual. This is in fact required, as for similar conditions the
carry over will be similar.

Same like stage bottom area, the area of demisters in each stage will be of
ratio r and the thickness will be full.

Elevation, as mentioned earlier, will be full with some allowance for
required adjustments depending on the practically resulting brine depth.
The demisters are shifted to the middle of the stage (Fig. 1c) for better
overall arrangement of the model.

For the upper part of the stage the relative volume is of the same ratio
and the relative heat transfer surface is that of the full length and diameter
tubes of the model stage. This part is composed of two spaces. One is the
space above the demisters with its area equal to demister area and height
1s full. The other space is the tube bundle and the distillate-tray space. For
this latter space to be of reasonable tube length let us cut (or bend) each
tube into a reasonable number of equal pieces (say 5 pieces).
Then: -
Model tube length = (full tube length)/5
Volume of bundle space = r (full tube length) (full space cross
sectional area)
= 5r [(full length)/5] (full area)
Model bundle X-sectional area = (volume)/ (Model tube length)
=5r (full area)
Hence the ratio of areas =5r

The square root of the area ratio V (5t) is used to get the relative dimensions
¢ & d in Fig 2a

Keeping the same relative volume and allowing some distance above
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demisters for any required height adjustments, the space above the
demisters is modified to match the bundle as shown in Fig. 2b. To minimize
the overall size of the model, the tubes are placed parallel to the direction
of brine flow in the flash chamber. View of the complete model stage with
interconnecting headers is shown in Fig.3.

The distillate trough will run outside the stages connecting the distillate
trays (Fig.3) The square root of the ratio r will be used for the relative
dimensions of the cross-sectional area and for the opening that connects
the distillate tray to the trough. The dimensions of the orifice openings in
the trough will also have the same ratio (Y 7).

BRINE HEATER

Same as for the stages, each tube of the brine heater will be cut (or bent)
into 5 equal pieces. This results in a cross-sectional area ratio of (5r)
then:- '

Diam. of the Brine Heater Shell = (Full diam.) \/(5 r)

The hot well can be treated in same manner. The height will be 1/5 of the
full and the diam, is V (5¢) times the full diameter. :

VENTING SYSTEM

If the ratio r is used for the vent openings & vent lines then the lines will
be of too small diameter. Reasonable diam. can be used with throttling
valves on each line from each stage and these valves to be adjusted during
initial running of the model plant till close to actual stage conditions are
attained. All stage vents connect via the throttling valves to one header
that connects to the highest vacuum point in the main plant (Fig 4).

BRINE RECIRCULATION

For the ratio used the brine recirculation flow will be around 28 m3/hr.
only but the pressure must be same like main plant. A small pump can be
selected to satisfy this requirement. Otherwise brine can be taken from the
main plant brine recirculation pump discharge as shown in Fig. 5. The
point of connection is just at the discharge of the pump, which ensures
enough pressure, and it is also upstream to the chemical dosing and the
ball cleaning injection points. This is required as chemicals, chemicals
dosing rates and ball cleaning are some of the main experimental variables.
A suitable connection is a T-joint on the discharge vent line. The ratio of
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diameter of this line (80mm.) to the main discharge line (1500mm.) is
slightly more than the square root of the ratio . The model brine
recirculation pump, if required, or the supply from the main plant are
connecting to a header fitted with pressure and temperature gauges & flow
meters to which each of the five model tubes is connected. At the outlet
from the brine heater again each tube connects to a common header and
then via a pressure control valve, the brine enters the first stage flash
chamber & flows through to the last stage. The model pump suction is
from last stage and blow down is from discharge of the pump via a valve
to control the level of the last stage. In case pump is not required then
connection from last stage should be made to the suction vent line
(80mm.diam) of the main pump and again this line to be provided with a
valve to control last stage level. In this latter case there is no separate
blow down line. The concentration is controlled via the same level control
valve.

SEA WATER AND MAKE -UP

Sea water supply pump is not required. Seawater will be taken from any
suitable drain or vent.connection on the sea water line between the
tempering point and inlet to the heat rejection section of the main plant.
Sea water supply line will be fitted with tapping for measuring the
temperature, pressure and flow. Each of the six model heat rejection tubes
connects to a common header and at outlet again the tubes will join on a
common header fitted with a flow control valve and tapping for measuring
temperature and pressure.

Make-up can be taken from the main plant before or after the anti-foam
dosing point to the deaerator of the model.

STAM AND CONDENSATE

The required amount of steam will be around 0.44 t/hr. The steam will be
taken from a suitable drain trap or vent on the LP steam supply to the main
brine heater. The line will be fitted with a flow control valve and tapping
for measuring the pressure, temperature and flow. The condensate connects
back to the suction of the main brine heater condensate pump via a line
fitted with level control valve. An optional flash vessel can be used to
dump the condensate.
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DISTILLATE

The product distillate (= 2.8 t/hr.) can be pumped out from the distillate
sump in the last stage via a pump with level control valve on the discharge
line and with tapping for flow and quality measurements. The product
distillate can be connected to the main production line or dumped to drain.

ON- LOAD TUBE CLEANING

On-load tube cleaning should be designed and operated carefully, as the
number of tubes is very limited. The injection of sponge rubber balls should
be one at a time and in only one tube. When the ball is caught in the outlet
of the brine heater then only the next ball in the same or a different tube
can be injected.

INSTRUMENTATION AND CONTROL

As the model plant is small it is possible to control the flow, levels, pressure
and temperature by manually adjusting the respective control valves. Any
way for measurements the instruments should be accurate and provision
for sample collection should also be possible. In order to allow comparative
tests each of the model tubes in each stage should be provided with tapping,
probes and pockets at inlet and outlet for measurement of temperature and
pressure. These tapping should be made so that the measuring equipment
can easily be fixed or removed so as to limit the number of measuring
equipment. It will not be necessary to always monitor all readings at all
points same time. The stages also should be provided with probes, tapping
and pockets for measurement of different parameters above and below the
demisters and at the distillate trays and troughs. Level gauge glasses and
inspection windows are also required.

MATERIALS

The tubes and demisters material will be same as in the main plant unless
it is required to test some different materials. For the body of the evaporator
and as the volume is small thin metal sheet (e.g. 3mm. painted M. S or SS)
can be used. Insulation material can be same as main material and its
thickness will also be same since the temperatures are same as for the
main plant. The piping, the headers and the impulse lines ¢an be SS.
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COST ESTIMATION

No actual cost survey is made in this study but a rough estimation of the
total cost is in the same ratio 5:2044 of the main plant cost. In this estimation
it is assumed that the cost of the evaporator is mainly tube cost.

CONCLUSION

Having five tubes and a full number of stages the model allows to carry
out different tests simultaneously or at different times. The following are
some possible examples of tests: -

*  Tubes of different materials, thickness or shape.

*  Different chemicals (scale or corrosion control chemicals).

*  Chemical dosing at different rates in different tubes.

Tests of different on-load tube cleaning cycle duration, frequencies or
different types of balls.

Different stage wall materials, claddings or paints.'

Demisters of different materials, configuration, and different heights.

A combination of the above tests can be carried out simultaneously at
different parts of the model. For example one can carry out tests on some
anti-scale chemical while another can carry out tests on demisters. It is
also possible to by-pass any number of stages if not required in the test by
changing the connection points between the model and the main plant.
Some stages can even be detached and connected to some other plant.
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ABSTRACT

A computer package is developed for design and rating of thermal
desalination processes. This is motivated by unavailability of such packages
in the literature or on a commercial scale. The package includes models
for various systems of the single effect evaporation (SEE), the multistage
flash (MSF), and the multi effect evaporation (MEE). The MSF systems
include brine circulation, brine mixing, once through, and thermal vapor
compression. The MEE configurations include parallel and forward feed
systems. The SEE and MEE systems include the stand-alone and the vapor
compression units. Vapor compression systems include mechanical,
thermal, absorption, and adsorption heat pumps. All models are based on
well-developed set of material and energy balance equations as well as
correlations for evaluation of physical properties, heat transfer coefficient,
and thermodynamic losses. All mathematical models have been developed
and previously tested and validated by authors against available industrial
and literature data. All models generate the design and rating variables,
which have the strongest effect on the unit product cost. These include the
thermal performance ratio, heat transfer area, and cooling water flow rate.
The computer package includes startup menus and windows for design,
rating, flow charting, performance calculations, and graphing of
performance curves. The package allows for parameter selection, opening,
saving, and printing of data files, printing of forms, and selection of graph
parameters. In addition, the package performs checks on parameter range
before performing in calculations. Also, all modules have error handlers
for overflow with warning for attempting to perform calculations outside
applicable ranges. The package can be used in undergraduate and graduate
courses, in training programs, and in research. Also, it will be proved to
be a great tool for practicing engineers and other desalination staff.

KEYWORDS: Simulation package, seawater desalination, thermal
process, multiple and single effect evaporation,
multistage flash, vapor compression.
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INTRODUCTION

Desalination is a highly specialized industrial field. The process involves
separation of the intake seawater or brackish water into two streams of
nearly salt-free fresh water and a brine stream with high salt concentration.
The separation can be thermally based or performed by membrane
separation. Figure 1 shows various types of thermal and membrane
separation processes. As is shown, the thermal processes are based on
evaporation, flashing, or freezing. Steam heating or the solar energy can
be used to derive evaporation processes. In the heating processes, fresh
water vapor is boiled or flashed (free boiling) of the brine stream. While,
in the freezing process, heat is removed from the seawater and ice crystals
of fresh water are formed in the brine solution. The membrane-based
processes involve use of a selective barrier to separate fresh water and
brine. In reverse osmosis, fresh water is pressurized through membrane
leaving behind a brine solution with high salt concentration. The opposite
form of separation is performed in electro-dialysis, where the salt ions are
transported across the membrane under the influence of external electric
charge.

Desalination Processes

Membrane Thermal

Once Through

MEE-ADVC [+—— || Single Effect
Evaporation

MEE-ABVC

ADVC

ABVC

[~ Freezing

Figure 1: Thermal and membrane desalination processes
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On a global scale, the desalination industry has not reached its full
production capacity or the asymptotic value. Silver, 1988, assumed that
the industry asymptotic production capacity is being approached with a
value of 15x10% m3/d. However, 10 years later the volume of the
desalination industry is more than 22.8x109 m3/d in 1997, Wangnick, 1998.
The following facts can be attributed to this continuous increase in the
desalination industry:

— The desalination industry has not yet reached its full potential in a large
number of countries.

— In large producing countries, which includes the Gulf States, the
desalination industry remains to expand as a result of increase in
population, societal progress, and expansion in the agriculture and
industrial sectors.

— In industrial states, limited resources of fresh water and continuous
decrease in the desalination unit production cost made the desalination
option highly attractive as a source of fresh water for selective industries
and communities.

— Even in countries with limited financial resources, adoption of various
desalination technologies is becoming a must to secure a clean and
sustainable source of fresh water to the population. For many countries
in this category, desalination is becoming the only viable and practical.

An essential part in desalination research is the development of
mathematical models capable of accurate prediction of the design, rating,
optimization, and operating performance of the process. Since inception
of the desalination processes on a commercial scale, mathematical models
became an integral part of the process development. A good example on
such development can be found in modeling literature of the MSF process.
Mass and energy balance models of the MSF were developed and solved
to generate the necessary design data, which includes heat transfer areas,
temperature profiles, stream salinity, and flow rates. Review of the
developments in the MSF design and rating models include the following.
Silver, 1970, developed a simple model to express dependence of the MSF
performance ratio on the thermodynamic losses. El-Dessouky et al., 1985,
showed the effect of the thermodynamic losses on the system parameters
that affect its final cost, i.e., the performance ratio and the specific heat
transfer area. Detailed mathematical models, which are based on stage to
stage calculations and require computer iterative solution, are developed
by Omar, 1983 and Khan, 1986. A tri-diagonal matrix solution to improve
convergence of the computer iterative procedure and to reduce computation
time is developed by Helal et al, 1986. Husain, 1988, showed that fitting
of the model results to the plant data should take into consideration heat
losses in each stage, vapor leak, presence of non-condensable gases, and
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evaporation from the distillate trays. Darwish, 1991, performed thermal
analysis of the MSF system to arrive at quantitative assessment of the
effect of design and operating parameters on the system performance. El-
Dessouky et al, 1995, developed a model which takes into consideration
the effect of non-condensable gases, losses to the surroundings, dependence
of the thermophysical properties on stage properties. The model includes
detailed account for evaluation of the heat transfer coefficients in the brine
heater and the stage condensers. Results are found to compare favorably
against industrial data. A fixed-point iteration scheme is developed by El-
Dessouky and Bingulac, 1996, to simplify problem formulation and
computer coding. El-Dessouky et al., 1998 presented a step by step
mathematical development for the origin of the MSF process. The
development starts at evaluation of the performance of a single stage flash
unit and goes through evaluation of the once through, brine mixing, and
the conventional MSF systems.

Similar developments in system modeling and analysis can be found for
other thermal and membrane desalination processes, however,
developments are limited to improvements in-the physical model and
techniques for analytical or numerical solution. For the thermal desalination
processes, the computer packages were kept sealed inside consulting firms
and large manufacturing companies for design and rating of newly and
existing contracted units. This was dictated in part by competition among
the designer, consulting firms, and construction companies. As a result,
these are not available to many engineers in the field. Also, these packages
are not suitable for education and training purposes. As discussed above,
competition in the thermal desalination field is caused by the high capital
of these processes. In practice, large industries or central governments
order and operate most of the large desalination installations: The capital
cost for large-scale installations, above 6 mgd, for either technology is
well within $100x106. However, very small RO installations, which can
be used by individuals, small workshops, and laboratories, are quiet
common and their cost, although still relatively high (close to $5000), is
still affordable. This fact motivated several manufacturers of the RO
modules to develop computer packages for design and simulation of these
units. Of course each of these packages includes data base on the membrane
characteristics produced by the manufacturer (recovery, salt rejection,
module area, module size, operating temperature).

The following facts motivated development of the thermal desalination
computer package:

— The large increase in the size of the desalination industry.

— The large number of engineers involved in various process sectors
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(design, construction, operation, maintenance, management, etc.).

— The unavailability of integrated computer packages for thermal
desalination, which can be used by engineers and for education, research,
and training purposes. v

The following sections include main elements of the computer package

and a case study on the single effect mechanical vapor compression, or
MVC.

ELEMENTS OF THE COMPUTER PACKAGE

Computer packages are developed to perform general process flow sheet
calculations or a very specific system design. Development of a fully
integrated computer package should take into consideration the following:

— Availability of various systems and unit processes to construct or select
the desired flow diagram.

— Ability to select parameters for the calculations and various types of
graphs.

— Limiting the value of input parameters within specified ranges.

— Ability to move within the package various windows and displays to
adjust selections and parameter values.

— Availability of help and tutorial files.
— Capability to open, save, and print data files and graphs.

— Capabilities for various error handling.

Such features simplify the use of the computer package and allow for further
improvement in the package in future developments.

The thermal desalination package includes the following main elements,
Figure 2,

— Help files,
— Selection of the thermal desalination process,

— Choice of the calculation type (design, rating, flow chart, or
performance), and

— Selection of various types of output data.
The process selection feature includes three choices, which are the single

effect evaporation (SEE), the multiple effect evaporation (MEE), and the
multistage flash (MSF). Sub-selections are included for the SEE, MEE,
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and MSF selection. For the SEE, the sub-selections are:

— Single effect evaporation with no vapor compression (SEE),
- Single effect mechanical vapor compression (MVC),

— Single effect thermal vapor compression (TVC),

— . Single effect absorption vapor compression (ABVC), and

. — Single effect adsorption vapor compression (ADVC).

The MEE sub-selections are parallel and forward feed MEE. Each of these
selections has five sub-selections, which include the following:

— Multiple effect evaporation with no vapor compression (MEE),

~  Multiple effect thermal vapor compression (MEE-TVC),

— Multiple effect mechanical vapor compression (MEE-MVC),

— Multiple effect absorption vapor compression (MEE-ABVC), and
— Multiple effect adsorption vapor compression (MEE-ADVC).

The MSF process has five sub-selections, which include the following:
— Single stage flashing (SSF),

— Once through multi-stage flashing (MSF ;OT),

~ Brine mixing multi-stage flashing (MSF-M),

— Brine circulation with thermal vapor compression (MSF-TVC), and

— Brine circulation multi-stage flashing (MSF).

The selection of a specific process leads to choices for the calculation
type, which includes design, rating, process flow chart, and performance
calculations.

CASE STUDY FOR THE MVC DESALINATION PROCESS

To demonstrate various features of the computer package, the case of MVC
desalination process is considered in this section. The description of the
MVC system is given in Appendix A. Also, the mathematical model and
solution parameters used in the computer package are given appendices B
and C. Since its development in the late 60’s, Matz and Zimerman, 1985,
progress have been achieved in system design and operation. The specific
power consumption for early designs were as high as 18 kWh/m3, Matz
and Fisher, 1981. Development in the efficiency of the compressor and
evaporator driving force reduced the specific power consumption to lower
values between 6-8 kWh/m3. Earlier the single unit capacity with limited
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Figure 2: Elements of the Computer Package

to production rates below 500 m3/d. This drawback was met by adopting
the larger capacity multi effect vapor compression system with production
rates of 3000 m3/d, Lucas and Tabourier, 1985. Today, developments in
compressor cagacity allows for single unit operation with a production
rate of 5000 m>/d. Plant factor is high with averages of 90%, Veza, 1995.
The number of operating units is more 200, Zimerman, 1994, which operate
. in single or multi-effect modes. Unit production cost is below $0.46/m3,
Zimerman, 1994.

Modeling and performance evaluation of the MVC system can be found in
a number of studies by Darwish, 1988, Al-Juwayhel et al., 1997, Ettouney
and El-Dessouky, 1998, and Ettouney et al., 1998. The mathematical model
by Ettouney et al., 1998, used in the calculations of the MVC routine,
includes two additional features over the previous studies. These features
are 1) evaluation of the salt concentration of the rejected brine as a function
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of the calcium sulfate solubility and the rejected brine temperature and 2)
thermodynamic evaluation of the vapor superheating during compression.
Startup of the calculations shows the main title window, Figure 3. Selection
of MVC leads to its main display, which includes selections for design,

rating, process flow chart, and performance calculations. The design and
rating forms have a similar layout, where the input parameters are displayed
in a separate area from the output data. Also, each form has a menu for file
management and calculations. The file menu includes print commands and
an option to return to the main window of the MVC process. Selecting the
solve command results in loading and solution of the MVC model. Upon
completing the solve command, results are then shown in the output display
boxes for the heat transfer areas, flow rates, and temperatures, Fi igure 4,

The flow chart window performs calculations similar to the design window.
However results are displayed upon pressing each of the unit processes
shown on the diagram, Figure 5. Calculation parameters for the design
and process flow chart include: :

— The intake seawater temperature is limited to a range of 5-35 °C. The
lower limit corresponds to wintertime temperatures in cold climates
and the upper limit represents the summer time temperatures in
equatorial regions.

— The limit on the intake seawater salinity is 32,000-54,000 ppm, which
represents open oceans and the gulf seawater in the summer time,
respectively.,

— The brine boiling temperature is limited to a range of 50-120 °C,

—~ The temperature difference between condensate and boiling brine is
limited to a range of 1-4 °C.

— The product flow rate is not limited to a specific value. A value of
1 kg/s is used and is recommended, since all system design parameters
are proportional to the product flow rate, i.e., specific heat transfer,
specific power consumption, and flow rate of brine and intake seawater.

The window for the performance calculations include listings for the system
parameters, which include the intake seawater temperature, the intake
seawater salinity, the brine boiling temperature, and the temperature
difference of the condensate and boiling brine, Figure 6. Each of these
parameters has three input cells for the low limit, upper limit, and step. In
addition, each parameter has a check box, which upon marking result in
inclusion of the parameter in the performance calculations, where the
system characteristics are evaluated over the parameter range, i.e., between
the lower and upper limits at the specified step. Performance calculations

716



Figure 3: Package main form with menus for file,
process selection, process sub-selection, and help.
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Figure 4: MVC design display
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generates a sequence of graphs for the variations in the system parameters,
which includes the specific power consumption and the specific heat
transfer areas for the evaporator and feed preheaters.

CONCLUSIONS

A computer package is developed for design, rating, and evaluation of the
performance of various thermal desalinati